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Zusammenfassung

In Anbetracht des derzeitigen Klimawandels sind Anstrengungen zur Verringerung der Emission von Treibhaus-
gasen in die Atmosphäre erforderlich. Die nachhaltige Nutzung von Biomasse als Kohlenstoff- und Energieträger
eröffnet die Möglichkeit von kohlenstoffneutralen oder sogar kohlenstoffnegativen Technologien. Eine Techno-
logie, bei der Biomasse zur Erzeugung eines stickstofffreien, hochkalorischen Synthesegases genutzt werden
kann, für das keine energieintensive Luftzerlegunsanlage erforderlich ist, ist die Chemical Looping Vergasung
(CLG), die in letzter Zeit verstärktes Forschungsinteresse erfahren hat. Es wurde nachgewiesen, dass CLG
in extern beheizten Reaktoren im Labormaßstab kontinuierlich funktioniert. Für eine kommerzielle, wirt-
schaftlich rentable Anwendung des Verfahrens ist jedoch ein autothermer Betrieb erforderlich, der noch nicht
nachgewiesen wurde. Darüber hinaus gibt es kein Prozesssteuerungskonzept, das sich auf großtechnische
Reaktoren anwenden lässt.
In dieser Arbeit wird die CLG-Technologie auf den 1MWth-Maßstab hochskaliert und unter autothermen

Bedingungen untersucht. Mit Hilfe von Gleichgewichtsprozesssimulationen wird ein geeignetes Prozesssteue-
rungskonzept für den autothermen Betrieb auf der Grundlage eines substöchiometrischen Betriebs entwickelt.
Auf der Grundlage von Wärme- und Massenbilanzen für eine bestehende Pilotanlage wurden Modifikationen
entworfen und umgesetzt, um die Pilotanlage für CLG umzurüsten.
In dieser Arbeit werden Experimente beschrieben, die mit Industrieholzpellets, Kiefernforstrückständen

und Weizenstroh-Pellets als Biomasse-Einsatzstoff und Ilmenit als Sauerstoffträger durchgeführt wurden.
In der nicht optimierten Pilotanlage wurde ein Kaltgaswirkungsgrad von etwa 50% erreicht, was darauf
hinweist, dass in einer kommerziellen Anlage höhere Werte erreicht werden können, wenn die Wärmeverluste
minimiert werden. Die Kohlenstoffumwandlung lag bei über 90%, und es wird erwartet, dass dieser Wert
auf fast 100% ansteigt, wenn die Temperatur, die Verweilzeit und die Zykloneffizienz in einer kommerziellen
Anlage erhöht werden. Das Synthesegas hat eine sehr hohe Qualität mit geringen Methankonzentrationen im
Bereich von 7 vol.-% bis 10 vol.-% und einem gravimetrischen Teergehalt unter 1 g{Nm3, gemessen mittels
Teerprotokoll. Eine neue Methode zur Bestimmung der Feststoffzirkulation in einem dualen Wirbelschicht-
system unter Verwendung von Feststoffproben aus Kopplungselementen zur Berechnung des Feststoffflusses
wurde entwickelt und während der Experimente getestet. Die Feststoffzirkulation wurde mit 1.2 kg s´1MW´1

bis 4.3 kg s´1MW´1 mit einer Messunsicherheit von weniger als 20% bestimmt.
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Abstract

In light of the current climate change efforts to reduce the emission of greenhous gases (GHGs) to the
atmosphere are required. The sustainable utilization of biomass as carbon carrier and energy carrier opens up
the possibility of carbon neutral or even carbon negative technologies. One technology where biomass can be
utilized for the generation of a nitrogen free, high calorific syngas where no energy intensive air separation
unit (ASU) is required is the chemical looping gasification (CLG) which has lately seen increased research
interest. CLG has been demonstrated to work continuously within externally heated lab-scale reactors. In
order to be economically viable commercial application of the process requires autothermal operation, which
has not yet been demonstrated. Moreover, no process control concept applicable to large-scale reactors exists.
In this work, the CLG technology is upscaled to the 1MWth range and investigated under autothermal

conditions. Equilibrium process simulations are used to develop a suitable process control concept for
autothermal operation based on sub-stoichiometric air reactor (AR) operation. Based on heat and mass
balance for an existing pilot plant modifications were designed and implemented retrofitting the pilot plant
for CLG.
Experiments carried out with industrial wood pellets (IWP), pine forest residue (PFR), and wheat straw

pellets (WSP) as biomass feedstocks and ilmenite as oxygen carrier (OC) bed material are described in this
work. A cold gas efficiency of around 50% was achieved in the non-optimized pilot plant, indicating that
higher values can be reached in a commercial unit when minimizing heat losses. The carbon conversion was
above 90%, and this value is expected to increase to almost 100% when raising the temperature, residence
time, and cyclone efficiency in a commercial unit. The syngas has a very high quality with low methane
concentrations in the range of 7 vol.-% to 10 vol.-% and gravimetric tar content below 1 g{Nm3 measured via
tar protocol. A new method for the determination of the solid circulation in a dual fluidized bed system
utilizing solid samples from coupling elements to calculate the solids flux has been devised and was tested
during the experiments showing a solid circulation of 1.2 kg s´1MW´1 to 4.3 kg s´1MW´1 with measurement
uncertainty smaller than 20%.
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1 Introduction

In view of human activity being the main contributor to the current climate change, most governments signed
the Paris Agreement [1], which emphasizes the need for a drastic reduction of fossil carbon emissions to
the atmosphere. It articulates the immediate requirement to radically reduce the amount of emissions of
greenhous gases (GHGs) to the atmosphere which have increased dramatically with human industrial activity
since 1750 [2]. Although the necessity to reduce the amount of GHGs released to the atmosphere has been
internationally recognized with the Kyoto Protocol [3] since 1997, emissions are still increasing [2, 4, 5].
However, the rate of increase has slowed in the last decade [2, 5]. The main contributing factors of this
slowdown are the reduction of emissions in industrialized nations and the slowdown of economic growth
in China [2]. Nonetheless, the Intergovernmental Panel on Climate Change (IPCC) assessed the current
reduction rate and policy to be insufficient to limit global warming to 1.5 ˝C [5, pp.57], indicating the need of
increasing GHG emission reduction efforts.
Reduction of GHG emissions can be done through decreasing the amount of energy consumed or the

deployment of technologies which reduce the amount of GHG emissions per unit of energy produced. Although
the path of reducing consumption has been advocated since shortly after the Second World War (e.g. [6]),
humanity has increased its activities and average living standards ever since [7, 8]. Therefore, it is very
unlikely that consumption will fall in a world with a growing population and increasing wealth. Since reducing
energy consumption means significantly reducing production, it is clear that technological solutions must be
part of any transition to a sustainable future. In fact, currently modelled pathways to a sustainable 1.5 ˝C

future all involve reducing atmospheric GHG concentrations [5] by either technological or forestry means.
There is a technological aspect to reducing energy consumption in the form of increased efficiency at all

stages from energy production to final consumption. However, reduction only by increasing efficiency will
likely not reach the goal and might even free up capital for further industrial activity and corresponding
higher GHG emissions, leading to a rebound effect1. In many cases the option of increased efficiency is also
economically interesting as increased efficiency, usually at the cost of higher capital expenditures (CAPEX),
reduces the operational expenditures (OPEX). Other pathways offering the possibility of a reduction of GHG
emissions are the deployment of carbon capture and utilization/storage (CCUS) technologies and the switch to
non fossil energy resources. A combination of high efficiency coupled with the deployment of CCUS technology
and the switch to renewable energy sources is a possible route to limit GHG emissions and thus the global
1Interestingly enough the rebound effect, also called Jevons paradox, was first observed and described by William Stanley Jevons on
an energy related topic: He observed the increase of coal usage in England after James Watt introduced his more efficient steam
engine [9]. While this may not be true for industrialized societies, it is still relevant for developing countries.
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temperature increase. For the production of heat and electricity the deployment of carbon capture and storage
(CCS) technologies is an option to continue the exploitation and combustion of fossil carbon reservoirs. This
route reduces emission at centralized sites of carbon emissions and all end use cases can thus profit from
reduced climate impact, becoming carbon neutral without any adaption. Fixing the carbon into value added
products via carbon capture and utilization (CCU) offers the same short term advantages as CCS. Nonetheless,
most products end up being used for a limited amount of time or are consumed during usage and can therefore
not be considered as permanently fixing sinks for the embedded carbon. Instead, the carbon used in the
products is later released into the atmosphere through various pathways.

For all applications where electrification is possible, the switch to renewable energy sources can be made
utilizing electrical energy from wind turbines or photovoltaic (PV), instantly reducing the related GHG
emissions. However, there are hard-to-electrify applications, such as maritime transport and aviation where
different options have to be considered. Moreover, GHG emissions in the transport sector increased in the last
years even for regions where overall emissions dropped, e.g. in the European Union [10]. Furthermore, the
chemical industry still needs a constant and reliable source of carbon for the production of base chemicals
and subsequent products. Here, the switch to non-fossil sources is only possible by using biogenic or recycled
carbon instead of fossil carbon. The utilization of CO2 [11] and energy or the utilization of waste streams
(e.g. refuse derived fuel (RDF), solid recovered fuel (SRF), municipal solid waste (MSW) with some biogenic
fraction) [12–14] are often described as the pathways to close the carbon cycle. Nonetheless, these material
streams need to be supplemented with an additional, renewable carbon source to account for inevitable losses,
of which biomass is the only form containing a major fraction of carbon [15] in non-oxidized form. Hence,
biomass is the only remaining make-up source of carbon for the chemical industry.

Nonetheless, it is stated in the Paris Agreement [1] that no measure to reduce GHG emissions should impact
the food supply. As such, only biogenic residues coming from agriculture (e.g. straw) or foresting are an option
for the provision of carbon and for the bunkering of solid feedstocks for energy demands. Technologies or
process chains utilizing these biomasses as energy or carbon source are inherently carbon neutral, releasing
the same amount of carbon to the atmosphere that has been fixed by photosynthesis during plant growth.
If these biomass technologies are combined with CCS, the overall process or technology becomes carbon
negative removing carbon from the atmosphere as required for all sustainable scenarios described by the
IPCC [5]. In theory, direct air capture is an alternative for removing CO2 from the atmosphere, but practical
application requires energy input, whereas biomass processes provide energy. Moreover, the IPCC assesses that
carbon dioxide recovery from biomass processes will be necessary to compensate for residual carbon emissions
in a net negative future to limit global warming below 1.5 ˝C [16, p. 85]. Nonetheless, critical voices say that
biomass based CCS technologies will not necessarily perform as adequately as required [17]. Therefore, a
key parameter in limiting global warming is the development of biomass-based processes with inherent CO2
capture at pilot and demonstration scale. Gasification is a promising option for converting biomass into easily
storable energy and carbon carriers that can be integrated with carbon capture. A very efficient gasification
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process is chemical looping gasification (CLG), which provides a nitrogen-free syngas for further processing
into liquid fuels or base chemicals. Here, autothermal operation, i.e. without external reactor heating, is
required to develop the process for commercial application.
The technical development of CLG towards pilot scale is described in this cumulative dissertation which

is structured as follows. At first, in Section 1.1 biomass energy potential is assessed and how much of it is
available for usage in biomass processes. This is compared to the current and projected utilization. Afterwards,
an overview of possible processes for the valorization of the available bioenergy is provided in Section 1.2 with
an emphasis on thermo-chemical conversion and gasification technologies in particular. Section 1.3 discusses
the state of development of the CLG technology from which the research questions in Section 1.4 are derived.
Chapter 2 contains the synthesis of the research papers included in this cumulative dissertation highlighting
the progress towards autothermal CLG process operation. Section 2.4 and Section 2.5 contain a conclusion of
the main results from the CLG experiments and and an outlook on further investigations respectively. The
research papers are included in Chapter 3.

1.1 Biomass Energy Potential and Utilization

Biomass is a natural storage of energy and comes in the form of plant based biomass (primary biomass) and
animals and their excrements (secondary biomass). For energetic purposes primary biomass is of higher
interest as it makes up the majority of biomass. Nonetheless, manure, and other secondary biomasses, can be
utilized through various technologies.

1.1.1 Global Biomass Potential

The global potential of biomass as an energy resource is vast. A very rough estimate of the theoretically
available biomass energy can be calculated from the annual carbon fixation by photosynthesis, called net
primary production (NPP). The NPP is estimated to be in the range2 of 40PgCyr´1 to 66PgCyr´1 for
terrestrial surfaces by various models including water availability with a mean of 54.9PgCyr´1 [18]. More
current reviews and simulation come to a conclusion of p56.4 ˘ 9.0qPgCyr´1 [19] and 54.57PgCyr´1 [20]
respectively. As approx. half of the biomass is carbon [21], and with an average lower heating value (LHV )
of 18MJkg´1 the estimate results in:

Eter “ NPP ¨ 2 ¨ LHV “ 56.4PgCyr´1 ¨ 2 ¨ 18MJkg´1 “ 2030.4EJ yr´1

Additionally, biomass is produced in the ocean with an NPP estimated to be 48.5PgCyr´1 [22] giving a total
yearly energy of E “ 3776EJ yr´1 fixed by biomass which is a bit lower than the 4500EJ yr´1 stated by Sims
[23].
2The unit PgCyr´1 (Peta gram carbon per year) is commonly used to asses biomass production.
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Table 1.1: Listing of literature estimating energy potential from biomass sources

Potential 2050 in EJyr´1 Remarks sources Year
126 to 216 considers water constraints [26] 2011
367 to 1548 optimistic assumptions on available biomass and technology

optimistic assumptions on technology availability, irrigation
and agricultural yield in developing countries

[27] 2007

160 to 270 conservative assumptions on agricultural yield [28] 2010
approx. 250 conservative assumptions on agricultural yield [29] 2013
200 to 600 herbaceous energy crops competing with food crops [30] 2014
149 to 245 considers impact of environmental policy and socio economic

transformation
[31] 2019

200 to 500 considers water, food demand and biodiversity protection [32] 2010
58 to 180 data based on remote sensing of vegetation, considers acces-

sibility
[25] 2012

300 critical review of assumptions in current estimates [33] 2014
64 to 312 considers impact of dietary habits and yield improvements [34] 2023

However, human focus is on terrestrial biomass, more specifically the above ground NPP, and there is
disagreement on how much energy can be supplied by biogenic sources sustainably. In their 2009 literature
review Ladanai & Vinterbäck [24] come to the conclusion that the biomass potential in 2050 is larger than
the projected world primary energy consumption (approx. 1000EJ) so long as political support is sufficient
and infrastructure investment is ramped up. However, they mention that much difference in assumptions
about yield increase in agriculture and population increase and the corresponding availability of arable land
for energy production can be found in the reviewed literature. An overview of different studies is given in
Table 1.1 and shows the range estimated for future biomass energy supplies. It should be noted that the high
estimates assume average yields which are comparable to today’s top values. Moreover, even the lower range
studies assume the conversion of land areas the size of Europe or larger [25] to supply the estimated energy.
Given the estimate that approx. 23% to 25% of terrestrial NPP is already appropriated by humans in various

forms [35, 36], increases in biomass energy usage will have a noticeable impact on ecosystems. The actual
harvested biomass accounts for approx. 300EJ yr´1 from which about 100EJ yr´1 are directly lost as unused
residues or roots left under ground [35]. The addition of another 250EJ yr´1 in bioenergy harvest, which is
in the range of most bioenergy potential studies, would increase the utilization of NPP by humans to 44%
[36]. The lowest impact would be achieved by the utilization of the available residues which are in the range
of 58EJ yr´1 to 100EJ yr´1 [25, 35] and are accessible and produced anyway.

1.1.2 Biomass Utilization

The actual utilization of biomass for energy purposes including projections for demand in 2050 can be seen in
Figure 1.1. Considering the 100EJ yr´1 projected by the International Energy Agency (IEA) [37] are lower
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Figure 1.1: Primary energy from biomasses [40] and projections from IEA (net zero) [37] and IPCC review [38]
of 1.5 ˝C scenarios with high and low overshoot.

than most of the results from studies listed in Table 1.1 enough biomass seems to be available to satisfy
demands in the future. However, the IPCC notes that a lot of studies on future energy demand/supply limit
biomass to a maximum of 100EJ yr´1 [16, p. 309]. In fact, an analysis of over 80 scenario pathways modelled
to lead to a 1.5 ˝C temperature increase showed up to 312EJ yr´1 (median approx. 160EJ yr´1) of bioenergy
demand in 2050 [38]. This is at the upper limit of most availability studies making more conservative
assumptions and might not be available sustainably. As Reid et al. [39] note, bioenergy plantations compete
with food production for land and might therefore not be socio-economically feasible and biomass might also
not benefit from learning curves as much as PV or wind which have much lower land requirements. Hence,
bioenergy from residues might be the only option for sustainable bioenergy.

Consolidating the information on projected available bioenergy and energy demand leads to the conclusion
that technology efficiency is key to maximize the valorization of this scarce resource. Therefore, the future
role for biomass is likely to provide make-up carbon to chemical industries for the production of base chemicals
and to account for losses in the carbon cycle instead of being burned for heat and power generation. As
such, traditional biomass usage (heating and cooking with open fire or simple stoves) plays no role in future
energy scenarios (eg. [37]). Instead, modern biomass usage (biofuels, biorefineries, biogas through anaerobic
digestion, efficient wood pellet heating, etc.) feature in those scenarios. Nonetheless, the likelihood of total
abandonment of traditional bioenergy usage until 2030 as in the net zero roadmap by the IEA [37] seems
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very slim as about 2 ˆ 109 people use traditional biomass for cooking today [37] and would have to switch to
other means in only 7 years.
For efficient valorization, conversion processes have to be optimized for the combination of feedstock and

application, which creates a research need for conversion processes – like gasification – for the utilization
of biogenic carbon for synthesis of base chemicals or liquid energy carriers. Moreover, many technologies
are at a low technology readiness level (TRL) and require advancement to be able to deploy the developed,
market-ready processes to commercial operation.

1.2 Biomass Utilization Technologies

In order to optimize the utilization of the available biomass, the biogenic source material, the conversion
process, and the intended end-use has to be selected in such a way that losses are minimized. Therefore, only
modern bioenergy applications are described in the following. Additionally, the distribution of source material
towards application has to be considered. For some applications, only certain biogenic sources are viable and
even compete with high carbon footprint materials (e.g. wood competing with concrete for construction),
other applications have multiple possible sources (e.g. wood, municipal waste, and sewage sludge for thermal
energy). Therefore, only leftover residue woods which are not required or usable for construction should
be considered for thermal conversion [39]. However, it is likely that market prices will play a role in the
distribution and selection of biogenic sources for processes and end-use [39].
The processes for the conversion of biogenic sources into thermal energy or different valuable products (e.g.

syngas, ethanol, bio-diesel) can be classified into three main categories based on their properties.

• Physico-chemical conversion utilizes mechanical force or pressure to extract part of the plant biomass as
an high calorific oil.

• Bio-chemical conversion utilizes micro-organisms to convert part of the feedstock to high calorific gaseous
or liquid form.

• Thermo-chemical conversion utilizes elevated temperatures to convert part of the feedstock to high or
medium calorific liquids, gases, and solids.

Figure 1.2 shows the categories and the included processes with the applicable biomass feedstocks and the
resulting converted products. Some biomasses can be efficiently used as solid fuels without prior processing
which is also indicated in Figure 1.2. The remaining categories are the agricultural and industrial/domestic
waste and residue and the residues from foresting which can be utilized without impacting other areas.
Nonetheless, some energy crops might be used when switching from traditional bioenergy to modern bioenergy.
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Figure 1.2: Schematic of biomasses and utilization routes adapted from [41]. OSR: oil seed rape, SRC: short
rotation crop, MSW: municipal solid waste.

1.2.1 Physico-Chemical Conversion

Physico-chemical conversion for the production of bio-fuels or as a biogenic source of carbon for the chemical
industries consists mainly of mechanical extraction of plant seed oil often paired with an esterification step to
produce bio-diesel (fatty acid methyl ester) [42]. The residue of the seed, the oil meal cake, contains about
5wt.-% of oil [43] and is often used as animal feed [41, 43]. In Europe the main biogenic source utilized
with this route is oil seed rape (OSR) [44].

While the extracted product contains the major part of the plant energy, there is still some amount of plant
energy contained in the meal, the straw and glycerine as byproduct from esterification [45]. However, the
energy contained in the straw and meal can be utilized with a different conversion technology and glycerine
is already a valuable reactant in the chemical industry. As OSR and other oil plants are specifically grown for
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energy production, they compete with food production for land use and might therefore be in conflict with
the demand of the Paris Agreement to not impact food supply [1].

1.2.2 Bio-Chemical Conversion

The two commercially successful processes utilizing micro organisms are anerobic digestion and fermentation.
While the valuable product of anerobic digestion is gaseous, fermentation yields a liquid product. As both
are already at a commercial level, the TRL has to be considered at level 9. Both processes can be used with
biogenic wastes with up to 90wt.-% moisture [46] and are therefore a good option to treat wet residues.
However, they cannot completely convert materials with high content of lignin [41] and are therefore not a
good option for the conversion of woody biomass.

Anaerobic Digestion

Anaerobic digestion utilizes bacteria to convert lignin free biomass in an oxgen free atmosphere into a gas
consisting mainly of CH4 and CO2 with small amounts of CO and H2S [46]. However only 20% to 40% of the
energy content is available in the gas phase [46] with the rest remaining in the slurry which can be either
used as fertilizer [41] or be utilized through thermochemical conversion routes.

Fermentation

Fermentation is the conversion of sugars to liquid ethanol utilizing yeast. Sugars can come from various
biogenic sources (sugar cane, sugar beet) including starch (potato, wheat, maize) which can be converted
to sugar. It is possible to produce sugars from cellulose by hydrolysis [21] and reports on special yeast for
fermentation of celluloses exist (e.g. [47, 48]), however, this is not yet commercialized. The resulting ethanol
water mixture requires an energy intensive distillation step to separate the ethanol from the water. The solid
residues can be used as cattle feed or through various thermochemical routes [41].

1.2.3 Thermo-Chemical Conversion

Thermo-chemical conversion processes produce amixture of gaseous, liquid and solid products. The distribution
of the biomass mass into these fractions is influenced by the process parameters temperature, pressure,
residence time and oxygen input.
Thermo-chemical conversion processes can be classified by the oxygen to fuel equivalence ratio λ under

which they are operated. Figure 1.3 shows the approximate operation regions of the thermochemical conversion
processes in terms of λ and temperature. Combustion processes feature λ ą 1 with heat being the single
product intended as all feedstock is fully converted in ideal operation. Gasification processes operate usually at
the lower side of the range of 0 ă λ ă 1 and aim to maximize either the conversion of feedstock material into
the gas phase or the feedstock energy inside the gas phase as the product gas is used in subsequent application.
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Figure 1.3: Map of thermal conversion technologies in terms of temperature and oxygen to fuel ratio.

Pyrolysis, torrefaction and hydrothermal liquefaction operate at λ “ 0with the goal of converting the feedstock
into liquid products (pyrolysis, liquefaction) and/or (densified) solid fuels (pyrolysis and torrefaction). For
pyrolysis, hydrothermal liquefaction and torrefaction, the required process heat has to be supplied externally
while for gasification and combustion it is provided through the (partial) oxidation of the feedstock. As all
thermochemical processes work at elevated temperatures well above the boiling point of water, the feedstock
must contain relatively low amounts of moisture for economic process operation. The exception here is
hydrothermal liquefaction which operates with high moisture content and under pressure.

Torrefaction

Torrefaction is the externally heated thermal treatment of solid biomass under oxygen free conditions (λ “ 0)
at temperatures between approx. 200 ˝C to 300 ˝C [49] braking down biomass structure. Residence times
are 15min to 90min at atmospheric pressure with the aim of enhancing the feedstock quality for combustion
as well as storage and transportation capability. During the process approx. 10% of energy and 30% of the
feedstock mass are lost as gases [50] (mainly acetic acid, methanol, CO, CO2 [49, p. 96]) giving a dry, solid
fuel with increased energy density.

Hydrothermal Liquefaction

Hydrothermal liquefaction is the depolymerization of wet biomass under elevated pressure (5MPa to 20MPa)
and temperature (250 ˝C to 550 ˝C) [41]. The product is a liquid bio-crude with a higher heating value of
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30MJkg´1 to 37MJkg´1 [49, p. 332] which can be distilled and used like mineral oil. Side products are a
CO2 rich gas phase, an aqueous phase containing some organics, and, depending on the process, char [49, p.
332]. As feedstocks can be wet and are processed in the form of slurries, hydrothermal liquefaction has the
advantage of not requiring a complete drying of the feedstock.

Pyrolysis

Pyrolysis is a thermal process for the decomposition of biomass (or waste) into a solid and a liquid fraction. It
is operated in the absence of oxygen (λ “ 0) and in the temperature range of 300 ˝C to 600 ˝C with externally
supplied heat. The distribution of products to the three phases solid, liquid, and gas can be influenced with
temperature, heating rate, pressure and residence time [41, 51] to optimize the yield of the intended product.
While higher temperatures [52] and higher heating rates with low residence times [41] favour the production
of liquids, lower heating rates and low temperature lead to increased char and gas production [41].

Gasification

Gasification is the conversion of solid feedstock into gaseous products with the oxidation of a small part of the
feedstock to supply the required energy. It is normally operated at temperatures above 650 ˝Cwith atmospheric
or elevated pressure and either with an air or steam-oxygen atmosphere with 0 ă λ ă 1. The product is a
combustible gas consisting of mainly H2, CO, CH4, CO2, H2O, and in the case of air-blown gasification also N2.
The produced gas is subsequently used for combustion or chemical synthesis. Depending on the gasification
process and the operation temperature, up to 95% of the feedstock energy are transferred to the gas phase.
There exist three main gasifier types:

• Fixed bed gasifiers show low heating rates and long feedstock residence times. The feedstock is
introduced at the top of the reactor and slowly moves downwards by gravity as feedstock in the lower
part of the reactor is converted into the syngas. Initial drying happens at the top of the reactor followed
by pyrolysis and gasification and the ash being removed from the bottom of the reactor. The reactor
temperature can exceed the ash softening temperature of the feedstock in case equipment to remove
larger agglomerates is present [15]. The gas flow can be either in the opposite direction as the solid
stream (counter-flow) or in the same direction (co-flow). While the counter-flow configuration is easy to
implement, it produces more heavy hydrocarbons and tars as the pyrolysis products do not pass the
higher temperature zones [15]. Feedstock particle size for the fixed bed gasifier is between 6mm to
50mm [15]. Herbaceous biomasses like miscanthus or straw require densification to bricketts to be able
to gasify them in a fixed bed reactor [15].

Fixed bed gasifiers have been commercially operated for many years converting coal to syngas for the
production of Fischer-Tropsh (FT)-products and base chemicals [15]. Especially the Sasol-Lurgi dry
bottom process, a steam-oxygen process where the ash is removed in a dry state at the bottom, is very
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successfully deployed with over 80 units world wide [15]. Part of the success comes from the fact that
it was the first pressurized gasifier available [15]. The British-Gas-Lurgi process is an extension of the
Lurgi-Process where the ash is removed as molten slag with the aim of creating higher amounts of CO
and H2 with less steam input and accepting different (e.g. MSW) and finer feedstocks [15]. The Lurgi
process has been developed and tested to pressures of up to 90 bar [15].

• Fluidized bed gasifiers exhibit good mixing of solids and gas, high heating and mass transfer rates
and medium feedstock residence time. The feedstock is either introduced on the top or inside the dense
region of the fluidized bed with drying and pyrolysis happening very fast inside the fluidized bed. The
gasification agent is introduced at the bottom of the reactor and also acts as the fluidization medium.
Feedstock ash is removed from the bottom and contains a fraction of unconverted carbon due to the
well mixed properties of the bed [15]. To avoid agglomeration and the following defluidization of the
bed, fluidized bed gasifiers have operating temperatures below the ash softening point. Bed materials
include feedstock ash [53], sand, and natural minerals like olivine and ilmenite [54–56]. The feedstock
particles size is 1mm to 10mm [15] to avoid them falling to the bottom of the fluidized bed or being
entrained before conversion. Highly reactive feedstocks like biomass [15] are considered optimal for
fluidized bed gasifiers.
The fluidized bed gasifier developed by Fritz Winkler was the first fluidized bed process and can accept
a very wide range of feedstocks and more than 70 reactors have been build and operated world wide
[15]. Several enhancements like High Temperature Winkler (HTWTM) gasification have been developed
where pressure has been raised to 30 bar and a cyclone has been added for higher char conversion [15]
and are still the focus of ongoing research [53]. More recent developments change the operation regime
of the fluidized bed from the bubbling bed used in the Winkler process to a circulating fluidized bed
(CFB) like the Lurgi CFB gasifier or the transport gasifier by Kellogg Brown & Root (KBR) [15]. Most of
these developments also aim to change either a part of the feedstock or the full feedstock from coal to
biomass or waste [15].
The last twenty years have seen the emergence of gasification processes utilizing two interconnected
CFBs called dual fluidized bed gasification (DFBG) [56–58] and chemical looping gasification (CLG)
[59, 60]. DFBG operates with two fluidized bed reactors. In the gasification reactor the feedstock is
gasified in the absence of molecular oxygen, using steam as the gasification agent. The necessary heat
for gasification is then supplied by a bed material (e.g. sand) which circulates between the reactors and
is heated in the combustion reactor. Unconverted residual feedstock char is carried with the bed material
from the gasification reactor to the combustion reactor. There, it is incinerated, providing the energy to
heat the bed material. The CLG process operates similarly, using a metal oxide called oxygen carrier
(OC) to transfer heat to the gasification reactor (called fuel reactor (FR)) where the oxygen carrier
(OC) is reduced, supplying lattice oxygen to the gasification reactor. The bed material is subsequently
reheated via the exothermic re-oxidation of OC inside the air reactor (AR) providing the required energy.
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However, this type of gasifier has not been deployed to a scale larger than 20MW [58] and is not yet
commercially successful on the same level as other technologies, as it primarily supplies heat and power
[57].

• Entrained flow gasifiers have the highest heating rates and short feedstock residence time. Feedstock
and gasification medium are introduced at the same reactor end and the gasification agent transports
the feedstock particles pneumatically through the reactor. Operation temperature is in the range of
1250 ˝C to 1600 ˝C and always above the ash melting point and the ash is therefore removed as slag.
Almost all carbon is converted into the gas because of the full conversion of feedstock to either liquid
slag or syngas species. Because of the pneumatic transport and the short residence time, feedstock
particles must be small (<100µm [15]) which requires milling. The required milling, which is not yet
economically feasible for biomass [15, 49], and the aggressive nature of molten biomass ash [15, 49]
make biomass a very difficult feedstock for this gasifier type.

Commercially successful entrained flow gasifiers have been build by Shell, Siemens, GE Energy and
others [15]. They typically operate at elevated pressure with coal as feedstock [15]. A recent design is
the OMB process from the Institute of Clean Coal Technology (ICCT) at the East China University of
Science and Technology [15]. The endeavour to commercialise an entrained flow gasifier for biomass
feedstocks, undertaken by Choren, proved to be unsuccessful in the end and resulted in the company
going bankrupt [61].

Combustion

Combustion takes place under oxygen surplus atmosphere (λ ą 1) to ensure the full release of the feedstock
energy as thermal energy. Combustion temperature is between 650 ˝C to 1600 ˝C with heat being the intended
product. Nonetheless, ash and flue gas are side products and need to be considered, as flue gas is commonly
released to the atmosphere and ash has to be deposited or utilized somewhere. Due to energy loss, it is not
optimal to convert biomass energy to electricity via combustion and then use the electricity for process heat.
Therefore, biomass is better utilized directly for the generation of process heat and valuable chemical products.
Nevertheless, combustion can be a valuable backup for power-generation when PV and wind cannot supply
the required power. Biomasses with a moisture content below 50wt.-% dry base (d.b.) can be combusted
directly while higher moisture content needs pre-drying [46]. Modern combustion for residential heating
also utilizes part of the enthalpy of vaporization of the steam content inside the flue gas by cooling flue gases
below the dewpoint temperature.
The combustion process can be integrated with a CO2-separation step by supplying oxygen instead of air as

the oxidizing agent to the process. This is called oxy-combustion when the molecular oxygen is provided by
an air separation unit (ASU). Alternatively, the oxygen can be supplied via the chemical looping process in the
form of lattice oxygen of a metal oxide (called oxygen carrier (OC)) which is regenerated in a separate reactor
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by oxidation with air. This chemical looping combustion (CLC) process has the advantage of supplying the
oxygen with a much lower energy penalty compared to the ASU. The resulting flue gas consists mainly of
steam and CO2, which can be utilised or sequestered.

1.2.4 Comparison

Comparing the different conversion technologies shows that thermo-chemical processes exhibit relatively high
feedstock conversion and are suited for a wide range of feedstocks. Physico- and bio-chemical processes have
lower feedstock conversion and have a smaller selection of possible feedstocks. Thermo-chemical processes
are faster and can destroy and convert all biopolymers including lignin when compared to bio-chemical
processes [41]. Currently, successful processes for producing liquid energy carriers utilize either bio-chemical
or physico-chemical methods, converting feedstocks of sugar and starch to alcohol or extracting oils and fats
respectively [62]. A downside to this is that transport fuels must be produced using lignocellulosic or waste
biomasses as feedstock in compliance with the regulations of the European Union [63]. Thermo-chemical
processes are better suited for this type of feedstock. However, to sustain high temperatures at an economical
level, the plant size must be larger to obtain low relative heat losses. As biomass might not be available in the
required quantity near the site of a thermo-chemical conversion facility higher transportation costs might
offset the higher efficiency of the thermochemical process.
Of the thermo-chemical processes, gasification shows the most advantages for the provisioning of make-up

carbon to the chemical industry as the product can be readily integrated into existing synthesis routes and/or
be converted to methanol or FT products, a common base chemical and possible refinery inputs respectively.
Moreover, it facilitates the conversion of waste materials into liquid energy carriers which can be handled
more conveniently. Here, major interests are the gasification with steam or with steam/oxygen as gasification
agents, as they lead to a N2 free syngas. The oxygen used in gasification must be extremely pure to avoid
mixing with inerts and diluting the syngas. Gaseous oxygen with a concentration of 99.9 vol.-%, produced by
a highly efficient cryogenic ASU, requires at least 1.2MJkg´1 of electric energy [64]. Considering an oxygen
equivalence ratio of λ “ 0.25, this energy demand is equivalent to a minimum of 2% of the thermal input,
which may have a significant impact on the economic feasibility. The absence of the inert N2 allows for much
smaller equipment bringing down CAPEX.
Particularly fluidized bed gasification processes are studied because of their suitability for biomass and the

easy feedstock preparation. Especially the two-reactor setup of DFBG has seen increased research interest
and endeavours to valorize the produced syngas in other ways than heat and power [54, 58] lately. DFBG
separates the oxidation/combustion and the gasification reactions into two distinct reactors, eliminating the
need for an energy-intensive ASU. The DFBG process can be enhanced by the replacement of the bed material
with an OC, providing oxygen to the gasification via the chemical looping process without an ASU. CLG has
seen high research activity in the past few years with multiple reviews discussing topics like OC development
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Figure 1.4: Schematic of the CLG process showing the cyclic reduction and oxidation of an OCmaterial which
is oxidized in the air reactor (AR) and reduced in the fuel reactor (FR).

[65–67], biomass in CLG [68–74], agglomeration in chemical looping [75], pollution removal [76], scale-up
of biomass chemical looping [77], and pressurized chemical looping [78].

1.3 Chemical Looping Gasification

Chemical looping gasification (CLG) is a gasification process that utilizes a metal-oxide to supply lattice oxygen
to the gasification process (see Figure 1.4). Inside the fuel reactor (FR) the gasification of the feedstock occurs
with steam being the gasification agent and fluidization medium. During that process the metal-oxide also
called oxygen carrier (OC) is reduced and thus supplies oxygen for partial feedstock oxidation inside the FR.
The OC is then transported towards the air reactor (AR) where it is regenerated with air. This exothermic
oxidation process generates the heat which is transported with the solid OC material from the AR into the FR
and supplies the required heat for the endothermic gasification of feedstock carbon. Therefore, CLG can be
considered to be an enhancement of the DFBG process which supplies only heat via an inert bed material. For
DFBG this heat is generated by the combustion of residual feedstock carbon inside the AR, which is transported
with the OC bed material. For the DFBG process there is operation experience in semi-commercial scale
of 8MW to 32MW [56, 58, 79] laying a good foundation for the CLG process to build upon. The specific
enhancements of CLG are:

• Concentration of carbon inside the gasifier (FR) off gas stream.
• Reduction of tar production inside the gasifier (FR).
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• Elevation of gasification reactor (FR) temperature.

The concentration of the carbon into the output stream of one reactor is beneficial in case carbon credits can
be sold [80] and wide-scale deployment of biomass CCS is required to limit global warming [5]. However,
the reduction of tars—known to be high in biomass gasification [81]—is of utmost importance to practical
application as they have an impact on the direct utilization or the required syngas cleaning. The elevation of
gasifier temperature is caused by exothermic oxidation reactions inside the FR, facilitated by the OC which
partially offset the endothermic gasification reactions. The temperature increase helps with tar reduction
[82], higher feedstock carbon conversion inside the FR, and reduction of CH4 content [15] but might not be
possible for all feedstocks as the temperature must remain below the feedstock ash softening point in fluidized
bed reactors.
So far CLG has been demonstrated to work in continuous lab scale units from 1.5 kWth to 50 kWth utilizing

various biogenic residues as feedstock with natural minerals e.g. ilmenite [83, 84] and waste materials like
steel converter slag [85, 86] as OC material. However, autothermal operation of the process has not been
achieved and is a crucial step in upscaling the CLG process. Moreover, basic phenomena important for CLG
are still being investigated and can also give valuable insight for the scale-up to autothermal operation.

1.3.1 Research in Chemical Looping Gasification

The research topics relevant for CLG span a wide range of topics but can be roughly sorted into the following
categories:

• Feedstock
• Reaction kinetics
• Reactor design
• Gas quality
• Oxygen carrier (OC)
• Process control

with most of the published work dealing with more than one of these topics.

Feedstock Fluidized bed processes are operated well below the ash softening point to avoid agglomeration
and thus defluidization. However, in practice exact ash softening points of seasonally varying biomass
sourced from multiple locations vary depending on the composition [75]. Moreover, the temperature where
defluidization occurs depends on the specific atmosphere and is much lower in steam or H2 than in air or CO2
[87, 88]. Especially herbaceous biomasses have very low ash deformation temperatures as measured by hot
stage microscopy with values as low as 840 ˝C for triticale straw [89]. Bed defluidization has been reported
for even lower temperatures of 740 ˝C for wheat straw in an olivine bed [90]. For woody biomass ash melting
[89] and defluidization [90, 91] occur generally at higher temperatures, even above 1000 ˝C. However, higher
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fluidization velocities increase the temperature—and correspondingly the melt-fraction of feedstock ash—at
which defluidization occurs [75, 87, 92]. This is likely the reason why almost no defluidization is reported for
continuous CLG operation. To mitigate defluidization at low temperatures, routes like feedstock blending [89]
and pre-treatment options like leaching, additives [91, 93] and torrefaction [91] have been tested resulting
in higher defluidization temperatures. Miao et al. [75] report in their recent review on agglomeration in
biomass chemical looping, that feedstock related additives can only reduce agglomeration but not avoid it and
mention emission related side effects of additives. Nonetheless, pre-treatment including washing/leaching
and additivation of biomass feedstock can reduce agglomeration tendency in biomass ash-OC interaction and
can therefore be considered for commercial application. Monitoring of pressure and temperature variance of
the bed can be used to investigate the agglomeration behaviour of biomass-OC pairings in lab scale setups [91,
94–97] screening for good pairing candidates but also to provide early warnings of agglomeration during
operation caused by changing feedstock ash properties [75].

Reaction Kinetics For the screening of OC materials and the determination of their reaction rates thermo-
gravimetric analysis (TGA) offers a cheap setup to investigate the mass changes at various temperatures
under controlled atmospheres. Additionally, feedstock reactions and even combined OC feedstock reactions
under controlled atmosphere can be investigated. Wang et al. [98] discuss the limitations of TGA experiments
compared to the fluidized bed experiments such as the slower heating rate, limited gas-solid contact, and heat
and mass transfer limitations. Nonetheless, reaction kinetics can also be obtained from small scale fluidized
bed reactors (e.g. [99]) and form an important basis for process modelling and computational fluid dynamics
(CFD) simulations required for process optimization, equipment sizing, and reactor design. However, as the
focus of this dissertation is experimental scale-up, further discussion of reaction kinetics is omitted.

Reactor Design The most widely adapted reactor configuration is the dual fluidized bed reactor as it features
a uniform bed temperature, fast feedstock heating, and facilitates an easy transfer of the solid OC material
between the reactors. Here, knowledge of actual solid circulation flows is important for equipment sizing.
Another possible configuration is the combination of a fluidized bed as AR with a moving bed as FR [100, 101].
Nonetheless, different reactor designs have been proposed like packed bed reactors and rotating reactors,
which cannot be used for solid feedstocks. However, in this dissertation only results from (dual) fluidized bed
configurations are considered, as they can convert solid biomass feedstocks.

Gas Quality The composition of the produced gas is a topic of major interest as it determines potential
applications and the required gas treatment, such as de-dusting, tar removal, water gas shift, and sour gas
removal. Moreover, the total amount of combustible gases is directly proportional to the cold gas efficiency
(CGE) (see Equation 1.2). Hence, gas compositions are usually reported by all authors focusing on CLG
development and specific studies on volatile conversion for OC are conducted [102, 103]. Goel et al. [74]
compare the yields of syngas species produced from different OC-feedstock pairings reported in literature
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between batch reactor and continuous process. They show, that high yields in batch processes do not necessarily
transfer to high yields in a continuous unit.
FR temperature has the most important influence on gas quality, where a higher temperature leads to lower

tar production [82] and higher syngas production. However, the temperature must stay below the limits
where agglomeration occurs inside the bed in order to keep the process stable. Additionally, the steam to
biomass feedstock ratio, the amount of oxygen supply, the feedstock residence time, and the OC bed material
circulation have an influence on the composition of permanent gases, tars, and the overall amount of the
syngas. Generally, the tar content reported for continuous CLG operation is higher (e.g. [83, 85, 104–106])
than the maximal allowable contamination for most processes according to Milne et al. [81]. Produced CH4
might be unwanted depending on the application. For synthetic natural gas (SNG) it is the intended product,
while for methanol or FT-products it behaves like an inert and must be converted to syngas before entering
the synthesis reactor (e.g. in a steam methane reformer3).
The important parameters for this dissertation regarding gas quality are the composition of gas species

(volume fractions xi), the syngas fraction XSG (Equation 1.1), describing the fraction of the intended product
in the permanent gases, the CGE ηCG (Equation 1.2), the H2/CO ratio, defining the composition of the
intended product, and the tar load mtar showing the amount of problematic compounds.

XSG “
xCO ` xH2

xCH4 ` xCO ` xH2 ` xCO2 ` xN2

(1.1)

ηCG “
n9 FR,outpxCH4 ¨ LHVCH4 ` xCO ¨ LHVCO ` xH2 ¨ LHVH2q

m9 FS ¨ LHVFS
(1.2)

With xi being the mole fraction of species i, LHV the lower heating value, and n9 FR,out and m9 FS being the
product gas output and the feedstock input, respectively.

Oxygen Carrier The preparation, manufacturing, and selection of OC materials is an ongoing research
topic also for chemical looping combustion (CLC) (e.g. [107, 108]). However, results for important OC
properties like OC life time obtained under CLC conditions might not be valid for CLG [83]. Additionally,
aspects important for CLC like high oxygen carrying capacity or reactivity are not so important in CLG where
only limited feedstock oxidation is wanted. Goel et al. [109] studied properties like reactivity, H2-production
performance, sintering temperature, and mechanical strength of 9 low-cost OC derived from waste streams or
natural minerals. Currently, synthetic OC are only utilized in lab-scale analysis [65, 110] and are therefore
produced only in small quantities. Only one report of continuous CLC with an overall amount of more than
1000 kg of synthetic Ca-Mn-based OC exists [111]. Di Giuliano et al. [70] argue for further research in synthetic
OC production and performance to enhance the CLG/CLC process, but acknowledge that with scale-up of
synthetic OC production, other factors like cost, safety, material availability, and environmental impact become
3Although autothermal reforming is possible, it requires an ASU to provide pure oxygen which would negate the whole purpose of
CLG.
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important. Considering the current situation, scale-up of CLG has to happen first with readily available natural
minerals like ilmenite or waste materials like steel converter slag, creating the market for better performing
synthetic OC.
There is also research to screen for OCs producing a very low amount of tars. Hildor et al. [104] report on

specific tar generation from a continuous CLG process utilizing steel converter slag and ilmenite to convert
biomass in a 10 kWth lab scale unit, while Larsson et al. [112] use ilmenite as an additive to a sand bed to
reduce tar production in the 2-4MWth Chalmers gasifier. An enhanced natural olivine which was impregnated
with additional iron also showed reduced tar production in continuous biomass gasification [113]. Other
studies focus on the conversion of model components like toluene [114] or benzene [104, 115] to compare
different OC in terms of tar conversion performance.
For chemical looping processes in fluidized beds several characteristics must be considered with regards to

the OC for successful deployment. According to Adanez et al. [116] these are:

• Oxygen carrying capacity: The amount of oxygen an OC can transport. This determines the minimum
solid circulation rate of the OC material between the two reactors in order to supply a certain amount of
oxygen to the process. The actually usable part of the theoretically possible transport capacity depends
on the gas composition of the FR.

• Thermodynamic properties: Depending on the equilibrium state of the metal oxide, full oxidation,
partial oxidation, or no oxidation of the feedstock is possible. For initial assessment an Ellingham
diagram can be used [117].

• Reactivity: The higher the reactivity, the faster the conversion of the OC inside the reactor and the less
residence time is required for full conversion. The reactivity can change during operation.

• Stability: The OC material experiences mechanical stress and is subject to erosion inside the reactor
system. Therefore a certain fraction is lost as fines through cyclones and must be replaced by a make-up
stream. The mechanical stability determines the amount of the make up stream required for steady
state operation

• Carbon Deposition: OC material can be the location for carbon deposition from the gas phase. As this
carbon is transported towards the AR it contributes to unwanted carbon slip and should therefore be
avoided.

• Fluidization properties: The formation of larger agglomerates poses risks to fluidized bed operation
and must therefore be avoided. Formed agglomerates must be removed from the bottom of the reactor
and be replaced with fresh OC. Depending on the feedstock-ash-OC interaction, the bed temperature,
and the fluidization regime, the tendency of agglomerates forming inside the bed changes.

• Cost: OC cost should be low as they impact the OPEX. Currently synthetic OC are not competitive with
natural minerals or waste materials.

• Toxicity: Especially copper or nickel based OCs pose a risk to humans and the environment making
handling and disposal of spent OC costly.
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According to Mayer et al. [118] OC materials can be grouped into three categories based on their reactivity
and thermodynamic properties:

1. Materials with high reactivity in AR and FR.
2. Materials with low reactivity inside the FR which can be fully oxidized inside the AR.
3. Materials which can release molecular oxygen depending on O2 partial pressure. The so called chemical
looping with oxygen uncoupling (CLOU) effect requires surplus oxygen on the AR outlet in order to
oxidize the OC sufficiently but has the advantage of close to full feedstock conversion inside the FR.

The important OC parameters for this dissertation are the oxygen transport capacityROC of the OC material,
measuring how much oxygen can be transported per OC mass, and the oxidation degree XS , measuring the
actual oxidation of the OC in the process, as defined by [112]:

ROC “
mOC,ox ´ mOC,red

mOC,ox
(1.3)

XS “
mOC ´ mOC,red

ROC ¨ mOC,ox
(1.4)

In this definition, ROC is the oxygen transport capacity of the OC material, XS is the oxidation degree of the
OC, mOC,red and mOC,ox are the mass of the fully reduced and oxidized state respectively, while the mass of
the OC leaving the reactor is mOC .

Process Control For process control in externally heated lab scale reactor setups, the adjustment of the
thermal load, i.e. the feedstock feed rate, is often used to control the oxygen to fuel equivalence ratio λ

and thus the gasification process while keeping the solid circulation constant (e.g. [119, 120]). A similar
approach is to reduce the solids circulation and thus the oxygen transport as demonstrated by Pissot et al.
[121]. However, the heat transfer is also effected by the circulation resulting in lower FR temperature which
is primarily controlled by the solid circulation between the reactors. Larsson et al. [112] are the first to state
the requirement to uncouple the oxygen transport from the solid flow to circumvent the resulting changes in
power, solid circulation, and reactor inventory. The dilution of the OC with silica sand has been tested multiple
times showing its feasibility for setups where energy can be supplied in another way than the feedstock input
in the FR [121, 122]. Nonetheless, for good process control in autothermal CLG a more flexible approach
is required, as the adjustment of OC-sand ratio requires the partial replacement of hot bed material in the
system. The subsequently required splitting into the two solid fractions is difficult and expensive and makes
this method unsuitable for commercial application. Although, it is theoretically possible to find an OC with the
optimal oxygen carrying capacity, utilizing this as process control method would limit the degrees of freedom
during operation as oxygen transport would still be coupled to solid circulation. Moreover, solid circulation is
the major control factor of the FR temperature.
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The important parameters for investigations of process control are the air to fuel equivalence ratio λ,
showing the amount of oxygen supplied to the process in relation to the oxygen required for full feedstock
conversion:

λ “
m9 O,AR

m9 FS ¨ RFS
(1.5)

and the oxygen carrier to fuel equivalence ratio ϕ defined by [112]:

ϕ “
ROC ¨ m9 OC ¨ Xs,AR

m9 FS ¨ RFS
(1.6)

quantifying how much oxygen is actually available inside the OC circulation stream in relation to the required
oxygen for full feedstock conversion with the mass streamsm9 FS and the oxygen requirements for full oxidation
RFS .
The key performance indicators (KPIs) which are optimized using process control are the cold gas efficiency

(CGE) ηCG, measuring the fraction of feedstock energy contained as chemical energy in FR of-gas (Equation 1.2)
and the carbon conversion XC , being the fraction of feedstock carbon converted into gaseous species inside
the reactors:

XC,FR “
n9 gas,FR ¨ pxCH4 ` xCO ` xCO2q ¨ MC ´ m9 CO2,f luidization ¨

MC
MCO2

m9 FS ¨ wC,FS
(1.7)

with the AR carbon conversion being calculated from CO2 only:

XC,AR “
n9 gas,AR ¨ xCO2 ¨ MC ´ m9 CO2,f luidization ¨

MC
MCO2

m9 FS ¨ wC,FS
(1.8)

M denotes the molar mass of the species i and wC,FS the carbon fraction inside the feedstock.

1.3.2 Limitations of Current Research

So far, all continuous CLG experiments performed have been conducted with external electrical reactor heating,
with the exception of the experiments in the Chalmers 2-4MWth gasifier [112, 121, 123]. However, operation
with external reactor heating is not feasible for commercial applications. Here, only autothermal process
operation is economically feasible and all heat supplied to the gasification reactor must be supplied by the
circulating OC material. Furthermore, the Chalmers gasifier suffers from a severe over dimension of the AR
which is used to supply heat for commercial purpose and is therefore also fed with the feedstock. Moreover,
the produced syngas is also routed into the AR for safe conversion and venting, returning the chemical energy
of the syngas to the reactor system instead of removing it for utilization. Hence, results from these experiments
give no holistic picture of the process. Nonetheless, the experiments still yield useful insights into the FR side
of the process, but not into the stand-alone process and interaction of AR and FR.
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Under autothermal process conditions, the free selection of process parameters is restricted by the require-
ment that both reactors must be in heat balance. Therefore, hydrodynamic constraints have an impact on
obtainable reactor temperature and thus reaction chemistry, which in turn affects the syngas quality and
overall process performance. Here, the interplay of these operation variables is crucial, as insufficient transport
of OC and the corresponding transport of sensible heat between the reactors cannot be offset by increased
reactor heating and will affect the maximal attainable FR temperature and therefore the gasifier performance.
Moreover, interpretation of data obtained from small-scale experiments might lead to wrong conclusions (e.g.
finding that iron based OC should not be considered for CLG because of lower reactivity [114]) because only
part of the process is reproduced during the experiments.

1.4 Research Question

Just merging the information of partially contradicting insights from various research categories will likely not
produce very good process and plant designs. For this reason, experimental studies are needed on a scale at
which all the relevant effects can be studied together and their interdependence and relative importance can
be assessed. This requires autothermal experiments at an industrial relevant scale to gain a holistic insight
into the process to answer the following overarching research question:

Is it possible to operate the chemical looping gasification process under autothermal conditions,
what are the efficiencies that can be achieved and what are the key parameters of the process?

To gather data to answer this research question under the limited operation range of the CLG process with
autothermal conditions, experiments are required in the range of approx. 1MWth, where autothermal
operation becomes feasible. They have been conducted in the 1MWth modular pilot plant at the Institute of
Energy System and Technology at the Technical University of Darmstadt previously used for Carbonate Looping
[124, 125], CLC [111, 126–130], and High Temperature Winkler (HTWTM) Gasification [53, 131–133]. The
experiments were done under the restriction of utilizing the existing reactors and infrastructure and a readily
available OC material to be able to obtain the required quantity, i.e. a natural mineral or a waste material. For
biomass feedstocks the selection is wider because wood, straw, leaves, husks and other biomass streams are
available in large quantities and commercial technologies like pelleting or chipping and milling for preparation
exist.
The rather general research question has been broken into multiple aspects of which four are part of this

cumulative dissertation:

1. Which process control and operation range is applicable to achieve high cold gas efficiency during
autothermal CLG?
In order to prepare the existing pilot plant for the experiments this question needs to be answered
as several design choices are influenced by the process control concept. It has been shown that the
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decoupling of the oxygen transport from the solid circulation is required [112] and possible [121, 122]
in order to be able to control the oxygen to fuel equivalence ratio. The suggestion of sub-stoichiometric
operation of the AR has not been investigated but was proposed as well [112]. Simulation of the existing
control concepts of circulation adjustment, sand dilution, and the novel sub-stoichiometric AR operation
in the boundary conditions obtainable in the existing pilot plant were performed to find the most viable
method for the pilot plant and are described in the Research Paper I of this dissertation. Research Paper
IV validates the concept in actual implementation.

2. What is an appropriate design for an autothermal chemical looping gasifier in the 1MWth scale?
The existing experimental facility had to be adapted in order to be able to run the process safely.
The design choices open up a certain range of operation, which are discussed with the corresponding
limitations. The design, limitations resulting from these design choices, corresponding operational
strategies, and improvements for greenfield plants are discussed in Research Paper II.

3. What is the actual OC material circulation rate during gasification and how can it be measured?
For future plant design the sizing of the equipment largely depends on the required solid circulation.
Multiple methods exist to estimate the solid circulation like stopping loop seal fluidization [134] or
adding feedstock batch wise [135] and calculating solid circulation from the system responses of reactor
inventory decline and oxygen consumption inside the AR respectively. However, these methods impact
the hydrodynamic and therefore only give an approximate representation of real steady-state process
conditions. Other methods use moving equipment inside the solid stream [136] or use particle properties,
fluidization and pressure drop [137] to estimate solid circulation. Estimation of solid circulation based
on an oxygen balance around the FR in an natural gas fired CLC unit was first described by Ohlemüller
et al. [111]. However, application to systems using solid feedstock and thus exhibiting carbon slip and
containing other reacting material inside the OC stream was not conducted. Therefore, this approach was
generalized for dual fluidized bed processes and expanded to include additional analysing equipment in
Research Paper III and used to determine solid circulation during the experiments.

4. What efficiency and syngas quality regarding composition and tar content are obtainable?
Assessing the viability of the process not only requires demonstrating technical possibility, but should
also consider the obtainable efficiency and product quality. The most important trends concerning
CGE, carbon conversion, syngas quality, and tar production are investigated in detail. The limitations
of the data caused by the high relative heat loss are discussed. The individual KPIs obtained during
the experimental operation of the autothermal CLG pilot plant are analysed in Research Paper V and
compared with literature data to show the benefits of the process.
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2 Synthesis

This chapter summarizes the findings of the research papers presented in this dissertation in Chapter 3. It
roughly follows the research process from initial simulation in Section 2.1 to gather first insights of the process
on the projected scale followed by the design of the experimental facility in Section 2.2. The largest part is
dedicated to the experiments and the resulting insights into the CLG process (Section 2.3).

2.1 Mass and Energy Balance of the Chemical Looping Gasification Process

In any gasification technology where oxygen is supplied to the gasifier, accurate control of the oxygen to fuel
equivalence ratio is critical to balance the exothermic oxidation reactions with the endothermic gasification
reactions to produce a high calorific syngas. For gasification technologies using steam/oxygen or air as
gasification agents this is straightforward through the control of the oxygen containing gas stream. However,
in CLG the oxygen is transported with the solid bed material, which is also used to supply the required heat
to sustain the process temperature.
In Research Paper I an existing process model for CLC in Aspen Plus [138, 139] is extended to include

biomass pyrolysis and used for the calculation of heat and mass balances to investigate possible approaches
to control oxygen input. It utilizes equilibrium calculation and therefore neglects detailed reaction kinetics.
However, it is still useful for the comparison and investigation of basic process control strategies.
For the process control of CLG, the concept of reducing solid circulation, and thus oxygen input, is investi-

gated as a reference. It has a very low FR temperature (TFR ă 750 ˝C), which has a strong negative impact on
gas quality, and is therefore discarded, confirming the need to decouple oxygen transport from solid transport
[112]. The dilution of OC material with sand (while keeping solid circulation constant), which has already
been shown experimentally to be able to control the oxygen to fuel equivalence ratio [121, 122], is simulated
and shows a much higher FR temperature (TFR ą 980 ˝C) for the same CGE and λ. Therefore, this approach
should be preferred during experiments, as it is expected to give much better gas quality with higher syngas
fraction and lower tar load.
As a novel approach which was not published before, neither as experimental nor theoretical investigation,

the limitation of the air feed to the AR was investigated. With this approach not enough oxygen is present to
fully oxidize all the OC particles inside the AR. Hence, the OC particles cannot fully contribute to the oxygen
transport, but behave partially like an inert (e.g. sand) as they cycle through the system. Pröll et al. [140]
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report on OC particles cycling through the system in a reduced form when restricting AR air flow. However,
Pröll et al. [140] also reduce solid circulation and therefore heat transport between the reactors which is the
dominating effect in oxygen limitation [140]. Solid circulation is kept constant during calculation and gives
a resulting TFR ą 920 ˝C for even higher cold gas efficiency at the same λ than for sand dilution and solid
circulation reduction approaches. The main difference between dilution with sand and sub-stoichiometric
AR operation is in the operational flexibility gained from the reduced OC bed material which can be used to
transport oxygen when required for process control. Moreover, solid handling reduces in complexity, as only
one solid material requires feeding equipment and no tailoring of particle size distribution (PSD), particle
density, and attrition behaviour is necessary. Although carbon slip can be expected in the case of solid feedstock
[141, 142], this is not a problem as equilibrium calculations show no formation of CO inside the AR and
reaction of oxygen with carbon is generally preferred to OC oxidation [143–145]. Therefore, the approach
with sub-stoichiometric AR operation is used for initial investigation of optimization strategies as presented in
Research Paper I.
The investigation of possible optimization shows the general trade-off which has to be considered in

autothermal gasification. Gas quality is better (i.e. higher syngas content, lower tar yield) if FR temperature is
high. The CGE decreases with increasing temperature because the required energy to reach a higher FR is
provided by syngas oxidation. The influence of steam to biomass feedstock ratio, OC circulation, temperature
of fluidization media, and AR temperature on CGE and FR temperature are analysed in Research Paper I.
The insights from the equilibrium simulation neglecting heat losses and reactor hydrodynamic can give an
initial qualitative idea of optimization avenues, however, reaction kinetics, hydrodynamic constraints, and
heat losses will affect the quantitative values obtainable in experiments.

2.2 Design of the Chemical Looping Pilot Plant

Based on the model already utilized for the investigations in Research Paper I with the addition of detailed
ilmenite reaction kinetics [146] as in the CLC model from Ohlemüller et al. [139], mass and energy balances
were calculated for the existing 1MWth modular pilot plant. Heat losses for the reactors were assumed to be
Q9 loss,AR “ 50 kW and Q9 loss,FR “ 60 kW falling in the range previously estimated for the reactor system [127,
129]. Moreover, reactor hydrodynamics were considered with calculations of solid entrainment according to
Kunii & Levenspiel [147] implemented in the process model as described by Ohlemüller et al. [138, 139].
Variation of reactor temperature, temperature difference between the reactors, amount of AR fluidization
medium and feedstock input were used to asses the likely operation range of the reactor system and peripheral
systems during experiments. The hydrodynamic regime of both reactors was found to be in the transition
between turbulent and circulating as visualized in the grace diagram in Figure 2.1, indicating that stable
operation as CFB reactors is possible. During the design phase the natural ore ilmenite was selected as a
suitable OC which belongs to category 2 according to Mayer et al. [118]. Although, thermo-gravimetric analysis
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Figure 2.1: Grace diagram indicating the operation regimes of the FR and AR

show lower reactivity of ilmenite compared to other OC (e.g. nickel based [114, 148]) it is still considered a
primary option [149] for chemical looping. The main influence on this decision were the operation experience
with ilmenite [126–129], the availability in the required quantity and PSD, its non-toxicity, and the initial
screening results from OC feedstock ash interaction [94–96].
With the stream results from the process simulation of the core reactor system the reactor periphery was

designed. Already existing equipment was evaluated and in case it was found inadequate, modifications were
designed, implemented, and commissioned. A schematic of the resulting pilot plant configuration is given in
Figure 2.2, with sections of major subsystems or rework highlighted. The modifications include a flue gas
recirculation for the AR to be able to control the oxygen input towards the AR without impacting the reactor
hydrodynamic. The implemented control loops are described in Research Paper IV. In addition, a new syngas
handling line with dedusting, induced draught fan, thermal oxidiser and a new steam fluidisation line for
the FR was designed to prepare the existing pilot plant for the autothermal CLG experiments. A hazard and
operability study (HAZOP) study was performed including all systems in operation during CLG to ensure safe
operation.
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Figure 2.2: Schematic of the CLG pilot plant showing the main subsystems. CS: cooling system, OC: oxygen
carrier, TSL: to safe location. syngas handling: , flue gas handling: , biomass feeding: ,
steam supply: .
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A dedicated section in Research Paper II discusses topics of interest for autothermal CLG operation like
tar production, KPIs, and OC lifetime. Especially the life time of the OC material cannot be easily inferred
from smaller laboratory reactors due to the fact that the circulation time, i.e. the redox-cycle-time, increases
with reactor size. It is unknown whether chemical, mechanical, or thermal stress are the major contributor
to attrition and thus limiting lifetime. However, it is clear that the mechanical and thermal stresses for the
autothermal CLG pilot plant are greater than for the externally heated lab-scale units due to the difference
in size and the greater temperature difference between the reactors. The influence of important operation
variables (thermal load Pth, oxygen carrier to fuel ratio ϕ, solid circulation m9 OC , bed pressure drop ∆p, and
second stage fluidization) which can be varied inside the described experimental facility are discussed as well,
giving an operation strategy for the maximization of the KPIs.

• The variation of Pth is straight forward through the control of feedstock conveying equipment. The
heat losses of the pilot plant depend on the surface area (which is not varied) and on the operating
temperature. Therefore higher thermal input leads to lower relative heat losses if the temperature is
kept constant, and thus higher CGEs can be obtained. Reactor hydrodynamics are influenced by the
corresponding volatiles and the steam to biomass ratio and ϕ changes with the variation of the feedstock
input.

• The OC to fuel equivalence ratio ϕ is controlled via the oxygen availability inside the AR which can be
adjusted by varying the amounts of air and recirculated AR flue gas used as fluidization medium. A
higher value of ϕ (while keeping everything else constant) results in a higher temperature inside AR
and FR. The production of CH4 and tars is reduced with higher ϕ, however, so is the CGE.

• The global solids circulation m9 OC can be adjusted via the variable J-Valve fluidization. Increasing m9 OC

reduces the ∆T between the reactors and thus increases the FR temperature while decreasing the AR
temperature. However, it has a direct impact on reactor hydrodynamics in the form of solid inventory
measured via bed pressure drop ∆p. To keep ∆p constant, fluidization must be adjusted. Therefore
control of m9 OC is more difficult.

• The bed pressure drop ∆p is influenced by the reactor hydrodynamics and the total solid inventory. The
total inventory is controlled via OC make up and bed material removal. Increasing solid inventory allows
for the reduction of fluidization while keeping the solid circulation constant. Higher ∆p is beneficial for
the conversion of the feedstock and leads to better gas quality.

• Second stage fluidization can be used to increase the residence time of feedstock particles in the lower
region in the bed enhancing conversion and gas quality. It can be controlled via the variable routing of
the fluidization medium of the FR to a second inlet at one fifth of the reactor height. This is considered
a backup option if conversion is not sufficient and was not required during experiments.
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2.3 Autothermal Chemical Looping Experiments

2.3.1 Materials

Oxygen Carrier As OC material the natural mineral Norwegian ilmenite was used. During experiments, two
different PSDs, as depicted in Figure 2.3, were used. The finer material has approx. 20% of particles smaller
50µm which was shown to lead to significant solid losses in previous experiments [128, 129] leading to
increased make-up rates cooling down the reactor system. The coarse material exhibits only 20% of particles
smaller 200µm, which will lead to lower entrainment from the reactors and thus lower solid circulation. A
perfectly matched PSD is not commercially available and sieving proofed to be economically infeasibly for the
pilot tests. The oxygen carrying capacity for the ilmenite was determined to be ROC “ 3.7%.
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Figure 2.3: Particle size distribution of the ilmenite used as oxygen carrier material during experiments.

Feedstock The experiments were carried out with three different biogenic feedstocks as given in Table 2.1 in
three dedicated test campaigns. The industrial wood pellets (IWP) were purchased from Eckhard GmbH and
confirm to the norm ENplus A1 and are used as easily available reference feedstock. The pine forest residue
(PFR) was sourced from foresting operations in Sweden and pelleted by AB Torkapparater. The wheat straw
was obtained from farms in Sweden and also processed by AB Torkapparater including dosing of additives
and pelleting.

2.3.2 Process Control

The autothermal CLG experiments were performed with the sub-stoichiometric AR as process control scheme
and the performance is evaluated in Research Paper IV. After attaining sufficient reactor temperature and stable
hydrodynamics and biomass feed during the experiments, the oxygen input towards the AR was restricted
to achieve higher CGE. During the three periods where the switch to the sub-stoichiometric AR operation
was initiated, a characteristic system response with a duration of 2 h to 4 h could be observed. These periods
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Table 2.1: Proximate and ultimate analysis of feedstock used during experiments. LHV : lower heating value,
PA: proximate analysis, UA: ultimate analysis, d.b.: dry base, IWP: industrial wood pellets, PFR:
pine forest residue.

Component IWP PFR WSP

PA [wt.-%] Moisture 8.3 4.4 10.8
Ash (d.b.) 0.3 2.3 4.709
Volatiles (d.b.) 84.6 80.3 77.02
Fixed carbon (d.b.) 15.1 17.4 18.27

UA [wt.-%] C (d.b.) 50.7 51.1 47.65
H (d.b.) 6.1 6.1 5.7
N (d.b.) 0.33 0.44 0.53
O (d.b.) 42.5 40.1 41.15
S (d.b.) 0.008 0.025 0.105
Cl (d.b.) 0.008 0.010 0.076

LHV [MJkg´1] 17.2 18.30 15.3

are investigated in Research Paper IV. The hydrodynamic behaviour of the system was not impacted due to
the partial substitution of AR fluidization air with AR off-gas as described in Research Paper II. The observed
characteristic behaviour of the system response is depicted in Figure 2.4:

• The oxygen output of the AR drops immediately to zero, indicating the sub-stoichiometric conditions.
• The temperatures inside both reactors start decreasing as less oxygen is available for exothermic reactions
to occur. Therefore less OC particles, and subsequently syngas species, are oxidized.

• The CGE starts increasing, because less syngas is oxidized by the OC.
• The H2:CO ratio increases. As ilmenite reaction kinetics lead to a preferred oxidation of H2 [146] it
is postulated that the reduction in OC lattice oxygen availability effects the H2 oxidation to a higher
degree.

With the exception of the first characteristic system response all changes occur over the transient period
until a new stable operation point is reached. The cause of the long transient period is twofold. Firstly, the
refractory lining of the reactor adds enormous thermal inertia to the system, leading to slow temperature
changes, and secondly, the OC acts as an oxygen reservoir which can be depleted until a new steady state is
reached. During this depletion, the oxygen release of the OC inside the FR is higher than the uptake inside
the AR, where oxygen is only available sub-stoichiometrically. Thus the syngas oxidation occurs to a larger
extent than the oxidation of OC particles until the new state with lower reduction, and thus slower kinetics
[146], is reached. The cyclic reduction and oxidation and the effect of sub-stoichiometric process control is
visualized in Figure 2.5 where the overall XS at both reactor outputs decreases as well as the difference of
oxidation degree between the reactors ∆XS .
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Figure 2.4: Characteristic system response of the CLG process when restricting oxygen input into the AR.
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Figure 2.5: Effect of the sub stoichiometric process control on the cyclic reduction and oxidation of the OC
material which is oxidized in the AR and reduced in the FR.

2.3.3 Solid Flux Measurement

The effect of the OC acting as a storage reservoir for oxygen can be confirmed by solid samples, taken during
plant operation from the loop seals. The oxidation degree XS is determined as described in Research Paper III
by oxidation with air and correction for carbon content. The results are depicted in Figure 2.6. The effect

06-20 06-21 06-22 06-23 06-24 06-25 06-26 06-27 06-28 06-290

0.5

1

Date

X
S

XS,in XS,out ∆XS SubS

Figure 2.6: Variation of oxidation degree in loop seal samples during the second test campaign. The back-
ground pattern depicts times at which the oxygen input into the AR was fully consumed by the
OC.

of the process control on the oxidation state of the OC is clearly visible. For the periods where all oxygen
input into the AR is consumed (marked by the pattern in Figure 2.6) the oxidation degree at the AR outlet
decreases. Moreover, during the second period with reduced oxygen input (from 06-26 onwards) the ∆XS is
also clearly reduced compared to the operation before.
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Figure 2.7: Schematic of a dual fluidized bed process indicating relevant streams.

During the test campaign depicted in Figure 2.6 the two different OC PSDs were utilized to investigate
the effect of different hydrodynamic behaviour of finer and coarser PSD (for more details see [150, 151]).
Initially the coarse ilmenite was used until it was switched to the fine ilmenite on 06-26 and the second, longer
period wit sub-stoichiometric process control was achieved. As the PSD affects solids entrainment and hence
solids circulation, it also affects heat and oxygen transport between the reactors. Therefore, the solid material
transported between the reactors is important for the process heat balance and the sizing of equipment, so
accurate knowledge is desirable.
The amount of oxygen transported from AR towards the FR m9 O,ARÑFR is:

m9 O,ARÑFR “ m9 OC ¨ ROC ¨ ∆XS (2.1)

As ∆XS can be obtained from loop seal samples and the oxygen supply to the process m9 O,ARÑFR can be
determined from measured gas flows and compositions, the circulation rate m9 OC can be calculated using a
balance equation with the material constant ROC . Ohlemüller et al. [111] describe using a balance equation
around the FR together with information from the sampled solid material for CLC with natural gas. This
Approach can be expanded to any dual fluidized bed reactor process as depicted in Figure 2.7. This allows for
application to the CLG process where solid biomass feedstocks are used together with the solid bed material.
The following equation was derived for the solid flux m9 S:

m9 S “

m9 Gas,inpyi,in ´
ř

j‰i yj,in ¨ xi,outq ´

m9 Gas,outpyi,out ´
ř

j‰i yj,out ¨ xi,outq

xi,out ´ xi,in

(2.2)

Careful selection of the reference state can lead to xi,out “ 0 simplifying calculation and the required laboratory
analysis. Moreover, guidelines for the selection of species for the balance equation should take the following
criteria into account:
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Figure 2.8: Solid circulation over temperature difference and fuel reactor gas velocity.

• Sample analysis: A species for which the mass fraction inside the sample can easily be analysed
• Process: A species which is only present in a few components in the gas phase, reducing the online
analysis effort

• Reactions: A species which is quickly consumed or released inside the reactor reducing the possible
impact during transient states

The application of the method is demonstrated in Research Paper III on experimental data from CLG
experiments using oxygen as the balanced species which is transported as part of the OC lattice and carbon as
the species which is transported in addition to the OC as unwanted carbon slip. The measured solid circulation
is in the range of 1.8 kg s´1 to 5.7 kg s´1 or related to thermal input 1.2 kg s´1MW´1 to 4.3 kg s´1MW´1. The
sampling procedure of the solid samples is described in detail, together with the description of the preparation
and the analysis of the samples. Based on the measurement uncertainty of the individual methods and on
the equipment utilized for the analysis the propagation of errors was calculated. The resulting values for m9 S

and the uncertainty are compared to other markers indicating changes in solid circulation like temperature
difference between the reactors and fluidization velocity inside the FR (Figure 2.8). It was found that the
carbon based determination of the solid circulation showed no clear correlation to the markers whereas the
oxygen based calculation showed clear correlation. This indicates that the carbon—which is not part of the
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OC lattice—could not be sampled representatively with the employed sampling setup. However, the oxygen
calculation yields results in the correct quantitative range exhibiting the expected qualitative trends, indicating
its usefulness.
Based on the results of the investigation of the solid flux measurement based on solid samples, it was

determined that the sampling method should be selected with regards to the species and that species
transported as part of the solid lattice show superior performance in terms of reliability and time required in
steady-state operation. This is oxygen for CLG. Uncertainty decreases as the mass fraction of the balanced
species released from the solid stream increases with an uncertainty of 20% or below for the oxygen based
calculation during the presented experiments. Moreover, the method does not impact the hydrodynamic state
of the system and can therefore be applied during steady state operation. This opens up the possibility to
analyse the influence of the solid circulation on other KPIs. As high circulation results in high FR temperatures
the effect of circulation on syngas quality is dominated by the temperature effect.

2.3.4 Process Efficiency and Syngas Quality

Research Paper V examines the KPIs for the experiments with woody biomasses (IWP and PFR), while insights
from the tests with wheat straw are included in a separate journal article [151]. KPIs and syngas quality are
assessed for eight steady-state balance points where solid samples, gas sample bags and tar samples give
a holistic insight into the process. Additionally, 708 periods of 20min each were averaged showing system
behaviour and trends during operation. For these periods, CGE (ηCG), carbon conversion (XC), and syngas
yield (YSG) are calculated and analysed against FR temperature and λFR,eff to see important dependencies.
The composition of the permanent gases in the syngas is investigated in parallel.
The cold gas efficiency as depicted in Figure 2.9 is calculated from online gas analysis (H2, CO, and CH4)

as they are the species of interest for further valorization of the product gas stream with higher hydrocarbons,
which contain an appreciable amount of energy, being neglected. A significant amount of energy has to be
generated by the conversion of syngas species to obtain the required temperature in autothermal operation,
resulting in the visible low CGE. Figure 2.9 b shows two trends C to D and E to F for ηCG. They both show
the same behaviour at slightly different levels of ηCG: with increasing λAR,eff ηCG increases. At approx.
λAR,eff “ 0.3, ηCG levels off and decreases again. The initial increase of ηCG is a result of the temperature
increase, which in turn leads to a higher fraction of fixed carbon which is converted to syngas species. However,
with increasing temperatures this effect lessens until the higher carbon conversion cannot offset the required
syngas conversion to sustain the higher temperature. The different levels of the trends are a result of a
difference in thermal load Pth. In Figure 2.9 a the trends are not that clear.
Compared to literature data (e.g. [83, 85, 105]) the CGE as depicted in Figure 2.9 is lower, which is caused

by the high relative heat loss of the pilot plant. However, when comparing the experimentally obtained CGE to
the one predicted during the design phase (Research Paper II) which is in the range of 0.38 to 0.53, it is clear
that much higher CGEs are not possible in the 1MWth modular pilot plant. As the experiments presented
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Figure 2.9: Cold gas efficiency and carbon conversion over a: FR temperature and b: FR efficient λ. Feed-
stock/bed material: • - IWP/fine ilmenite, § - PFR/coarse ilmenite, ‹ - PFR/fine ilmenite.

are the first ever autothermal operation of the CLG process, no prior operating experience exists and the
plant was not operated at optimized conditions. Moreover, the temperatures assumed during simulation could
not be reached as high amounts of heat were extracted due to constructional limitations of the existing AR
cooling lances increasing the heat losses. Therefore, the char gasification happens at lower temperatures
which slows reaction kinetics and therefore reduces the energy that is transferred to the gas phase. This can
also be seen in Figure 2.10 where the carbon conversion is split according to the individual reactors. Here,
with increasing temperature the expected reduction of carbon slip occurs, i.e. more carbon gets converted
inside the FR and less is transported towards the AR with subsequent combustion inside the AR. The clear
trend of the AR carbon conversion XC,AR with temperature seems to indicate that very low carbon slip can be
reached for temperatures in the range of 900 ˝C to 950 ˝C. Nonetheless, as char gasification occurs primarily
inside the dense zone of the fluidized bed (i.e. at the bottom), the preheating temperature of the fluidization
medium/gasification agent steam will also have an effect as it influences the local reactor temperature.
The reactor temperature also plays a crucial role for the generation of tars as depicted in Figure 2.11. There

is a difference in tar production between the employed feedstocks which might be caused by difference in
multiple factors like moisture [79], carbon content, or the inclusion of bark and pine needle [58] in the PFR
pellets. Compared to the literature data included in Figure 2.11, the data suggests that CLG generates less
gravimetric tars and therefore a cleaner syngas than DFBG or steam/oxygen gasification. The reason is likely
the catalytic reforming of tars on the ilmenite [112, 152].
The gas chromatography (GC) tars as depicted in Figure 2.12 show different compositions than the ones

reported by Condori et al. [83] for similar feedstock in a 1.5 kW lab scale unit. The one ring aromatics Benzene
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Figure 2.10: Carbon conversion over a: FR temperature and b: FR efficient λ. Feedstocks/bed material: • -
IWP/fine ilmenite, § - PFR/coarse ilmenite, ‹ - PFR/fine ilmenite.
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Figure 2.11: Gravimetric tar on a dry gas basis. Feedstocks: • - IWP/fine ilmenite, § - PFR/coarse ilmenite, ‹ -
PFR/fine ilmenite, Barsiano et al. [153], Broer et al. ("Heavy Tars") [154] , Kern et al. [155], Kuba et
al. [79].

and Toluene make up the majority of the GC tars detected during the pilot-scale experiments whereas it is
mostly Naphthalene in the lab-scale unit [83]. It is likely that these difference are caused by the difference in
temperature [81] as the reactor temperature in the small-scale unit is higher and more uniform which means
that initial pyrolysis occurs at higher temperatures.
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Figure 2.12: Tars as measured by gas chromatography for the balance points.

The inherent trade-off between efficiency and syngas quality can be observed from the experimental data.
Low temperature means low quality syngas and low carbon conversion, and high temperature means low
CGE. However, the utilization of ilmenite as bed material enhances the process performance in terms of syngas
quality when compared to other gasification processes. Further optimizations like different OC material,
reactor inventory, and feed location are discussed in Research Paper V. Although no optimization could be
performed during the experiments, the KPIs were found to be comparable to other experiments of similar
scale with different gasification technologies.

2.4 Conclusion

Coming back to the research questions formulated in Section 1.4 the overarching question can be answered
positively: during the experiments more than 100 t of biogenic feedstock were converted in over 400 h of CLG
operation, demonstrating that the process can be operated under autothermal conditions. The produced
syngas was analysed via continuous online analysis of major permanent gas components with additional
collection of offline samples for the measurement of higher hydrocarbons by gas sample bags and tar protocol,
and bed material samples taken from loop seals, filter, and bottom product for solid material analysis. The data
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from subsequent processing of the collected off-line samples were incorporated with the online measurement
data in a thorough investigation of KPIs and effects important for large scale operation of the CLG process.
To the four aspects which are part of this cumulative dissertation the following answers were found (details

are in the individual publications in Chapter 3):

1. An industrially applicable process control scheme for the autothermal CLG process with sub-stoichiometric
AR conditions was successfully employed during the experiments. The scheme was able to control the
process and the effect on the OC was studied in detail. The control concept opens up a free choice of
OC materials without the need to find an OC with the correct oxygen carrying capacity ROC for the
process, as the control concept allows the use of all materials with ROC above the minimum required
for the process.

2. An experimental facility for the investigation of the CLG and DFBG process including all relevant
documentation was designed and commissioned and first operation experience was generated. It
consists of two interconnected CFB reactors with an internal solid circulation for the AR and a global
solid circulation which is controlled via J-valve. Although not optimized for the process it allowed for
the investigation of the CLG process under autothermal conditions.

3. Solid circulation rates have been determined utilizing a new method based on solid samples collected
from the loop seals. The method is applicable to all dual fluidized bed processes and the presented
investigation shows an uncertainty of approx. 20%. The actual solid circulation during the experiments
was in the range of 1.2 kg s´1MW´1 to 4.3 kg s´1MW´1 with higher circulation being beneficial to
syngas quality.

4. CGEs up to 0.5, which is slightly below the range estimated during initial design, could be obtained during
the experiments although no optimizations were performed. Carbon conversion is more concentrated
inside the FR when FR temperatures are higher, showing the necessity of process control to keep solid
circulation and thus heat transport high.

Gas quality is better than for gases obtained with other gasification technologies. Gravimetric tar
productions below 1 gN´1m´3 make CLG a prime candidate for syngas production where low tar loads
are required. Optimization of reactor temperature and inventory will reduce the amount of tars even
further.

2.5 Outlook

The results of the experiments present a unique dataset usable as a reference basis for validation of either CFD
or process simulation. In fact, a first CLG process model has been validated against the experimental data
[156]. Investigation of different feedstock like municipal solid waste or various types of industrial and plastic
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wastes and the co-gasification of such feedstocks are important topics in the transformation towards a circular
economy. CLG with solid recovered fuel is a prime candidate for near term investigation as there is a good
reference base with other gasification technologies and waste streams are available in the required quantity
for commercial application. The results encourage further development and upscaling of the CLG technology
where the next step in upscaling would be the erection and operation of a demonstration plant optimized for
the process.
Other OC materials, especially waste materials like steel converter slag, show promising results and superior

performance in lab scale units which should be verified at an industrially relevant scale. For commercial
application lower OC life times might be acceptable if waste materials can be sourced cheaper than natural
minerals and/or show superior syngas quality. The 1MWth modular pilot plant in the configuration for CLG is
a prime location to investigate these issues at a scale where the results can be easily transferred to a commercial
scale.
The solid samples taken during the three test campaigns pose an interesting collection of OC samples

showing the evolution of the OC properties over longer periods under industrially relevant conditions, i.e.
thermal and chemical stress as expected in an commercial unit. Further investigation in atomic composition
and crystal lattice structure of the samples can give information on the changes expected to happen to OC
material during the process and on implications to reaction kinetics and oxygen transport capacity. Moreover,
migration pathways and barriers as well as interaction between bed material and feedstock ash under the
conditions of the autothermal process can be investigated as well.
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Abstract: Chemical looping gasification (CLG) is a novel gasification technique, allowing for the
production of a nitrogen-free high calorific synthesis gas from solid hydrocarbon feedstocks, without
requiring a costly air separation unit. Initial advances to better understand the CLG technology
were made during first studies in lab and bench scale units and through basic process simulations.
Yet, tailored process control strategies are required for larger CLG units, which are not equipped
with auxiliary heating. Here, it becomes a demanding task to achieve autothermal CLG operation,
for which stable reactor temperatures are obtained. This study presents two avenues to attain
autothermal CLG behavior, established through equilibrium based process simulations. As a first
approach, the dilution of active oxygen carrier materials with inert heat carriers to limit oxygen
transport to the fuel reactor has been investigated. Secondly, the suitability of restricting the air flow
to the air reactor in order to control the oxygen availability in the fuel reactor was examined. Process
simulations show that both process control approaches facilitate controlled and de-coupled heat and
oxygen transport between the two reactors of the chemical looping gasifier, thus allowing for efficient
autothermal CLG operation. With the aim of inferring general guidelines on how CLG units have to
be operated in order to achieve decent synthesis gas yields, different advantages and disadvantages
associated to the two suggested process control strategies are discussed in detail and optimization
avenues are presented.

Keywords: chemical looping; biomass gasification; process control; process simulation

1. Introduction

The reduction of greenhouse gas emissions (GHGE) in order to reach the unilateral goals agreed
upon in the UNFCCC Paris Agreement is one of the major challenges of civilization in the 21st century.
While notable advances in the energy sector have been achieved in recent years [1,2], the de-carbonization
of the transport sector, which is responsible for almost one quarter of the European GHGE emissions [3]
and consumes 36% of the global final energy [1], signifies a key issue on the path to a closed carbon cycle.
Especially the replacement of conventional fuels in the heavy freight transport and aviation industry,
where electrification is currently not viable, remains a major hurdle. When considering the European
Union’s Renewable Energy Directive (RED II) [4], which set a target of a share of 14% renewable energy
in the transport sector by 2030, while at the same time alleviating negative impacts on food availability
and prices, it is clear that significant advances in renewable fuel generation are required.

The production of so-called advanced or second-generation biofuels through thermochemical
conversion of biomass-based residues is an auspicious pathway to achieve these goals. Gasification is
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a mature thermochemical biomass conversion process, although its primary use is the generation of
heat and electricity, while the synthesis of advanced biofuels through the gasification route has not
been implemented in an industrial scale, yet [5].

Commonly, biomass gasification is achieved through utilizing air or pure oxygen in the gasifier.
Albeit, pure oxygen is typically used in gasification processes embedded in biomass-to-biofuel process
chains, since a nitrogen-free, high calorific value syngas is required for fuel synthesis [6]. The provision of
this oxygen requires an air separation unit (ASU), which is associated with high capital and operational
costs, hence adversely affecting the energetic plant efficiency and process economics [6,7]. Alternatively,
steam [8–10] or carbon dioxide [10–12] can be deployed as the gasification medium. Yet, either of the
two suffers from slow gasification kinetics [6,13,14] and strong process endothermicity [6,15], limiting
the process efficiency. To circumvent this, the dual fluidized bed gasification (DFBG) technology
achieves feedstock gasification in two connected reactors; a gasifier in which steam gasification of the
deployed feedstock is attained, and a combustor in which the residual char is combusted facilitating
full char conversion and the provision of heat, which is transported to the gasifier using an inert
circulating bed material [16–18].

A similar gasification concept allowing for decent fuel conversions, without requiring an ASU
is the chemical looping gasification (CLG) process, where biomass gasification is also carried out in
two separate reactors (see Figure 1) [15,19–22]. Just as the related chemical looping combustion (CLC)
process, CLG is realized using two coupled fluidized bed reactors, in order to attain good heat and
mass transport characteristics [21,23,24]. Here, steam or carbon dioxide provide bed fluidization and
gasification (see Equations (1) and (2)) of the feedstock in the fuel reactor (FR) [15,24]. Additional
oxygen for the partial (see Equation (3)) or full (see Equations (4)–(6)) oxidation of gaseous hydrocarbon
species, enhancing gasification kinetics and reducing the process endothermicity, is supplied through
a circulating oxygen carrier (OC, MexOy) [19,21,24]. Furthermore, the homogeneous water gas shift
(WGS) reaction (Equation (7)) takes place inside the gas phase.

C + CO2 → 2 CO (1)

C + H2O → CO + H2 (2)

MexOy + CH4 → MexOy−1 + 2 H2 + CO (3)

4MexOy + CH4 → 4 MexOy−1 + 2 H2O + CO2 (4)

MexOy + CO → MexOy−1 + CO2 (5)

MexOy + H2 → MexOy−1 + H2O (6)

CO + H2O ↔ H2 + CO2 (7)

The required oxygen transport to the FR is facilitated through a repeated regeneration of the OC
(see. Equation (8)) in the air reactor (AR) with oxygen contained in the inlet air [15,20,24]. Moreover,
unconverted char is combusted in the air reactor (see. Equation (9)), leading to a full conversion of the
deployed feedstock [23,25].

MexOy−1 + 0.5 O2 → MexOy (8)

C + O2 → CO2 (9)

The latter reaction is generally undesired, as a high carbon conversion is targeted inside the
FR, in order to maximize the carbon capture efficiency of the process [23,26,27]. In literature, carbon
capture efficiencies in the range of 90–99% are reported for CLC [26,28,29]. As approximately one
third of the carbon contained in the feedstock is transferred into the valorized end-product (e.g., liquid
Fischer-Tropsch fuels) in process chains employing CLG for syngas generation, this means that up
to 65% of the carbon contained in the feedstock can be captured and stored, constituting negative
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emissions in case biogenic feedstocks are being employed. Yet, in reality figures falling short of this
value can be expected, as a fraction of the feedstock carbon will be lost in the AR in the form of CO2.

Apart from the oxygen transport, the continuous solid circulation between the two reactors
provides the required heat transport from the AR, in which the exothermic re-oxidation of the OC
occurs, to the FR, where the endothermic gasification reactions take place [15,19,23], thus allowing for
stable elevated reactor temperatures.
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CLG not only offers excellent characteristics in terms of feedstock flexibility [24], but is especially
well suited for biomass-based feedstocks [30,31], commonly exhibiting a reactive char and containing
a large fraction of volatiles. This means that high char conversions can be achieved through the
gasification reaction with steam or CO2, while volatiles are converted to the desired syngas species
through their partial oxidation on the OC surface (see Equation (3)). Furthermore, it is reported that
iron containing materials [32–35] can facilitate the cracking and oxidation of tars, which are known to
be formed in significant amounts during biomass gasification [36].

While the role of the gasification agent is similar in CLC and CLG (i.e., char gasification), the oxygen
carrier is meant to only partially oxidize the gaseous species in CLG, yielding a raw product gas
with a high heating value [23,37], instead of a heat release from the AR, which is used for heat and
power generation in CLC [24,38,39]. This shift from CLC to CLG is achieved through lowering the
oxygen-to-fuel equivalence ratio in the FR to values below unity. An autothermal CLG process,
maximizing the chemical energy contained in the raw syngas without relying on external heating,
is obtained when the net heat release from the process equals zero (neglecting heat losses).

Although one might hence deduce that the transition from CLC to CLG is straightforward,
there are major differences between the two processes. While large OC circulation rates are favorable in
CLC, as they allow for a high oxygen availability in the FR, which favors fuel combustion [40–43] and
provide for a large heat transport from the AR to the FR [41,44,45], the former is not desired in CLG.
Here, the oxygen availability in the FR has to be limited in order to prevent the full oxidation of the
employed feedstock. However, even more so than in CLC, CLG requires large heat transportation rates
from the AR and FR due to the less pronounced occurrence of full oxidation reactions (Equations (4)–(6)),
at the cost of highly endothermic partial oxidation reactions (Equation (3)) in the FR. This leads to a
fundamental challenge in terms of process control, as both, heat and oxygen transfer between the two
reactors, have to be controlled independently in order to attain an autothermal CLG process. Initial
advances to reach this target were made by Ge et al. [37], diluting an active OC material with an inert,
thus obtaining stable reactor temperatures for a lab-scale CLG unit. Yet, due to the significance of this
inherent challenge, an in-depth analysis of this issue is required. Therefore, this work takes a holistic
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approach to this matter, employing process simulations in order to establish suitable process control
measures to attain an autothermal CLG process. In the following, the developed process model will
be introduced in Section 2, before general process control and optimization strategies are presented
and discussed in detail in Section 3. To round off these elucidations, the most crucial findings and an
outlook on future research topics are given in Section 4 of this article.

2. Modelling Methods

2.1. Description of the Process Model

The deployed Aspen Plus™model, shown in Figure 2, is largely adopted from a previous study
by Ohlemüller et al. [25]. Here, the chemical reactions occurring in the AR and FR are modelled
in two separate reactors, whereas gas-solid and solid-solid separation is achieved through cyclones
and separators, respectively. In order to reduce model complexity, the AR and FR were modelled as
equilibrium RGIBBS reactors in this work, as this simplification allows for a basic description of the
most crucial phenomena required for process control and obviates the necessity of accurate kinetic
data. To account for the solid circulation in chemical looping processes, a constant mass stream of
solids continuously cycles through the system (OCR-TOAR/OCO-TOFR), after being added to the
system after initiation of the simulation (INIT).
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Figure 2. Flow sheet of the Aspen Plus™ CLG process model.

For completeness and comprehensibility reasons, all components and streams are briefly described
in the following:

• Prior to any calculation, an initial solid mass flow is given into the system (INIT), to model the
circulating solid OC mass. Instead of estimating the actual solid loss, the approach of Ohlemüller
et al. [25], setting the total OC loss (OCLOSS) to 1% of the circulating mass to achieve fast
flowsheet conversion, was adopted. The same amount of fresh solids was constantly fed to the
AR (MAKEUP), to achieve constant solid circulation.

• For both reactors, cyclones are employed to achieve solid-gas separation. The FR products are
separated into a gas (FRGAS) and solid (SOLTOSEP) stream, via CYCL1 (separation efficiency
100%). Similarly, the AR products are separated into a gas (ARFLUE) and solid stream (OCO-TOFR)
in CYLC2 (separation efficiency 100%).

• All streams entering the process are fed at ambient temperature (T0 = 25 ◦C), except for the stream
STEAM, which is fed as saturated steam (120 ◦C).
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• The steam and the air entering the FR/AR are preheated to a designated inlet temperature (Tair,AR,
TH2O,FR). If not stated otherwise, the inlet temperature of both streams (STEAM, AIR) when
entering the FR/AR is set to 400 ◦C.

• As Aspen Plus™ is not equipped to handle solid fuels, the biomass feedstock (FUEL) is fed to
the decomposer (DECOMP), where it is decomposed into its pyrolysis products (DEVOLAD).
The heat of pyrolysis (Q-DECOMP) is transferred to the fuel reactor. A detailed description of the
decomposer block is given in Section 2.2.

• The pyrolysis products (DEVOLAD), the gasification agent (STEAMX), the OC recycled from the
AR (OCO-TOFR), and the CO2 required for solid feeding and loop seal fluidization (SCREWFLU)
are mixed (FRIN) before entering the fuel reactor.

• Subsequently, the educts entering the fuel reactor (FR) are converted into reaction products
according to the chemical equilibrium at the given boundary conditions (TFR, PFR = 1 atm).

• The solids leaving CYCL1 are separated into the OC fed to the AR (OCR-TOAR) and a stream
containing carbon and ash (SOL) in the solids separation (SOLSEP). This separation signifies the
removal of bed material (i.e., OC, ash and unconverted feedstock) from the FR via sluicing during
operation. Additionally, a fraction of the oxygen carrier material is removed from the system
(OCLOSS), to model OC losses via sluicing and attrition.

• The OC makeup stream (MAKEUP) and the inlet air (AIRX) are mixed (ARIN) before being fed to
the AR.

• Inside the air reactor (AR) the reduced OC and the unreacted char react with the oxygen contained in
the air according to the chemical equilibrium at the given boundary conditions (TAR, PAR = 1 atm).

2.2. Decomposer

Generally, the conversion of a fuel during gasification is described by three subsequent mechanisms:
drying, pyrolysis and gasification [6]. While the gasification step is modelled in the FR, the former
two mechanisms are modelled in the decomposer block in this study. As drying solely encompasses
the release of moisture from the fuel [6,46], the main focus of this section is placed on fuel pyrolysis.
Ohlemüller et al. [25] applied the pyrolysis model of Matthesius et al. [47] to predict the pyrolysis
product composition from coal proximate and ultimate analysis parameters. Although it is reported
that the basic mechanism of coal and biomass pyrolysis are similar [6,7], it was decided to employ a
pyrolysis model specifically tailored for biomass feedstocks, as this study is focused on the conversion
of biomass-based fuels. Neves et al. [48] devised a pyrolysis model for biomass feedstock built on the
basis of an extensive experimental database. Similar to the pyrolysis model by Matthesius et al. [47],
this model solely requires information on the feedstock composition (C, H, O and char content) to
estimate the final chemical composition of the organics after pyrolysis, allowing for its straight forward
implementation into the existing Aspen Plus™model. Cuadrat et al. [49] found that the formation of
tar and larger hydrocarbons (>C1) is negligible in the presence of ilmenite and steam/CO2. Therefore,
the assumption by Ohlemüller et al. [25] and Mendiara et al. [50] that tars and larger hydrocarbons are
directly converted to methane and carbon monoxide was also adopted in this study. Moreover, oxygen
and hydrogen contained in the char were converted to syngas, resulting in a char solely consisting of
carbon. As the FR is modelled based on chemical equilibrium, these simplifications do not have an
impact on the final simulation results.

By applying these assumptions, the product compositions after pyrolysis were calculated on
the basis of the proximate and ultimate analysis of wood pellets, being the model feedstock for all
subsequent considerations (see Table 1).
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Table 1. Summary of the Ultimate and Proximate analysis for industrial wood pellets.

Ultimate Analysis wt-% Proximate Analysis wt-%

C (d.a.f.) 50.8 Moisture 6.5
H (d.a.f.) 6 Ash (d.b.) 0.7
N (d.a.f.) 0.07 Volatile matter (d.b.) 85.1
O (d.a.f.) 43.2 Fixed carbon (d.b.) 14.2
S (d.a.f.) 0.008
Cl (d.a.f.) 0.006

Net calorific value [MJ/kg] 17.96

Since the pyrolysis product composition is highly temperature dependent [6,7,48], a constant
temperature representing the FR temperature during CLG was selected as the input for the pyrolysis
model (Tdevol. = 900 ◦C). A summary of the final product composition after de-volatilization, which
was implemented into the process model, is given in Table 2.

Table 2. Mass yields [wt-%] for DECOMP Aspen Plzus® block for industrial wood pellets according to
pyrolysis model of Neves et al. [48] (T = 900 ◦C).

Component wt-% Component wt-%

ASH 0.65 H2O 14.06
CO 55.20 N2 0.06
C 11.92 CO2 3.11

CH4 13.55 H2S 0.01
H2 1.43

2.3. Boundary Conditions

For all subsequent simulations, the biomass input was selected in such a way, that the thermal
load, Pth, of the chemical looping gasifier amounted to 1 MW. In terms of the circulating solid materials,
the deployed oxygen carrier material is ilmenite, for which is has been established that the major
redox stages are FeO + TiO2, Fe3O4, TiO2 and Fe2TiO5 [51]. These redox stages were modelled as
FeTiO3 (for FeO + TiO2), Fe3O4, TiO2, and Fe2O3 + TiO2 (for Fe2TiO5). Deeper redox stages (e.g.,
FeO) were also considered in the process model, yet were not found to be formed in notable amounts.
The inert solid sand was modelled through pure SiO2. The FR and AR are operated under atmospheric
pressure. Moreover, the air reactor temperature was set to 1050 ◦C, if not stated otherwise. The fuel
reactor temperature results from the energy balance of the process, requiring that both reactors are in
heat balance (

.
QFR = 0,

.
QAR ≥ 0). As the kinetic syngas inhibition of char gasification reactions [8,12]

is not considered in the RGIBBS equilibrium calculation, full char conversion is attained inside the
FR for all temperatures considered in this study. Although this simplification signifies a deviation
from reality, it does not impact the general inferences which will be elaborated on hereinafter. For
the steam to biomass ratio in the FR a value of 0.9, reported for a 2–4 MWth chemical looping gasifier
in literature [52], was selected if not stated otherwise. During CLC/CLG operation CO2 is required
for fuel feeding and inerting. This stream of CO2, entering the fuel reactor, was selected in such a
way that the CO2 to biomass ratio amounts to 0.2, to take into account that the CO2 input through the
feeding section increases with increased thermal load. The two remaining process variables, the air
mass flow entering the AR and the circulating oxygen carrier mass, were adjusted in such a way that
autothermal CLG operation was achieved. A summary of all boundary conditions is given in Table A1
in Appendix A.
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3. Results and Discussion

3.1. Attaining CLG Behavior

Generally, shifting from a combustion to a gasification process is achieved through lowering
the air/oxygen-to-fuel ratio of the process, thereby decreasing the ratio of fully to partially oxidized
gas species leaving the process and hence increasing the heating value of the product gas [6,53,54].
Here, the critical parameter is the so called air-to-fuel equivalence ratio given by the ratio of oxygen
fed to the AR,

.
mO,AR, and the oxygen required for full feedstock combustion,

.
mO,stoich:

λ =

.
mO,AR
.

mO,stoich
. (10)

According to this definition, (close to) full combustion of the feedstock is attained for air-to-fuel
equivalence ratios larger than unity (λ > 1), while gasification processes require sub-stoichiometric
oxygen feeding (i.e., λ < 1).

Due to the dissection of the gasification/combustion reaction into two separate reactors in chemical
looping processes, there is no direct contact between the air entering the AR and the fuel entering the
FR. Hence, the application of an alternative parameter, the oxygen-carrier-to-fuel equivalence ratio, φ′,
relating the amount of oxygen carried by the OC to the FR to the oxygen required for stoichiometric
combustion, has been suggested [43]:

φ′ = ROC· .
mOC

.
mO,stoich

. (11)

Here, ROC denotes the oxygen transport capacity of the given oxygen carrier material. While this
parameter accurately relates the two quantities for CLC, where the OC always leaves the AR in a
(close to) fully oxidized state, this is not necessarily the case in CLG. Therefore, a slightly altered
oxygen-carrier-to-fuel equivalence ratio, φ, considering the possibility of a partially reduced OC leaving
the AR, has been proposed for gasification applications [35]:

φ =
ROC· .

mOC·Xs,AR
.

mO,stoich
, (12)

where Xs,AR signifies the oxidation degree of the oxygen carrier at the AR outlet, given by [24,35]:

Xs,AR =
mOC,AR −mOC,red

ROC·mOC,ox
. (13)

Here, mOC,red and mOC,ox are the mass of an OC sample in a fully reduced and oxidized state
respectively, while mOC,AR is the mass of the OC sample leaving the AR. For ilmenite the fully reduced
oxygen carrier is approximated by FeTiO3, the fully oxidized state is approximated by Fe2O3 + 2TiO2,
and Fe3O4 + 3TiO2 denotes an intermediate redox state (Xs = 0.67).

In order to assess how λ and φ have to be adjusted in order to obtain an efficient CLG process,
one should first assess the general impact of these two parameters on the process. Due to the relative
fast kinetics of the OC re-oxidation [55–57], the oxygen carrier is often assumed to leave the AR in a
(close to) fully oxidized state for λ > 1 in chemical looping processes. In contrast, sub-stoichiometric
air-to-fuel equivalence ratios (λ < 1) only lead to a partial re-oxidation of the OC in the AR. Following
the same logic, the OC material can be assumed to leave the FR in a (close to) fully reduced state in
case φ < 1, whereas partial reduction is attained for φ > 1. From these deductions, it becomes clear
that “standard” CLC operation is attained for λ > 1 and φ > 1, [42,43]. Here, a highly oxidized OC
leaves the AR, before being partially reduced in the FR, which is illustrated in Figure 3a.
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the oxygen-carrier-to-fuel equivalence ratio φ.

When targeting pronounced syngas formation, the oxygen release in the FR has to be limited,
so that full feedstock oxidation is prevented [35,52]. The most obvious avenue that can be pursued to
achieve this is lowering φ below unity. When doing so, the employed air-to-fuel equivalence ratio
λ determines how much oxygen is transported between the two reactors per gram of OC. In case of
λ > 1, which is illustrated in Figure 3b, the oxygen carrier undergoes a full redox cycle and hence the
full oxygen transport capacity of the OC material (i.e., ROC) is exploited. On the other hand, λ < 1
means that in equilibrium the OC leaves the AR in a partially reduced state, hence also reducing the
mass specific oxygen transport of the OC (see Figure 3c). Lastly, one might also consider a process
with λ < 1 and φ > 1, as shown Figure 3d. In order to attain a steady-state process exhibiting these
characteristics, full reduction of the oxygen carrier has to be prevented in the FR (e.g., kinetically),
so that a fraction of oxygen is transported back to the AR. This means that in contrast to the former
approaches, this case cannot be attained in equilibrium-like conditions. While this approach might also
be feasible for CLG operation in theory, straight forward measures allowing for a controlled oxygen
release in the FR are not at hand. Consequently, lowering the oxygen-to-fuel-ratio in the FR (i.e., φ < 1)
is the most promising avenue to attain CLG behavior. When aiming for large syngas yields, φ has to
assume values below unity, while values exceeding unity are targeted in CLC [42,43]. In the following,
different effective control strategies to achieve this reduction in φ, required for pronounced syngas
formation in the FR, while at the same time achieving an autothermal process, will be investigated.

In order to simplify the subsequent considerations, a standard parameter to describe gasification
processes, the cold gas efficiency (CGE), ηCG, will be deployed hereinafter. It describes which amount
of chemical energy from the fuel is transferred to the gaseous FR product gas during gasification [6,7].

ηCG =

.
ngas,FR·(xCH4,FR·LHVCH4 + xCO,FR·LHVCO,FR + xH2,FR·LHVH2)

.
m f uel·LHV f uel

(14)
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Here,
.
ngas,FR and

.
m f uel denote the mole flow of the product gas stream and the fuel input into the

FR, respectively. LHV is the lower heating value of the fuel (mass basis) and the gas species (molar
basis) and xi is the mole fraction of the gas species.

3.2. Reduction of OC Circulation

One approach to obtain CLG behavior, which has been suggested by Pissot et al. [52], is reducing
the amount of OC cycled through the system (

.
mOC), hence reducing φ. This approach can be deduced

directly from Equation (12). Due to the resulting lower oxygen transport to the FR, syngas formation
is favored, as less oxygen for full oxidation of the feedstock is provided by the OC. The simulation
results for this approach are given in Figure 4. When considering the gas composition (Figure 4a) of the
streams leaving the air and fuel reactor, various trends are visible. As expected, the syngas content in
the gaseous FR products increases with decreasing OC circulation rate, which can directly be attributed
to the lower oxygen/fuel ratio in the FR. Consequently, steam and CO2 formation decrease. Yet, it has to
be noted that substantial syngas concentrations are only attained for φ < 1, which requires significant
reductions in the OC circulation rate, when compared to CLC, where OC-to-fuel equivalence ratios as
high as 8 [27] and 25 [40] are reported in literature for solid and gaseous fuels, respectively. For the gas
concentrations leaving the AR, a strong impact of φ on the effluent oxygen is visible. As the inlet air
mass flow was not varied (λ = 1.2), this observation is clear, as less O2 is removed from the gas stream
due to the lower OC circulation for φ < 1. Furthermore, the CO2 content in the AR product is predicted
to be insignificant, indicating a complete char conversion, which is expected in chemical equilibrium.
When considering Figure 4b, showing the solid composition after the fuel and air reactor, it can be
seen that the OC leaves the AR and FR in a fully oxidized (Fe2O3 + TiO2) and reduced (FeTiO3) state,
respectively for φ < 1, whereas the OC is only partially reduced (indicated through the presence of
Fe3O4) in the FR in case φ exceeds unity. Hence, the fraction of FeTiO3 leaving the FR strongly increases
with decreasing OC circulation, signifying a higher degree of reduction of the OC, due to the lower
oxygen availability. As expected one consequently obtains chemical looping combustion behavior (see
Figure 3a) for oxygen-carrier-to-fuel equivalence ratios greater than unity (φ > 1), whereas chemical
looping gasification behavior (see Figure 3b) is attained for φ < 1.Appl. Sci. 2020, 10, x FOR PEER REVIEW 10 of 28 

 

Figure 4. Simulation results for CLG operation through reduced oxygen carrier (OC) circulation. Dry 

molar gas composition (a) and molar solid composition (b) as a function of 𝜙  for varying OC 

circulation rates (𝜆 = 1.2). 

Based on these findings, one can conclude that a successful shifting from CLC to CLG for a given 

air-to-fuel ratio can be attained through a reduction in the OC circulation, which can also be seen in 

Error! Reference source not found.a, showing a linear dependence between the two parameters. This 

means that for a change of 𝜙 from 1.0 to 0.5, the OC circulation rate has to be halved. However, 

lower solid circulation rates also result in a proportional decrease in the heat transport from the AR 

to the FR and hence a drop-off in FR temperatures [35,58]. While a moderate decrease in fuel reactor 

temperatures with decreasing OC circulation rate is visible for 𝜙 > 1, for which complete feedstock 

conversion is attained in the FR, this decrease becomes more prominent for 𝜙 < 1, where gasification 

reactions in the FR are dominant, hence increasing the endothermicity of reactions occurring in the 

FR. Consequently, FR temperatures fall below 800 °C for 𝜙 < 0.5, where the availability of circulating 

OC material for sensible heat transport between the FR and AR is halved, when compared to 𝜙 = 1 

and more importantly the syngas content in the FR products is significant (see Error! Reference 

source not found.a). This increase in syngas content also goes in hand with a decrease in the total net 

heat release from the CLG process (�̇�𝑛𝑒𝑡), which can be calculated from the difference in the enthalpies 

of the streams entering (in) and leaving (out) the air and fuel reactor (see Equation (15)), as the enthalpy 

of the FR products increases. 

�̇�𝑛𝑒𝑡  =  ∑  �̇�𝑖 ∙ ℎ𝑖

𝐹𝑅,𝑖𝑛

 −  ∑  �̇�𝑖 ∙ ℎ𝑖

𝐹𝑅,𝑜𝑢𝑡

 +  ∑  �̇�𝑖 ∙ ℎ𝑖

𝐴𝑅,𝑖𝑛

 −  ∑  �̇�𝑖 ∙ ℎ𝑖

𝐴𝑅,𝑜𝑢𝑡

 (15) 

The decrease in net process heat release with decreasing 𝜙, indicating the retaining of chemical 

energy in the FR products, also becomes visible upon consideration of Error! Reference source not 

found.c, depicting the relative net heat release of the process for the different OC-to-fuel ratios. For 

the given boundary conditions, an autothermal process, for which syngas yields are maximized 

without relying on external heat addition (�̇�𝑛𝑒𝑡  =  0) is attained for an OC to fuel ratio of approx. 

0.5. The resulting cold gas efficiency for this operating point amounts to approx. 60% (see Error! 

Reference source not found.d) at a FR temperature of 775 °C. Although the equilibrium model 

predicts full char and volatile conversions for these temperatures (see Error! Reference source not 

Figure 4. Simulation results for CLG operation through reduced oxygen carrier (OC) circulation. Dry
molar gas composition (a) and molar solid composition (b) as a function of φ for varying OC circulation
rates (λ = 1.2).

65



Appl. Sci. 2020, 10, 4271 10 of 26

Based on these findings, one can conclude that a successful shifting from CLC to CLG for a given
air-to-fuel ratio can be attained through a reduction in the OC circulation, which can also be seen in
Figure 5a, showing a linear dependence between the two parameters. This means that for a change
of φ from 1.0 to 0.5, the OC circulation rate has to be halved. However, lower solid circulation rates
also result in a proportional decrease in the heat transport from the AR to the FR and hence a drop-off

in FR temperatures [35,58]. While a moderate decrease in fuel reactor temperatures with decreasing
OC circulation rate is visible for φ > 1, for which complete feedstock conversion is attained in the FR,
this decrease becomes more prominent for φ < 1, where gasification reactions in the FR are dominant,
hence increasing the endothermicity of reactions occurring in the FR. Consequently, FR temperatures
fall below 800 ◦C forφ < 0.5, where the availability of circulating OC material for sensible heat transport
between the FR and AR is halved, when compared to φ = 1 and more importantly the syngas content
in the FR products is significant (see Figure 4a). This increase in syngas content also goes in hand with
a decrease in the total net heat release from the CLG process (

.
Qnet), which can be calculated from the

difference in the enthalpies of the streams entering (in) and leaving (out) the air and fuel reactor (see
Equation (15)), as the enthalpy of the FR products increases.

.
Qnet =

∑

FR,in

.
mi·hi −

∑

FR,out

.
mi·hi +

∑

AR,in

.
mi·hi −

∑

AR,out

.
mi·hi (15)
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The decrease in net process heat release with decreasing φ, indicating the retaining of chemical
energy in the FR products, also becomes visible upon consideration of Figure 5c, depicting the relative
net heat release of the process for the different OC-to-fuel ratios. For the given boundary conditions,
an autothermal process, for which syngas yields are maximized without relying on external heat
addition (

.
Qnet = 0) is attained for an OC to fuel ratio of approx. 0.5. The resulting cold gas efficiency for

this operating point amounts to approx. 60% (see Figure 5d) at a FR temperature of 775 ◦C. Although
the equilibrium model predicts full char and volatile conversions for these temperatures (see Figures 4a
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and 5d), char, volatile, and tar conversion are known to be kinetically governed processes in chemical
looping systems [25,55,56,59], leading to product compositions deviating strongly from equilibrium
composition [35,52]. Due to this reason, temperature differences in the range of 50 to 100 ◦C are
generally targeted in dual fluidized bed gasification [16], in order to obtain sufficiently high gasifier
temperatures, allowing for decent char, volatile, and tar conversions. Accordingly, FR temperatures in
the range of 850–950 ◦C are desired in CLG, in order to attain high carbon capture efficiencies and cold
gas efficiencies as well as low syngas tar loads [20,23,37,60,61].

These considerations underline that, although the desired reduction in φ is possible, attaining an
efficient autothermal CLG process through a reduction in the OC circulation rate is not a recommendable
strategy as it entails low fuel reactor temperatures, due to the dual-purpose of the OC circulation
(i.e., oxygen and heat transport). Consequently, alternative approaches, allowing for a decoupling of
oxygen and heat transport between the AR and FR and hence increased FR temperatures are required,
in order to attain a CLG process exhibiting the desired characteristics.

3.3. Dilution of OC with Inert Bed Material

One strategy allowing for a decoupling of oxygen and heat transport between air and fuel reactor,
which has been discussed in literature, is employing a mixture of an active OC material and a solid
inert species (e.g., sand) [35,37,52]. Here, the inert fraction serves purely as a heat carrier, transferring
sensible heat between the two reactors, without participating in the occurring reactions, while the
active OC fraction fulfills its dual purpose of oxygen and heat transport. Consequently, this approach
is a combination of CLG and dual fluidized bed gasification, which solely employs inert bed materials
for heat transport. Following this logic, Ge et al. [37] found that through accurately tailoring the mixing
ratio of inert silica sand and hematite, serving as an OC, FR temperatures can be stabilized at elevated
levels (i.e., >900 ◦C), while at the same time ensuring a controlled oxygen transport to the FR, resulting
in large syngas yields.

In terms of the impact of the variation in OC-to-fuel ratio on gas compositions achieved through
this dilution of the OC material with an inert, similar observations are obtained (see Figure 6a).
This means syngas formation increases steadily for φ < 1. Moreover, the OC carrier composition,
shown in Figure 3b, follows similar trends as observed for a plain reduction in the OC circulation rate
(see Section 3.2), with a fully reduced OC leaving the FR for φ < 1 (see Figure 3b), whereas only partial
reduction is observed for φ > 1 (see Figure 3a). Yet, the fraction of active OC material clearly decreases
with decreasing φ, due to the dilution with silica sand.

As the total amount of circulating solids is kept constant, the mass of circulating OC material is
inversely proportional to the dilution factor. This means that there exists a linear relationship between
the solid fraction of the inert material (zSiO2) and φ, which is visible in Figure 7a. Hence, for a given
solid circulation rate, shifting from CLC to CLG can be attained through increased inert dilution.
The positive effect of inert addition on FR temperatures becomes apparent upon consideration of
Figure 7b. In contrast to a direct reduction in the OC circulation rate, the substitution of a fraction
of the active metal oxide with an inert heat carrier allows for a sustaining of FR temperatures above
980 ◦C even for OC to fuel ratios as low as 0.5. Due to this increase in FR temperatures, the average
temperature of the CLG process increases, leading to a slightly increased φ of approx. 0.55 for which
autothermal operation is attained (see Figure 7c) (Higher process temperatures increase the heating
demands of the educts entering the FR and AR and hence reduce the OC-to-fuel ratios for which
autothermal operation can be obtained). Therefore, the cold gas efficiency obtained for autothermal
operation for the given approach is also marginally reduced (see Figure 7d), when compared to the
approach discussed in Section 3.2. Yet, it has to be noted that due to the intensified heat transport
between the AR and FR, significantly smaller reactor temperature gradients are required for the given
approach. Consequently, AR temperatures can be lowered without jeopardizing char conversions
in the FR, thus reducing average process temperatures and allowing for strongly increased cold gas
efficiencies (see also Section 3.5). Another advantage of this approach is that a catalytic material,
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not participating in oxygen transport (e.g., olivine), could be employed for OC dilution instead of sand,
allowing for improved syngas characteristics with regard to tar content.
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Despite the presented advantages, Larsson et al. [35] found that, albeit slightly reducing tar loads,
the addition of an active OC (ilmenite) to an inert circulating bed material in a dual-fluidized bed
gasifier (for φ < 0.2), entails a continuous drop in cold gas efficiency. This was explained by the fact that
ilmenite addition does not enhance char conversion significantly, while its presence leads to a partial
oxidation of the product gas. On the other hand, Pissot et al. [52] found that dilution of an active OC
bed with up to 90% of an inert material does not entail visible enhancements in the cold gas efficiency
of the CLG process, while it has a visible negative impact on carbon conversion. This shows that the
mixing of an inert and an active OC material can have different effects on the process depending on
the governing boundary conditions. Another drawback of this approach is that, albeit the addition
of solids allows for an adjustment of φ during operation, it leads to a large system inertia, making
it an arduous task to quickly react to disturbances. Moreover, a fraction of the solid material has
to be removed from the system for ash removal in a continuously operated CLG unit. Economic
considerations require a separation of these materials for further processing, recycling, and disposal.
Clearly, the presence of a third component (i.e., sand, olivine) further complicates this task. Lastly, it is
known that the operation of a fluidized bed with multiple bed materials of different characteristics
brings about additional challenges in terms of material fluidization, entrainment, and attrition, as well
as bed segregation [62]. Due to these reasons it was also suggested to employ materials of a low oxygen
transport capability (RO), such as LD-slag, containing a large inactive fraction not participating in the
oxygen transport, which fulfills the purpose of the inert heat carrier [52]. Through this, oxygen carrier
circulation rates providing sufficient heat transport between the reactors can be targeted, without
obtaining OC-to-fuel equivalence ratios above unity. Yet, for this approach the main challenge is finding
suitable OC materials exhibiting an oxygen transport capability in the desired range, high activity
towards hydrocarbon conversion, and good chemical and mechanical stability.

3.4. Reduction of Air-to-Fuel Equivalence Ratio

To allow for a less restricted material selection and avoid solid inert addition, an alternative
strategy to decouple oxygen and heat transport between the AR and FR is required. In order to achieve
this, Larson et al. [35] suggested the deployment of a secondary system in which the OC is pre-reduced
before entering the FR. This means that, as shown in Figure 3c, a partially reduced OC enters the FR
(Xs < 1), thus entailing a lower OC-to-fuel ratio (see Equation (12)). Instead of employing a secondary
reactor to accomplish this, one can also operate the AR in a sub-stoichiometric fashion (λ < 1), thereby
preventing full re-oxidation of the OC in the AR. This means that in order to attain CLG conditions,
the amount of air fed into the air reactor can be reduced, while retaining a constant OC circulation.
As a consequence, the OC steadily reaches a lower degree of oxidation, hence lowering its oxygen
release in the FR, until steady state is reached (more details see Appendix B). This approach has
already been pursued in a 140 kWth chemical looping reforming unit, employing methane as a fuel [44].
The suggested concept becomes more lucid when considering the simulation results shown in Figure 8.
Clearly, the amount of fully reduced ilmenite leaving the air and fuel reactor increases when decreasing
the air input into the AR for φ < 1 (see Figure 8b). While the same is true for the solids leaving the FR
for all presented CLG approaches, a strong increase in the FeTiO3 and Fe3O4 content in the AR products
is obtained when reducing λ below unity. This can be explained by the fact that the oxygen available in
the air reactor is insufficient to fully re-oxidize the OC, signified through an O2–free product gas from
the AR for φ < 1 (see Figure 8a). Consequently, a pure stream of N2 containing small concentrations of
Argon and other minor compounds is produced in the AR [44]. Since substantial quantities of OC
are cycled through the system in a fully reduced state, they effectively act as an inert, meaning that
they transfer sensible heat, but do not participate in the occurring chemical reactions through oxygen
release and uptake. However, in practice the reduced OC could potentially function as a catalytic site
for tar cracking and methane reforming and favor the formation of syngas [32–35], thereby enhancing
the process characteristics. Another advantage of the given approach is that an undiluted OC can be
employed, which simplifies the required solid-gas and solid-solid (ash-OC-char) separation and the
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operation of the CLG unit with regard to the fluidization behavior. Moreover, the net heat duty of the
process can be tailored promptly and easily through an adjustment of the air flow to the AR, allowing
for quick responses to disturbances (e.g., variations in feedstock composition).
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The impact of the air-to-fuel equivalence ratio (λ) on φ is shown in Figure 9a. In CLC mode
(λ > 1), where full OC oxidation is achieved in the AR (i.e., Xs,AR = 1), φ assumes a constant value,
given by the amount of oxygen which is transported by a fully oxidized OC for a given circulation
rate, regardless of the deployed air-to-fuel ratio (see Equation (12)). In contrast, lowering λ to values
below unity to attain CLG operation means that φ and λ are equal, as the oxygen transport to the FR is
limited by the oxygen availability in the AR:

φ =


λ for λ < 1

ROC· .
mOC.

mO,stoich
= const. for λ ≥ 1

(16)

The discontinuity of this relation for λ = 1 can be explained by the fact that when surpassing this
value, a transient shift from CLC (see Figure 3a) to CLG (see Figure 3c) behavior (or vice versa) occurs,
which goes in hand with a continuous decrease (resp. increase) in the oxidation degree of the oxygen
carrier, before steady state sets in (more details see Appendix B).
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In terms of FR temperatures, Figure 9b shows that the given approach leads to a successful
retaining of FR temperatures above 900 ◦C, even for φ-values as low as 0.4, due to the transportation of
sensible heat by the OC. Moreover, the given approach yields more beneficial results in terms of the
process heat balance, which can be seen in Figure 9c. Clearly, autothermal CLG operation is attained
for φ = 0.37, which means cold gas efficiencies exceeding 70% can be achieved (see Figure 9d). This is
the case as in contrast to the previous approaches (see Sections 3.2 and 3.3), the AR is not operated in air
excess during CLG operation, reducing the loss of sensible heat through the AR off-gases. This means
that if one would reduce the air feed to the AR to the minimum extent required for full OC re-oxidation
for the CLG approach employing inert dilution (see Section 3.3), enhanced cold gas efficiencies could
be attained. Nonetheless, the given approach clearly shows advantages in terms of process control due
to its flexibility, the possibility of freely selecting a suitable OC material (i.e., no specific limits on RO),
without having to consider material mixtures, and the availability of a catalytically active reduced OC
material, instead of an inert solid, cycling through the system. Moreover, the chemical strain on the OC
material is reduced as the change in oxidation degree for each redox cycle is lower, when compared to
the former approaches, relying on full reduction and oxidation in the FR and AR, respectively (see
Figure 3b,c), which should have beneficial effects on the OC lifetime.

However, one issue that might arise due to the operation of the AR in an sub-stoichiometric fashion
is related to the fact that during operation a fraction of the feedstock char leaves the FR unconverted
and hence travels to the AR with the circulating OC material [23,26,27]. This so called “carbon slip”

71



Appl. Sci. 2020, 10, 4271 16 of 26

leads to competing reactions between the OC material and the residual char, in case the AR is operated
with λ < 1. Yet, simulations show that in an oxygen deficient atmosphere carbon conversion is favored
to OC re-oxidation in chemical equilibrium. Moreover, CO formation shows to be negligible (more
details see Appendix C). Due to the fast kinetics of both char conversion and OC re-oxidation, it can be
expected that equilibrium-like conditions are attained in the AR and hence all residual char is fully
oxidized to CO2 in the AR. This hypothesis is also supported by chemical looping experiments in small
scale fixed bed reactors, during which it was established that in the beginning of the re-oxidation stage
oxygen preferentially reacts with deposited carbon before re-oxidizing the OC [21,63,64]. Nonetheless,
experiments showing that this is also the case in a continuously operated CLG unit and that CO
formation is negligible are required to establish that full char conversion without substantial CO
formation in the AR can be attained for this approach. Another issue related to this approach is the
potential deep reduction of the OC, which could potentially entail problems related to intensified OC
attrition or bed agglomeration. Although the process model does not predict substantial formation of
deeper reduction stages (e.g., FeO) in the FR, such phases, related to bed agglomeration, have been
found to be formed in CLC under highly reducing conditions [51,65,66]. Therefore, the gravity of this
issue should be further investigated in experimental studies.

3.5. Optimizing CLG Efficiency

In the previous section it was established that OC-to-fuel equivalence ratios smaller than unity
are required in the FR. Moreover, it was demonstrated only when decoupling heat and oxygen transfer
between the AR and FR, φ < 1 and FR temperatures above 850 ◦C can be obtained for an autothermal
CLG process. Thermodynamically speaking, it does not make a difference how this decoupling of heat
and oxygen transport is attained, which is why the following considerations will focus on the CLG
approach presented in Section 3.4, employing a reduction in the air-to-fuel equivalence ratio to achieve
CLG behavior.

When optimizing gasification processes, the trade-off between maximizing the carbon conversion
in the gasifier and at the same time attaining high cold gas efficiencies is at the core of many optimization
strategies. This is also the case in CLG, where ηCGE = 1 and complete char conversion is desired,
yet not attainable. While large carbon capture efficiencies are obtained in cases where the char is
gasified in the fuel reactor to a large extent, which is promoted by high FR temperatures [20,23,37],
large steam/biomass ratios [20,37], and high OC-to-fuel ratios (if sufficient char residence times are
provided) [27,52], cold gas efficiencies are maximized by the minimization of the oxidation of H2 and
hydrocarbons in the FR [35]. Although full oxidation of syngas in the FR should be limited to achieve
large CGEs, formation of steam and CO2 in the FR is required to a certain extent to obtain autothermal
CLG conditions. The degree to which this formation of fully oxidized gas species is required is
determined by the criterion of the CLG process being in heat balance (

.
Qnet = 0). This means that the

heat release attained through full feedstock oxidation has to balance the heat demand of pre-heating of
all inlet streams to the given reactor temperatures, the heat of reaction for endothermic gasification
reactions, and the heat losses of the CLG unit. This has also been shown in the previous sections where
despite assuming chemical equilibrium (i.e., full feedstock conversion), cold gas efficiencies deviating
strongly from unity were obtained for autothermal boundary conditions (see Figures 5, 7 and 9).

Therefore, one approach to enhance the cold gas efficiency in CLG is a reduction in the inlet gas
flows entering the air and fuel reactor. Since the air mass flow entering the AR is required to control φ,
this leaves the steam mass flow entering the FR as a free variable which can be altered to enhance cold
gas efficiencies. The effect of a reduction in the steam to biomass ratio on the net heat release of the
process is shown in Figure 10a. It is visible that, with a decreasing steam to biomass ratio, the air-to-fuel
equivalence ratio for which an autothermal process is attained decreases. Due to the direct correlation
between the oxygen availability and cold gas efficiency in CLG (see Figure 10b), this also means that
the CGE obtained for autothermal operation increases with decreasing steam/biomass ratio, so that the
CGE is raised from 72.5 to 77.1%, when decreasing the steam/biomass ratio from 0.9 to 0.3. However,
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it is obvious that the reduction of the steam to biomass ratio would also entail a drop in carbon capture
efficiencies of the process, as less steam is available for char gasification and the kinetic inhibition effect
of syngas increases with decreasing steam concentrations (entailing larger syngas partial pressures)
in the FR [8,12,67,68]. This becomes most obvious for a steam to biomass ratio of 0, for which char
conversions in the FR would be diminutive in a real gasifier, due to the slow kinetics of heterogeneous
solid-solid OC-feedstock reactions [67–69]. As this drop in char conversion is not predicted by the
equilibrium model, the negative effect on process efficiency with decreasing steam to biomass ratio
cannot be evaluated in this study. However, sufficient steam availability clearly is a prerequisite in
CLG, when targeting large char conversions and hence carbon capture efficiencies.

Figure 10. Net heat release and cold gas efficiency for CLC/CLG process as a function of the air to
fuel equivalence ratio for different steam to biomass ratios (a,b), OC circulation rates (c,d), gas inlet
temperatures (e,f), and air reactor temperatures (g,h). Circles mark the cold gas efficiency for
autothermal CLG operation (

.
mOC = const., so φ = λ for λ < 1 and φ = const. > 1 for λ > 1).

Another possible measure to enhance CGEs are variations in the circulation rate of the OC, which is
shown in Figure 10c,d. Clearly, larger solid circulation rates enhance the heat transport between the
reactors and hence entail higher FR temperatures [16]. However, due to material attrition, solid loss,
which necessitates continuous make-up feeding, also scales with the circulation rate. As shown in
Figure 10d, the effect of this material loss on the process heat balance is comparatively small, thus its
effect on the cold gas efficiency is low. However, the model predicts an increase in FR temperatures
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from 892 to 951 ◦C, when increasing the circulation rate from 6.3 to 10.6 t/h. This means that generally,
large solid circulation rates are desired in CLG units, as large FR temperatures are beneficial for volatile
and char conversion [20,23,37]. Yet, it has to be kept in mind that the solid circulation in dual fluidized
bed systems requires solid entrainment from the fluidized bed riser, which can be increased through
an increase in gas velocities (i.e., increase in steam/biomass ratio), smaller particle diameters or smaller
reactor diameters [16]. Moreover, intensified solid circulation also increases the occurrence of a “carbon
slip” to the AR, due to the lower residence times of the char particles in the FR [27,28,70]. This means
that the OC circulation rate can only be varied within a given range.

Increasing the inlet temperature of the steam and air entering the FR and AR respectively, thereby
decreasing the heat demand for heating up of the gases inside the reactor, is a further strategy to
boost cold gas efficiencies. As shown in Figure 10e, this approach allows for a reduction of the
air-to-fuel equivalence ratio from 0.38 to 0.34 when increasing inlet temperatures from 400 ◦C to 600 ◦C.
Hence, maximizing inlet gas temperatures through heat recuperation is a key task in CLG in order
to optimize the process efficiency, which is illustrated by the increase in the CGE from 68.3 to 76.5%,
when increasing gas inlet temperatures from 300 to 600 ◦C (see Figure 10f). Due to the absence of
corrosive compounds and the high process temperatures, the hot off-gases leaving the AR are ideal for
steam generation and heat recuperation. On the other hand, special syngas coolers are being used to
recuperate sensible heat from syngas streams for steam production [71–73], highlighting that efficient
gas pre-heating using heat from process off-gases is possible in CLG.

Furthermore, variations in the AR temperatures can be considered, in order to enhance CLG
process efficiencies. Generally speaking, a reduction in average process temperatures is beneficial for
the process heat release, as pre-heating demands for all educts (i.e., inlet gases & feedstock material)
are being reduced as a consequence, thus allowing for intensified heat extraction for a given air-to-fuel
ratio (see Figure 10g). As visible in Figure 10h, a slight increase in the CGE by 2.4 percentage points
can be attained for autothermal CLG operation when lowering AR temperatures from 1050 to 1000 ◦C.
Yet, it has to be kept in mind that in chemical looping processes, air and fuel reactor temperatures
are coupled, which means that a drop in FR temperatures is an inevitable effect of reduced AR
temperatures. For the given boundary conditions, FR temperatures are projected to directly correlate
with AR temperatures, which means that for the given reduction in AR temperatures from 1050 to
1000 ◦C, a corresponding drop in FR temperatures from 928 to 880 ◦C entails. This means that when
attempting to prevent the ensuing drop in FR temperatures, related to negative effects on volatile and
carbon conversion, OC circulation rates have to be increased accordingly as a counter-measure.

Although these insights allow for a first glimpse on process optimization approaches, it becomes
clear that a detailed consideration of reaction kinetics and reactor hydrodynamics is quintessential,
when aiming for a holistic optimization of the CLG process, as both phenomena have a pronounced effect
on the process parameters. As it is well known that the conversion of char and other hydrocarbons
is kinetically governed [25,55,56,59], the impact of reactor temperature, residence time, and gas
concentrations on reaction kinetics need to be established in detail, allowing for accurate predictions of
the governing reactions in a realistic environment. Moreover, reactor hydrodynamics are a crucial
factor in chemical looping systems [74,75], making it a pre-requisite to consider them in advanced
CLG process models. Through considering these phenomena, it thus becomes feasible to assess to
which extent the preceding approaches can be utilized to obtain a CLG process exhibiting not only
a high cold gas efficiency, but also excellent carbon capture efficiencies. Nonetheless, the preceding
explanations offer valuable insights on the fundamental challenges associated with the autothermal
CLG process, which require catering to, when implementing the technology in large scale.

4. Conclusions

In the course of this study, an equilibrium process model for the chemical looping gasification
of biomass, using ilmenite ore as the oxygen carrier, was deployed to establish adequate process
control techniques to attain autothermal behavior for gasifiers of any scale. It was shown that
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pursuing continuous CLG operation leads to unique challenges in terms of the OC circulation, which is
responsible for both, oxygen and heat transport between the air and fuel reactor. While high OC
circulation is generally beneficial in CLC to achieve complete fuel conversion in the FR and prevent a
drop in FR temperatures, CLG faces an essential dilemma. Here, large OC circulation rates are necessary
to fulfill the process heat balance (i.e., retain constant temperatures in the FR), whereas significantly
lower circulation rates are required in terms of the necessary oxygen transport. Hence, heat and oxygen
transport have to be de-coupled. Based on model calculations, two strategies to achieve autothermal
CLG behavior through a de-coupling of oxygen and heat transport were presented. One eligible
option is the dilution of the OC with an inert solid (e.g., sand), allowing for an accurate tailoring of the
mixture’s heat capacity and oxygen transport capability through its composition. As an alternative,
the oxygen transport to the FR can be controlled through the oxygen availability (i.e., air supply) in the
AR, leading to a deeply reduced oxygen carrier cycling through the system, not being fully re-oxidized
in the AR. While both approaches lead to stable autothermal CLG behavior with sufficiently high FR
temperatures, the latter strategy possesses certain advantages in terms of process control and fuel
reactor chemistry, based on which it was deemed more suitable for large-scale operation. Regardless of
the deployed approach, it was shown that restricting oxygen release in the FR is key in controlling
CLG operation, where large cold gas efficiencies are desired. As partial oxidation of the feedstock is
necessary in order to fulfill the heat balance of an autothermal process, this means that heat losses and
heat sinks in the chemical looping gasifier have to be minimized, so that the oxygen input into the FR
can be reduced, thus boosting syngas yields. Possible strategies to achieve this are gas pre-heating,
variations in the OC circulation, alterations in the average CLG process temperature, and a reduction
in the H2O/biomass ratio in the FR.

Certainly, the presented findings encourage a deeper investigation of the chemical looping
gasification of biomass on a numerical level, as only through the deployment of elaborate models
considering hydrodynamics and reaction kinetics in-depth inferences regarding the process efficiency
are facilitated. Moreover, they also call for experimental investigations of the suggested process control
strategies. Especially the suggested continuous CLG operation with a deeply reduced OC, not being
fully re-oxidized in the AR, means setting foot on a new terrain. Here, the suitability of the presented
approach is decided by the fact whether positive (e.g., pronounced methane reforming ability, increased
syngas selectivity & tar cracking) or negative effects (e.g., intensified attrition, reactivity loss, particle
agglomerations) prevail.
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Nomenclature

Symbol Explanation Unit
hi Enthalpy of stream i kJ/kg
.

mi Mass flow of component/element i kg/h
Mi Molar mass of component/element i g/mole
.
ni Mole flow of component/element i kmole/h
P Power kW
p Pressure bar
ROC Oxygen transport capacity of oxygen carrier -
.

mair,AR Mass flow of air entering the AR kg/h
T Temperature ◦C
xi Mass/mole fraction in gas phase -
Xi Conversion of component i -
Yi, j Mass yield of component/element i from substance j -
zi Mass/mole fraction in solid phase -
ηCC Carbon capture efficiency -
ηCGE Cold gas efficiency -
λ Air-to-fuel equivalence ratio -
φ Oxygen carrier-to-fuel equivalence ratio -

Subscript Explanation
AR Air reactor
devol. Devolatilization.
FR Fuel reactor
init Initial
net net
O Oxygen
OC Oxygen Carrier
ox Oxidation
red Reduction
s Solid
stoich Stoichiometric
th Thermal

Abbreviation Explanation
AR Air Reactor
ASU Air Separation Unit
CGE Cold Gas Efficiency
CLC Chemical Looping Combustion
CLG Chemical Looping Gasification
FR Fuel Reactor
GHGE Greenhouse Gas Emissions
LHV Lower Heating Value
OC Oxygen Carrier
RED II European Union Renewable Energy Directive
WGS Water-Gas-Shift

Appendix A. Boundary Conditions for CLG Process Model

A summary of all model boundary conditions employed for the simulations presented in Section 3.2,
Section 3.3 and Section 3.4 is given in Table A1.
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Table A1. Boundary conditions for 1 MWth CLC/CLG process model for different CLG approaches.

Parameter Approach 1 * Approach 2 * Approach 3 * Unit

TFR 730–1030 980–1030 930–1030 ◦C
TAR 1050 1050 1050 ◦C

pFR/pAR 1.013 1.013 1.013 bar
.

m f uel 200.4 200.4 200.4 kg/h
.

mH2O,FR 180.4 180.4 180.4 kg/h
.

mCO2,FR 40.1 40.1 40.1 kg/h
.

mair,AR 1362.6 1362.6 454–1590 kg/h
TCO2,FR 25 25 25 ◦C

TH2O,FR/Tair,AR 400 400 400 ◦C
.

mOC,init 2.11–8.45 8.45 8.45 t/h
zSiO2 0 0–75 0 wt-%

* CLG approach I: Reduction in OC circulation rate (see Section 3.2), CLG approach 2: Dilution with solid inert (see
Section 3.3), CLG approach 3: Reduction of air inlet into AR (see Section 3.4).

Appendix B. Shifting from CLC to CLG Operation through Variations in the Air-to-Fuel
Equivalence Ratio

As described in Section 3.4, the oxygen availability in the FR is solely dependent on the circulation rate of the
OC and the oxygen transport capability of the OC material (RO), when operating the AR in air excess (λ > 1) in
CLC, as the OC material is fully oxidized inside the AR. When subsequently reducing λ to values below unity
from a steady state CLC operating point (see Figure A1a), the limited air availability in the AR leads to a transient
phase during which the OC undergoes a continuous drop in the oxidation degree with each redox cycle, as more
oxygen is consumed in the FR (combustion conditions) than is being supplied in the AR. As soon as the oxidation
degree in the FR approaches 0, the oxygen availability in the subsequent redox cycle is determined by the oxygen
supply in the AR. Hence, φ is equal to λ from this point onwards. As indicated in Figure A1a, this means that
steady state CLG conditions are attained as a consequence. When on the other hand starting off with steady state
CLG operation (λ < 1) before increasing λ beyond unity, the OC undergoes a transient phase during which its
oxidation degree increases with each redox cycle, since more oxygen is supplied in the AR than is being consumed
in the FR. As soon as the amount of oxygen transported by the OC is sufficient to fully oxidize the deployed
feedstock, CLC conditions are attained. It has to be noted that this can be the case before steady state is reached
(see Figure A1b). This means that despite the described discontinuity in the relation between λ and φ for λ = 1,
a rapid switch in the OC-to-fuel ratio will not occur during operation, as the transition from CLC to CLG or vice
versa will occur smoothly via a transient phase during which the oxidation degree of the OC adapts to the newly
set boundary conditions.
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Appendix C. Char Conversion in an Sub-Stoichiometrically Operated AR

In order to establish how a mixture of unconverted char and a fully reduced OC behaves in an
sub-stoichiometric oxygen containing atmosphere in the AR, a mixture of char (5 mole-%) and a reduced
OC (78 mole-% FeTiO3, 6 mole-% Fe2O3 and 11 mole-% TiO2) were reacted with different amounts of air in an
RGIBBS reactor of varying temperature (900–1100 ◦C). The results for an AR temperature of 1000 ◦C are shown in
Figure A2. It is visible that char conversion occurs prior to OC re-oxidation, as the char fraction is zero regardless
of the deployed air-to-fuel ratio. Moreover, the chemical equilibrium predicts a further reduction of the OC in case
the amount of oxygen contained in the inlet air is insufficient for char conversion. Certainly, this behavior can only
be observed in case of sufficiently long reaction times (rarely given in a fluidized bed), since solid-solid reactions
between OC and char particles are known to exhibit slow kinetics [67–69]. This means that when attempting full
char conversion, the inlet air entering the AR has to be sufficient to provide full carbon combustion. When this is
the case, it can be assumed that full char conversion is attained inside the AR. In terms of the CO content at the
reactor outlet it can be seen that full CO conversion to CO2 is achieved regardless of the utilized air-to-fuel ratio,
indicated by negligible concentrations of CO in the AR outlet (see Figure A2).
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Abstract: Chemical looping gasification (CLG) is a promising process for the thermochemical solid to
liquid conversion route using lattice oxygen, provided by a solid oxygen carrier material, to produce
a nitrogen free synthesis gas. Recent advances in lab-scale experiments show that CLG with biomass
has the possibility to produce a carbon neutral synthesis gas. However, all experiments have
been conducted in externally heated units, not enabling autothermal operation. In this study,
the modification of an existing pilot plant for demonstrating autothermal operation of CLG is
described. Energy and mass balances are calculated using a validated chemical looping combustion
process model extended for biomass gasification. Based on six operational cases, adaptations of
the pilot plant are designed and changes discussed. A reactor configuration using two circulating
fluidized bed reactors with internal solid circulation in the air reactor is proposed and a suitable
operating strategy devised. The resulting experimental unit enables a reasonable range of operational
parameters within restrictions imposed from autothermal operation.

Keywords: chemical looping; biomass; gasification; fluidized bed; autothermal; pilot plant

1. Introduction

The reduction of greenhouse gas emissions is one of the major challenges in the 21th
century. The European Commission sets a minimum share of 14% as a goal for renewable
transport fuels produced from non food or feed sources in 2030 [1] in order to combat global
warming according to the UNFCCC Paris Agreement. This is a major increase from the
less than 0.1% share of renewable transport fuels in 2018 in the European Union (including
food grade sources) [2] and necessitates the development of second generation biofuels.
Moreover, first generation biofuels mostly utilize biochemical conversion from sugar and
starch or physicochemical conversion from plant oil or fat for the production of drop in
fuels [3]. However, these processes cannot be used efficiently for the production of second
generation biofuels from EU approved biogenic sources—as they are low in sugar, starch,
oil and fat and high in cellulosis and lignin—so new production processes are needed.

However, efficient technological pathways for the production of second generation
exist only partially and not in an entire process chain, in the form of thermochemical
conversion through gasification, methanol or Fischer–Tropsch synthesis and subsequent
refining. Gasification, the starting point of the process chain for solid to liquid conversion,
is presently used for the generation of heat and electricity [4] and very little for the produc-
tion of liquid biofuels [5]. It is a well known process which converts solid feedstock in to a
high caloric syngas and is considered to have a high potential for the decarbonization of
hard to electrify aviation and maritime transport sectors. Additionally, the energy required
for the conversion is provided by the biomass feedstock giving the potential of a total
carbon neutral drop-in fuel.
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As the feedstocks considered by the European Union [1] include seasonally varying
types of biomass like husk and straw, as well as more continually sourceable foresting
residue, sewage sludge, and biogenic household waste, fluidized bed gasification with
its good feedstock flexibility seems a suitable process. Moreover, the good heat and mass
transfer characteristics of fluidized bed facilitate complete conversion of the feedstock
into syngas, thus achieving a high carbon conversion [6,7] and process efficiency [7,8].
Furthermore, as fuel synthesis requires an N2-free syngas and thus gasification without the
presence of N2 [9], the subsequent syngas cleaning gives rise to easy carbon capture with
storage or utilization making the carbon footprint of the product negative. The N2-free
gasification environment is usually created by the provision of pure oxygen provided by
an air separation unit (ASU) [9,10], but in fluidized bed gasification another possibility
exists to create an N2-free atmosphere: dual fluidized bed gasification (DFBG) utilizes two
reactors to split the gasification process from the oxidation or combustion process used to
generate the necessary heat while avoiding the expensive ASU. Nonetheless, as heated
solid bed material circulating between the two reactors is used to transfer the energy for
the process, the transport of some amounts of carbon from the feedstock to the gasification
reactor is necessary for the combustion reactor to generate the required heat, giving a
substantial amount of CO2-emission from the process.

The chemical looping gasification (CLG) process operates in a similar manner using
two coupled fluidized bed reactors. However, instead of transporting residual feedstock
from the gasification reactor to one operated with air, it employs a metal oxide to transport
oxygen from a reactor operated with air towards the gasification, thus giving the benefit of
a process with virtually no CO2 emission. So far all experiments with continuous operation
of the process were conducted in lab and pilot scale with external heating [11–15] and a
maximum thermal load of 25 kW [16,17]. Furthermore, autothermal operation has not been
demonstrated and problems of process scale up have not been identified and alleviated.
Therefore the existing 1 MW chemical looping combustion (CLC) pilot plant located at
Technische Universität Darmstadt is modified for the operation and investigation of the
CLG process with biomass.

In this work, the design and modifications of the 1 MW pilot plant are described.
Starting from the underlying, fundamental gasification process, the existing infrastructural
restrictions, and the planed operation range, mass and energy balances are calculated and
required adjustments identified and implemented.

2. Theory
2.1. Gasification Fundamentals

Fluidized bed CLG of solid feedstocks comprises, after initial drying and devolatiliza-
tion, the following main reactions:

C + CO2 ←−→ 2 CO ∆H = 172.4 kJ mol−1 Bodouard reaction (R1)

C + H2O←−→ CO + H2 ∆H = 131.3 kJ mol−1 char reforming (R2)

CO + H2O←−→ CO2 + H2 ∆H = −41.1 kJ mol−1 water gas shift (R3)

C + 2 H2 ←−→ CH4 ∆H = −74.8 kJ mol−1 methanation (R4)

Further important reactions between the commonly used gasification agent H2O [9]
and the formed methane is the steam methane reforming reaction:

CH4 + H2O←−→ CO + 3 H2 ∆H = 206.1 kJ mol−1 steam methane reforming (R5)

CH4 + 2 H2O←−→ CO2 + 4 H2 ∆H = 165 kJ mol−1 steam methane reforming (R6)

where reaction (R6) is the combination of reactions (R3) and (R5).
The influence of reactions (R5) and (R6) largely depends on the formed methane

from devolatilization and reaction (R4). These reactions require a high amount of heat, as
indicated by the reaction enthalpies, thus greatly contributing to the overall endothermic re-

85



Energies 2021, 14, 2581 3 of 25

action inside the fuel reactor (FR). Moreover, it is clear that higher gasification temperatures
lead to lower amounts of CH4.

Reactions (R1) and (R2) necessitate a high amount of heat which cannot be balanced
by the exothermic reactions (R3) and (R4) and has to be supplied for the gasification
process. This heat can either be provided in situ through the oxidation of part of the
feedstock (syngas species, volatiles and char) or externally e.g., through supply of a bed
material heated in a second reactor enabling an autothermal process. The CLG process,
schematically shown in Figure 1, employs both routes to supply the gasification energy.
The solid oxygen carrier (OC) material supplies sensible heat to the fuel reactor (FR) while
also providing lattice oxygen for the oxidation of part of the feedstock.

Figure 1. Schematic of the CLG process showing the cyclic reduction and oxidation of an OC material
which is oxidized in the air reactor (AR) and reduced in the fuel reactor (FR).

However, additional reactions have to be considered when the bed material is a
chemically active part of the feedstock conversion. In the FR where the OC material is
reduced the reactions are:

Mex Oy + CH4 −−→ MexOy−1 + 2 H2 + CO (R7)

4 Mex Oy + CH4 −−→ 4 MexOy−1 + 2 H2O + CO2 (R8)

Mex Oy + CO −−→ MexOy−1 + CO2 (R9)

Mex Oy + H2 −−→ MexOy−1 + H2O (R10)

m Mex Oy + Cm Hn −−→ m Mex Oy−1 + mCO + n/2 H2O (R11)

2 Mex Oy + C −−→ 2 Mex Oy−1 + CO2 (R12)

Solid–solid reactions between char and OC (R12) are generally slower than the hetero-
geneous gas solid reactions (R7) to (R10) and can therefore be neglected [18,19] except for
very high reaction temperatures [20]. The reduced OC is then transported to the air reactor
(AR), where it is oxidized with air in an exothermic reaction:

Mex Oy−1 + 0.5 O2 −−→ MexOy (R13)

C + O2 −−→ CO2 (R14)

Inside the AR the combustion of char, reaction (R14) is favored above the oxidation of
OC through reaction (R13) [20–22], so residual char transported with the OC from the FR
to the AR will be combusted before the oxidation of the OC, adding to the full feedstock
conversion and supplying additional heat to the exothermic re-oxidation, (R13). However,
(R14) is undesired during CLG, as it reduces the major advantage of a virtually CO2-free
flue gas stream from the AR when compared to DFBG.

CLG has been demonstrated to work as a continuous process in externally heated
bench and lab-scale units up to 25 kW [17]. Large-scale experiments at Chalmers
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University [23] suffer from the necessity of the AR to supply hot water for building heating
and thus the requirement of significant fuel feeding to the AR. Therefore, exhibiting a
severe mismatch of reactor dimension of factor 3 to 6 [24] while not depending on (R13) for
heat release inside the AR. Hence, these experiments cannot be considered autothermal or
even CLG, creating a need for experiments in a bigger scale to confirm the possibility and
investigate the performance of autothermal CLG.

Process parameters considered important during the design are the cold gas efficiency:

ηCG =
ṅFR,out(XCH4 · LHVCH4 + XCO · LHVCO + XH2 · LHVH2)

ṁFS · LHVFS
(1)

with Xi being the mole fraction of species i, LHV the lower heating value, and ṅFR,out and
ṁFS being the product gas output and the feedstock input, respectively. The oxygen carrier
to fuel equivalence ratio is defined by [25]:

φ =
ROC · ṁOC · Xs,AR

ṁO,stoich
(2)

Xs,AR =
mOC,AR −mOC,red

ROC ·mOC,ox
(3)

In this definition the oxygen required for full feedstock conversion is mO,stoich, ROC is
the oxygen transport capacity of the OC material, Xs,AR is the oxidation degree of the OC,
mOC,red and mOC,ox are the mass of the fully reduced and oxidized state respectively, while
the mass of the OC leaving the AR is mOC,AR. For gasification φ has to be smaller than
unity to prevent the full oxidation of the feedstock [25,26]. However, syngas formation
is observed even for values of φ > 1 [27]. Values of φ < 1 can be achieved by reducing
the mass flow ṁOC or the OC oxidation, i.e., mOC,AR − mOC,red. The first option has the
disadvantage of also influencing the heat transport Q̇ between the reactors:

Q̇ = ṁOC · cp · ∆T (4)

with cp, the heat capacity of the OC and ∆T, the temperature difference of OC particles
entering and leaving the FR. The influence of the OC oxidation on cp is small and can be
compensated by adjustments of ṁOC during practical application of option two.

Additionally the fraction of syngas in the dry product gas is defined as:

xSG =
XCO + XH2

XCH4 + XCO + XH2 + XCO2 + XH2S + XN2

(5)

2.2. Bed Materials for Chemical Looping Gasification

The selection and testing of bed materials is a crucial task when designing a CLG
process. Eight criteria for CLC are given by Adanez et al. [28] and repeated here with notes
on how they apply to CLG:

1. Oxygen transport capacity: as gasification processes limit the supply of oxygen below
the stoichiometric ratio required for full feedstock conversion, a high oxygen transport
capacity is not so important as the process is limited by the sensible heat transported
and not the oxygen [16,26]. For CLC the supply of excess oxygen is not critical, for CLG
it must be limited without impairing the transport of sensible heat as otherwise, the
temperature in the FR would drop, negatively influencing the gasification [26].

2. Thermodynamic suitability: the bed material must be able to oxidise the feedstock
at least partially while not releasing molecular oxygen. Thus chemical looping with
oxygen uncoupling (CLOU) materials cannot be used for CLG.

3. High reactivity over multiple reduction-oxidation cycles: activation over multiple
cycles can increase or decrease reactivity.
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4. Stability: the expected lifetime of the bed material should be as long as possible,
as losses through attrition need to be compensated by a make-up stream. This make-
up stream requires heating to process temperature, thus always leading to an efficiency
drop. Measurement and calculation of OC lifetime is not straightforward and can
vary by a factor of 3.2 for one experiment depending on the method used [29].

5. Carbon deposition: carbon transport towards the AR with subsequent combustion
negatively impacts carbon utilization and capture efficiency. However,
Adanez et al. [28] note that no carbon deposition has been found in relevant studies.

6. Fluidization properties: formation of agglomerates or low melting compounds with
parts of the feedstock must be avoided. This becomes difficult if a herbaceous
feedstock—high in ash and alkali metals—is used and might require mitigation mea-
sures like pre-treatment [30,31] or feedstock mixing [32].

7. Cost: the current production cost for synthetic materials make them non competitive
when compared to naturally occurring minerals or waste materials.

8. Toxicity: deployment of environmental friendly and non-toxic OC material avoids
special and costly requirements during handling and disposal of deactivated OC
material.

Moreover, the design for pilot and demonstration plants need to consider an addi-
tional point:

9. Availability: the selected material must be available in the required quantity. Synthe-
sized OC materials are not available on a commercial scale yet. So a natural ore or a
waste material must be used.

Especially OC materials which are categorized as materials for syngas production [33–35]
are problematic as they are either synthetic materials not available in the required quantities,
expensive or toxic to humans and the environment. However, even materials with full
oxidization capability for combustion can be used for the production of high calorific syngas
when suitable control concepts are employed [11,16,26]. While lots of operating experience
with bed materials for DFBG in the range above 1 MW exists [36], there is little experience
with OC materials in the same power range [23,25]. However, even those experiments do
not give a good indication of their process performance, as the AR—or rather combustor,
as it is always fed with fuel—used is oversized by a factor of 3 to 6 [24], effectively creating
a reservoir of OC and sensible heat more dependent on the required energy for heating
supply than the CLG process. Moreover, higher attrition rates of e.g., ilmenite are reported
for CLG when compared with CLC [11] but if the effects are the same in a bigger CLG
plant is still an open question. Due to the small size of lab-scale reactors, the OC material
undergoes more oxidation/reduction cycles per hour, thus giving higher stress from chemical
conversion when compared to the mechanical stress from the transport through the reactors
and coupling elements.

Depending on the requirements of the targeted application for the syngas, a last point
is to be considered when selecting the OC bed material:

10. Catalytic properties: selecting a material (or additive) which catalytically reduces
the formation of unwanted components like tars [37,38] and CH4 [39] or binds ele-
ments to the solid fraction (e.g., sulphur in form of gypsum) as a primary method.
Secondary gas cleaning methods might therefore not be necessary or can be designed
much smaller.

Tar production is of major concern for subsequent syngas treatment especially for
biomass gasification where tar production is high [40]. Bed height, bed material, tempera-
tures, velocities, feedstock, and feedstock feeding location [37] have an influence on the
production of tars. Existing kinetic models for the prediction of tar production are not
applicable as they are developed for a very specific process and reactor size [15], need
fitting against the actual reactor performance [41], or are not reliable in the prediction of
tars formed [42–44]. Furthermore, no model was developed for CLG yet.
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3. Process Design

In the following, the CLG technology fundamentals described in Section 2 are com-
bined with boundary conditions from the existing pilot plant as well as feedstock properties
and hydrodynamic characteristics yielding a process design suitable for the demonstration
of autothermal CLG in the existing 1 MWth pilot plant.

3.1. Existing Pilot Plant

The heart of the CLG pilot plant consists of two refractory lined circulating fluidized
bed (CFB) reactors which are coupled using two loop seals and one J-valve and have
properties indicated in Table 1. The CFB400-reactor of the pilot plant has been used as
gasifier for High Temperature Winkler (HTWTM) gasification [45,46] and as FR in the CLG-
related processes for chemical looping combustion, while the CFB600-reactor has been
used as AR [47–51]. Thus major components can be reused for CLG by combining elements
from the CLC and the HTWTM process configurations. Nonetheless, major adaptations
are made, as the HTWTM configuration is build for lower fluidization velocities and with
0.5 MWth [45] also for lower thermal input.

Table 1. Reactor properties of the 1 MW CLG pilot plant.

Reactor AR—CFB600 FR—CFB400 Unit

Height 8.66 11.35 m
Inner diameter 0.59 0.28 to 0.4 m
Outer diameter 1.3 1.0 m

Temperature 1050 950 °C

Fuel feeding in bed (propane lance), return
leg of LS 4.5 (solids) in bed via screw (solids)

Furthermore, as electrical preheating temperatures of fluidization media are limited
to 400 °C, process stream heating has to be done inside the reactors, negatively impacting
cold gas efficiency which would be optimized in an industrial plant using heat integration.
The cooling system sets a limit of 1 MWth which can be safely handled for CLC. However,
as a major part of the energy of the feedstock remains as heating value in the product gas,
feedstock input above the 1 MWth is possible for CLG.

Therefore the following case has been set as design specifications for the investigations
of CLG for which mass and energy balances were calculated, required changes to the pilot
plant identified and modifications designed.

• As the cooling system is designed to handle a thermal load of 1 MW safely, the design
power of the pilot plant is is set to 1 MWth.

• Ilmenite as OC: For the selected thermal power, a total inventory of about 1000 kg was
used during CLC experiments in the pilot plant [50], and the same can be expected
for CLG. Thus, of the points listed in Section 2.2, the availability is a major concern
for experiments in that scale, and a natural ore or a widely available waste material
had to be selected. Recent studies show promising results for ilmenite in continuous
units [11], and operating experience with ilmenite in the pilot plant exists [49,50].
Moreover, ilmenite has been shown to catalytically reduce tars [25,52].

• Temperatures for the AR of 1050 °C and 950 °C are considered the maximum viable
temperatures. Higher FR temperatures will yield a higher H2/CO ratio at the expense
of lower cold gas efficiency. So slightly lower FR temperatures might be desired in
industrial application. Moreover, as OC ash interaction may lead to problems at high
temperatures [31] and the temperature difference between the reactors is an important
parameter for process control [26], the FR temperature is not fixed and considered an
important variable in the planned experiments.

• Industrial wood pellets as feedstock as described in Section 3.2.
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3.2. Feedstocks

As model feedstock for the calculation of the heat and mass balances and the design
of modifications, industrial wood pellets have been selected, as they are widely available
and allow for easy comparison with existing gasification technologies in pilot and demon-
stration scale where wood based materials are gasified [36]. Additionally, wheat straw,
as a seasonal varying biomass source, and pine forest residue, as a more constant source,
are selected as feedstocks from the EU-approved list [1] for experimental investigations.

Initial investigations of wheat straw by Di Giuliano et al. [31] indicate that it is
a difficult feedstock for CLG, due to its low ash softening point and the possibility to
cause agglomerates and bed defluidization, so that it requires at least some pre-treatment.
However, as fluidization velocities in the CFB reactors are two magnitudes higher than the
investigated fluidization velocities, the required pre-treatment cannot be directly inferred,
but a higher fluidization velocity seems to lower the required pre-treatment effort [31].
Moreover, reaction kinetics for pelletized wheat straw in various bed materials are similar
to pellets of pine forest residue [53] opening up possibilities to switch between these
feedstocks during gasifier operation. Nevertheless, additional investigations on the pre-
treatment of wheat straw are needed to be able to give accurate information on the fuel
properties—which are indicated in Table 2 for the planed feedstocks—as they vary with
pre-treatment. It is assumed that pre-treatment of wheat straw will make handling and
gasification easier, as it reduces agglomeration tendencies (additivation, torrefaction) and
water content (drying, torrefaction). Thus, raw wheat straw is the most difficult to gasify
and can be used as a lower end in feedstock quality.

Table 2. Proximate and ultimate analysis of feedstocks.

Component Wood Pellets Pine Forest Residue Wheat Straw

Proximate Analysis in wt.−%

Moisture 6.5 7 7
Ash (d.b.) 0.7 1.86 7.5

Volatiles (d.b.) 85.1 78.86 81.5
Fixed carbon (d.b.) 14.2 12.28 11

Ultimate Analysis in wt.−%

C (d.a.f.) 50.8 52.7 48.2
H (d.a.f.) 6 6.4 6.5
N (d.a.f.) 0.07 0.39 0.43
O (d.a.f.) 43.2 40.5 44.9
S (d.a.f.) 0.008 0.05 0.11
Cl (d.a.f.) 0.006 0.007 0.05

Net calorific value in MJ kg−1 17.96 18.41 17.12

3.3. Heat and Mass Balances

Heat and mass balances for the pilot plant were calculated considering reaction kinetics
of ilmenite and reactor hydrodynamics using a validated Aspen PlusTM model for CLC [51]
extended to cover biomass gasification via a Langmuir–Hinschelwood mechanism [26].
However, instead of an equilibrium model used by Dieringer et al. [26], the more realistic
original reaction kinetics for ilmenite were used for the OC gas reaction. As a starting point,
the CLC case was selected in terms of reactor dimensions, temperatures, solid inventories,
pressure, and loop seal (LS) fluidization. The feedstock flow ṁFS (industrial wood pellets)
was selected as 1 MWth, and the heat losses were assumed to be 110 kW which falls in the
reported range of 60 kW to 200 kW [48,50]. Furthermore, heat losses are considered to be
dependent on reactor temperature and independent of feedstock input. LS fluidization
with CO2 is set to 84.2 kg h−1 based on previous operating experience [49,50]. To obtain
autothermal operation at these conditions, the oxygen availability inside the AR was
varied through the inlet feed rate of air into the AR, while the heat transport between both
reactors was controlled through the global metal oxide solid circulation rate (ṁOC,AR,out,
ṁOC,FR,out), until both reactors were in heat balance. The hydrodynamic constraints related
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to the required solid entrainment (calculated as suggested by Kunii and Levenspiel [54],
described in detail elsewhere [51,55]) from each reactor were achieved by varying the steam
inlet flow ṁH2O and flue gas recirculation inlet flow ṁAR,reci for the FR and AR, respectively,
while setting internal solid circulation to zero. All boundary conditions are listed in Table 3,
and the corresponding results are in Table 4. The listed streams are visualized in the reactor
configuration in Figure 2.

Table 3. Boundary conditions for the simulation of autothermal CLG operations of the 1 MW
pilot plant.

Property Value Unit Property Value Unit

dp,50 154 µm TGas,in 400 °C
∆pFR 61 mbar ∆pAR 90 mbar
pFR 1 bar pAR 1 bar
dFR 0.28 to 0.4 m dAR 0.59 m
hFR 11.35 m hAR 8.66 m
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CycloneCyclone

Loop Seal Loop Seal

ṁOC,AR,out

ṁOC,FR,out

ṁH2O,FR,inṁAir,AR,in

ṁGas,AR,out ṁSG,FR,out

Q̇loss,FR

ṁOC,AR,internal ṁFS

Q̇loss,AR

ṁGas,AR,reci
ṁCO2 ,FR,in

ṁH2O,FR,out

Figure 2. Streams for the calculation of mass and energy balances of the CLG process.

In small scale units where the energy is supplied via furnace heating, the oxygen
supply can be controlled via the circulation. However, in the 1 MW pilot plant the heat
is supplied only via the circulation of the bed material. From the results of the Reference
case, it can be seen that the transport of oxygen must be limited in order to obtain a
good gasification process, while the solid circulation must remain high as indicated by
the substantial amount of recirculated gas fed to the reactor. Thus, a new control method
for the oxygen transport must be realised, decoupling the transport of oxygen from the
transport of sensible heat as described by Dieringer et al. [26]. Moreover, the superficial gas
velocity u0 in the AR is below the range of a CFB, as shown in Figure 3, while the calculated
solid flux GS is also below the range commonly observed in commercial CFB units [56].
Indeed, past operation of the AR showed good performance with superficial gas velocities
of approximately 3.5 m s−1 to 5 m s−1. In the pilot plant, the installation of a (partial) flue
gas recirculation for the AR is used to increase u0 while also supplying the inert fluidization
medium required for the process control. Increasing the solids discharge from the AR—
while keeping the global solids circulation constant—creates the need for an internal solid
circulation in the AR—where material not transported through the J-valve is returned via
the LS—which is not common in smaller units. In fact, most lab- and bench-scale units
have internal solids recirculation for the FR to enhance carbon conversion [57] or no solids
recirculation at all [11,17]. Nonetheless, this solution comes with a penalty, as additional
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fluidization medium is needed and has to be heated to process temperature. However,
reducing the diameter of an existing, refractory lined reactor is costly and time consuming,
so the efficiency penalty has to be accepted; yet it also opens the possibility to use the start-
up burner for fast temperature adjustments in-between experimental set points without
severe impact on reactor hydrodynamics. In a commercial unit, the diameter would be
designed according to process specification and corresponding hydrodynamics, requiring
the flue gas recirculation only for process control. Nonetheless, this initial estimation shows
that CLG is possible in the existing 1 MW pilot plant.

Table 4. Simulation results for autothermal CLG operations of the 1 MW pilot plant. Stream names correspod to Figure 2.
Boundary conditions deviating from the reference case are underlined. The first block contains the thermodynamic
and hydrodynamic constraints and results, the second block contains the process streams (in some cases with compo-
sition). The third block gives information on solid composition for the FR, while the last block shows general process
performance parameters.

Stream Reference HT1 HT2 HF HP1 HP2 Unit

TAR 1025 1050 1050 1025 1025 1025 °C
TFR 900 900 950 900 900 900 °C
ṁFS 200.4 200.4 200.4 200.4 240.48 280.56 kg h−1

u0,AR 3.42 3.12 3.97 5.03 5.01 5.01 m s−1

u0,FR 6.25 5.46 7.64 5.67 6.23 6.75 m s−1

Q̇loss,AR 48.5 49.4 49.9 49.3 50.5 49.6 kW
Q̇loss,FR 59.8 61.8 59.8 61.3 59.4 61.2 kW

ṁOC,AR,out 7180 5690 9979 6244 7257 8285 kg h−1

ṁOC,FR,out 7130 5649 9906 6175 7199 8236 kg h−1

ṁOC,AR,internal 0 0 0 12,120 10,994 9971 kg h−1

ṁAir,AR,in 640 600 745 730 760 802 kg h−1

ṁGas,AR,out 950.6 854.6 1062.7 1404.3 1413.6 1425.5 kg h−1

— XCO2 ,AR 0.111 0.117 0.096 0.098 0.111 0.122
— XO2 ,AR 0.004 0.003 0.005 0.005 0.004 0.003

ṁAR,reci 360.7 296.3 391.2 744.3 708.2 672.8 kg h−1

ṁH2O,FR,in 301.53 237.04 383.83 247.14 263.4 276.94 kg h−1

ṁCO2 ,FR,in 84.2 84.2 84.2 84.2 84.2 84.2 kg h−1

ṁH2O,FR,out 362.9 294.5 451.5 318.8 337.9 354.0 kg h−1

ṁSyngas,FR,out 271.1 267.0 287.8 280.5 307.3 334.3 kg h−1

— XCO2 ,FR 0.466 0.439 0.543 0.531 0.440 0.377
— XCO,FR 0.304 0.317 0.240 0.277 0.324 0.354
— XCH4 ,FR 0.092 0.099 0.057 0.072 0.095 0.113
— XH2 ,FR 0.139 0.145 0.160 0.119 0.141 0.156
— XH2S,FR 5.26 × 10−5 5.22 × 10−5 5.13 × 10−5 5.38 × 10−5 5.48 × 10−5 5.56 × 10−5

ṅSolid,FR,out 14.84 11.54 20.60 13.38 15.09 16.90 mol h−1

— XC,out 0.04 0.05 0.03 0.05 0.05 0.05
— XFe2O3 ,out 0.09 0.06 0.10 0.13 0.09 0.07
— XFeTiO3 ,out 0.68 0.76 0.66 0.57 0.68 0.74
— XTiO2 ,out 0.18 0.12 0.21 0.25 0.18 0.14
ṅSolid,FR,in 15.55 12.11 21.70 14.43 15.93 17.54 mol h−1

— XFe2O3 ,in 0.17 0.16 0.18 0.23 0.19 0.15
— XFeTiO3 ,in 0.48 0.53 0.47 0.30 0.44 0.55
— XTiO2 ,in 0.35 0.31 0.35 0.46 0.37 0.30

— XFe3O4 ,in 0.00 0.00 0.00 0.00 0.00 0.00

ηCG 0.474 0.505 0.384 0.396 0.475 0.531
xSG 0.443 0.462 0.400 0.396 0.465 0.511
φ 0.585 0.412 0.836 0.729 0.537 0.412
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Figure 3. Grace diagram indicating the operation regimes of the FR and AR .

In order to asses the exact limits and to find the corresponding bottle necks where
adaptations are needed, some variations on the boundary conditions have been made to be
able to decide on equipment alteration and to generate data for the subsequent detailed
design. While the simulation of the reference case yields a cold gas efficiency ηCG of 0.474,
values above 0.8 are reported for externally heated continuous units with a slight increase
of ηCG with increasing FR temperature [11]. Thus, two additional points with increased
AR temperature (HT1) and increase of both reactor temperatures (HT2) were considered
to test the feasibility of higher temperatures in the 1 MW pilot plant. The low superficial
gas velocity for the AR was raised to u0,AR = 5 m s−1 by increasing the flow of fluidization
medium (HF) to see the effect and possibility at higher inlet and outlet streams. This
case was also used as a basis for an increase in fuel input to 1.2 MW (HP1) and 1.4 MW
(HP2) to reduce the relative impact of heat loss and test the limits of the syngas handling
equipment. During experimental operation, the AR superficial velocity would be targeted
at slightly above the minimum discharge needed for either stable operation or required by
the process—whichever is higher—in order to keep the negative impact of heat demand by
fluidization medium low. However, for design purposes, the upper end of the range has to
be considered.

From the variation of the reactor temperatures, it is clear that increasing the AR tem-
perature is beneficial to process efficiency, while also increasing the FR, negatively impacts
the process performance. For HT1 the increased heating demand in the AR is counteracted
by the reduced solids circulation (ṁOC,FR,out and ṁOC,AR,out) needed to supply the heat
for the gasification process and thus reducing the overall amount of required fluidization
medium (ṁAir,AR,in, ṁAR,reci and ṁH2O,FR,in) to achieve this lowered solids circulation. The
higher FR temperature in HT2 leads to a syngas composition higher in H2 and lower
in CH4 which is desired, but also requiring significantly higher solids circulation. The
corresponding heating requirement of fluidization medium negatively impacts process
efficiency. The influence on the syngas quality is caused not only by the raise in gasification
temperature, but also in the added steam content from fluidization, influencing reactions
(R3), (R5) and (R6). The biggest effect has the increase of the oxygen carrier to fuel equiva-
lence ratio φ which raises the relative contribution of oxidation reactions (R8) to (R12).
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The increase in AR solids entrainment through higher fluidization velocity (HF) essen-
tially decouples the reactor hydrodynamics of both reactors. Here the model constraint of
no internal solids circulation ṁOC,AR,internal is omitted. Instead, the superficial gas velocity
u0,AR is targeted at 5 m s−1. The higher heat demand for the fluidization medium here has
to be supplied by exothermic reaction (R13) leading to a higher degree of OC oxidation as
indicated by the increase in φ. Consequently, the solids circulation between the reactors is
lowered as more oxygen is supplied per OC mass. This leads to lower fluidization require-
ments and heat demand in the FR reducing the negative impact of the higher fluidization
velocity in the AR. Increasing the feedstock input ṁFS while keeping the AR hydrodynamic
constant (HP1 and HP2) positively influences process efficiency, as the relative increase
in FR fluidization medium required for solids discharge is only about half of the relative
increase in feedstock. Thus, only a relatively small part of the additional feedstock is used
to cover the energy requirement of the additional fluidization medium, while most of the
additional feedstock energy is available for the conversion into syngas making a positive
impact on syngas content and cold gas efficiency. This positive influence is mostly caused
by more beneficial reactor hydrodynamics and lower relative heat losses of the reactors.

The simulated cases shed light on the process range the reactors can be operated
without major modifications, and also highlights the huge impact of heat loss and heat
demand in this scale of experiments. It shows that higher FR temperatures in case HT2
require higher fluidization and bigger size of downstream syngas equipment than signifi-
cant increases in feedstock input (HP2) making this the more critical case to be considered
during design. Although the syngas quality increases with higher FR temperature, the
cold gas efficiency is drastically reduced, which is in contrast to the observations from
Condori et al. [11]. This discrepancy can be explained by the external heating in the lab-
scale plant, which can thus compensate the higher heating demands of the process streams.
The positive effect of high temperatures for process streams entering the reactors has been
shown [26], highlighting the need of good heat recovery and integration for the process.
Moreover, the simulated process conditions make clear that individual variations of process
parameters like steam to biomass ratio, or oxygen carrier to fuel equivalence ratio φ as done
by Condori et al. [11] are not possible if no external heating is available. Instead, the CFB
mode and the defined solid discharge required for the heat transport also lower the steam
to biomass ratio and oxygen carrier to fuel equivalence ratio, as can be seen by the feedstock
increase (HP1, HP2). Furthermore, the predicted influence of these combined changes is
not necessarily the same as the one observed in small-scale experiments. This can bee seen
by the increase of XCH4 with increasing feedstock input, where the accompanying changes
in steam to biomass ratio and oxygen carrier to fuel equivalence ratio lead to lower CH4 in
the experiments described by Condori et al. [11].

Confirmation or refutation of either the trends experimentally observed in small scale
units or simulated for the existing pilot plant necessitates experiments in the 1 MWth range
where autothermal operation—instead of external electrical heating—becomes necessary.
Here, the requirements imposed by autothermal operation of the process limit the range of
applicable parameter variation as they are interdependent. Therefore, the existing pilot
plant is modified to provide the experimental data needed.

4. Plant Design

The flow sheet in Figure 4 shows a simplified configuration of the designed pilot plant,
including major components and important subsystems. Some of the components already
available from CLC and HTWTM can be reused, while other subsystems are new or altered.
For all subsystems affected by the new CLG process and the alterations a HAZOP analysis
has been performed to ensure safe operation.
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Figure 4. Schematic of the CLG pilot plant showing the main subsystems. CS: cooling system, OC:
oxygen carrier, TSL: to safe location. syngas handling: , flue gas handling: , biomass feeding: .

4.1. Reactor System

The reactor system (Figure 5) comprises of the two CFB reactors, two LS and a J-Valve
as coupling elements. The total inventory of bed material during CLG operation with
ilmenite is about 1000 kg with approximately 250 kg in the AR, 80 kg in the FR, and the rest
in the coupling elements. Transport of sensible heat to the FR is not facilitated by internal
solid circulation and additional fluidization medium would be required, cooling down
the reactor and negatively impacting on process efficiency. Thus, no internal circulation is
implemented for the FR. Moreover, process simulations show only reduced OC leaving
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the reactor [26] giving no benefit of returning it from the cyclone to the reactor. However,
the Gibbs reactor model employed in this study leads to full conversion, while in reality a
mixture of different phases will always be present. Nonetheless, the prevalence of highly
reduced phases in both FR and AR has been confirmed in continuous experiments [11].

Figure 5. CLG reactor configuration including the main coupling elements.

Although many lab-scale reactor designs feature a FR operating in bubbling mode
(e.g., [11,14,17,58]), the used CFB mode of the FR has the advantage of improved gas-solid
mixing and thus featuring higher rates of carbon conversion [57], while the requirement
ranges for the size and shape of the feedstock is wider [10] opening up possibilities for more
feedstocks. Furthermore, the higher solids concentration in the freeboard may enhance
tar cracking and methane reforming by supply of additional oxygen and catalytic sites in
this region. However, increasing superficial velocities too much will lead to pneumatic
transport in the FR (Figure 3) and unstable reactor hydrodynamics.

The disadvantage of having no internal solid recirculation for the FR is the transport
of all discharged feedstock particles towards the AR. Furthermore, for the pilot plant,
the minimization of heat losses is considered more important than the minimization of
carbon slip towards the AR as relative heat losses for the pilot plant are in the range of
0.1 to 0.2. So minimization of coupling elements is used instead of carbon recovery via a
carbon stripper. However, carbon slip is assumed to be a minor problem as the biomasses
considered for the experiments contain low amounts of fixed carbon [9]. The feeding
location is lowered into the dense region of the bed when compared to previous CLC
experiments [49] where high carbon slip for hard coal was experienced, which should
reduce the carbon slip as char gasification in the densest region is enhanced. Moreover,
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carbon slip is more pronounced in small reactors and the sometimes utilized carbon
strippers might not be required in bigger units [59]. Nonetheless, to maximize residence
time of char particles inside the dense region, a variable amount of fluidization medium
can be rerouted directly before the wind box of the FR to a second stage fluidization located
at approx. one fifth of the reactor height. This increases bed density in the lower region and
residence time of OC particles while keeping a high solids discharge in the CFB operation
is possible by increasing the reactor inventory. The exact influence must be determined via
experimental operation.

Investigations in the FR are the most crucial, as the formation of tars make the process
and reactor design more critical to subsequent equipment than the re-oxidation in the AR.
Therefore, it is advantageous for experimental operation to handle imbalances of solids
discharge between the reactors inside the AR instead of the FR where it would negatively
impact temperature and possibly lead to poorer syngas quality. The feedstock input directly
in the dense zone of the bed should also reduce the amount of tars formed during initial
devolatilization [37].

4.2. Flue Gas Handling

The flue gas composition from the AR is measured by an on-line gas analysis before
the flue gas is cooled down in a heat exchanger to approx. 230 °C (Figure 4, red box). The
flow rate is measured using a venturi before the fines passing the cyclone are separated
by a filter giving a dust-free flue gas. The following induced draft fan is used to control
the pressure in the reactor and vents the flue gas via a stack. Part of the flue gas can be
recirculated via a controlled butterfly valve to adjust the inlet of the AR fluidization. The
variation of flue gas recirculation allows to adjust the superficial gas velocity u0,AR and
thereby the entrainment of particles from the AR while keeping the OC to fuel equivalence
ratio φ constant. This is a small but significant adjustment in converting from a CLC plant
to a CLG plant as it allows to control the overall process as described in [26].

4.3. Syngas Handling

Major modifications are needed for the FR off-gases (Figure 4, blue box) when con-
verting a CLC unit into a CLG unit, as all parts need to be designed with the consideration
of explosive atmospheres . Moreover, commonly used heat exchangers are either prone
to clogging with tars on cold surfaces or the syngas cooling rate is to low, allowing for
recombination of syngas species. The process simulation from Section 3.3 show high syn-
gas streams that need to be safely handled and greatly exceed the capacity of the syngas
removal deployed for HTWTM gasification [45,46]. The only component reusable is the
cooler, a patented tube-in-tube gas liquid heat exchanger from SCHMIDT‘SCHE SCHACK
consisting of four tubes cooling the gas to approx. 380 °C very fast and without recircula-
tion zones [60] avoiding the recombination of syngas to longer hydro-carbons. The cooling
water is pressurised to 28 bar to be able to raise temperature levels to 200 °C in order to
avoid excessive condensation of tars inside the tubes of the raw gas cooler.

After the cooler the syngas is available for cleaning. Here part of the syngas can
be routed to a syngas treatment unit for cleaning and separation of CO2, so that it is
subsequently available for synthesis. Moreover, test rigs for the fine cleaning of the syngas
and the synthesis of higher hydro-carbons are added, creating the unique possibility to
investigate the whole solid to liquid value chain.

The return line from the syngas treatment unit consisting of all streams not used
for synthesis is merged back, and the gas is routed to a hot gas filter for the removal of
solids, resulting in a dust free syngas stream to the hot syngas compressor used to control
the pressure in the FR. From here the syngas is transported to a thermal oxidizer for safe
venting. The option of a second stack where the FR off gas can be vented is included for
start up, shut down and to allow for a restart of the thermal oxidizer in case of failures
without the full shut down of the pilot plant. The additional valves before the hot gas filter
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are installed for safety pressure relief in case the switching between the thermal oxidizer
and the second stack fails.

The described syngas line differs substantially from the ones deployed in either
industrial scale or lab-scale. While in industrial plants all produced syngas would be
cleaned, only the amount of syngas needed for research in gas cleaning is processed in
the pilot plant to reduce the cost of the deployed gas cleaning equipment. In lab-scale
the small quantities of formed syngas allow for untreated release to a safe location in the
environment, which is not possible for streams in the size of the pilot plant, entailing the
need for the thermal oxidizer.

All properties of the syngas stream leaving the FR are of major importance for further
process development. Thus, sample and measurement sites consisting of an isokinetic dust
and tar sampling port, a psychrometric water content measurement, and an on-line gas
analysis are integrated into the syngas line. The isokinetic sampling of dust and tars is done
before the raw syngas is cooled while ports for the measurement of the water content and
gas composition are located before and after the cooler and can be connected as required.

4.4. Solid Feeding
4.4.1. Feedstock

The pilot plant is equipped with various entry points for solid feedstocks (Figure 4,
orange box) like a big bag station, a container station (not shown on Figure 4) and a
silo capable of introducing pulverized and pelletized feedstocks which are transported
pneumatically to a fuel container purged with CO2. This container discontinuously feeds
fuel to a second, weighted container from which the fuel is fed continuously, controlled
via screws and a hopper directly in to the bed of the FR. Both containers are pressurised
to the bed pressure of the FR at the location of the feed screw to avoid the back flow of
syngas into the fuel feeding system. The screw feeder is cooled with thermal oil to ensure
that gasification temperatures are only reached in the bed and no gasification occurs inside
the screw.

4.4.2. Oxygen Carrier

Initial filling of loop seals with OC is done via a weighted dosing container, a hopper,
a screw conveyor, and a series of tubs connected to the stand-pipes. OC materiel is fed into
the return leg of LS 4.1 for reactor filling and make-up dosing to compensate losses caused
by agglomeration and attrition.

4.5. Cooling and Preheating

The cooling system is designed to handle the full 1 MW of heat released during CLC
and therefore has enough capacity for further increase of feedstock as discussed previously.
However, for bigger units, where process heat would be used to generate steam and preheat
the input streams, changes might be required when compared to CLC to optimize the heat
integration. Nonetheless, this is no concern for the pilot plant, where steam generation and
preheating is done via independently powered systems. Yet, it limits also the operation range
of the pilot plant—seen on simulated case HT2—where higher outlet stream temperatures
always lead to a severe process penalty. For the pilot plant, this penalty cannot be alleviated
by heat recovery for the preheating of inlet streams. Here the option of higher preheating
temperatures would require a substantial increase of heat exchanger surface, for which no
space is available at the existing site. Furthermore, the existing electrical infrastructure is
already at its limit, so increasing the electrical preheating power is not feasible.
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Increasing the fuel input necessitates deeper investigation of the limitation of safe
operation in terms of the cooling system, especially when considering that most of the
1000 kg OC material is in a highly reduced state during operation. Here the safety relevant
quantity is not the total amount of feedstock input or the reduced OC, but the possible
amount of oxygen input to the AR. The oxygen input will first fully oxidise the OC inside
the AR, possibly with much higher power than the nominal feedstock input which will
set a limit only after full oxidation inside the AR has been reached. Here mitigation
measures are an over design of the cooling system and a limitation of oxygen input to
safely handable amounts.

4.6. On Line Measurements
4.6.1. Gas Analysis

The main product of the gasification process, the synthesis gas from the FR, is extracted
and analyzed continuously as sown in Figure 6 via a heated probe which includes a filter (1),
that can be back flushed with CO2 to prevent blockage.

Figure 6. Schematic of the gas analysis equipment: (1) heated probe with filter, (2) heated tube, (3) tar removal (only for
FR), (4) condenser for water removal, (5) pump, (6) condeser for water removal, (7) rotameter, (8) measurement equipment,
(9) safe location in the environment.

The gas then passes in a heated tube (2)—to prevent the condensation of remaining
tars—to a tar removal unit with diesel as solvent (3) and a first condenser unit (4) where the
majority of the water and higher hydro-carbons are removed. The measurement gas pump
(5) transports the gas through a second condenser unit to remove the rest of the water (6)
which is followed by a rotameter (7) measuring the sampling gas flow. The sampling gas is
distributed to the commercially available gas analysing equipment from ABB (8) given in
Table 5 before being released to a safe location in the environment (9).

O2 is measured via its paramagnetic quality in an Magnos 206 analyzer while H2 is
determined via thermal conductivity in a Caldos 27 unit. The components CO2, CO, CH4,
SO2 and NO are measured by an spectroscopic non-dispersive infra red (NDIR) sensor in
an Uras 26 analyzer.

For the AR both gas analysis lines differ in the heated probe which does not include a
tar removal unit. The measurement ranges of the equipment is different, as can be seen
in Table 5 and H2 and CH4 is not measured. At the inlet of the AR, the composition is of
interest to control the oxygen feed to the process and the amount of recirculated flue gas.

The water content is measured in both reactor outlets via a psychrometric Hygrophil
H4320 unit from Bartec with the sampling gas extraction as shown in Figure 7. The gas is
extracted via a heated probe (1) and transported in an electrically heated tube (2) to the
analyzer (3) which includes a CO2-driven ejector pump to facilitate the gas transport. The
gas is released to the environment afterwards (4).
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Table 5. Listing of gas analysis equipment for all reactors.

Reactor Equipment Measurement Principle Component Range Error Unit

FR

Magnos 206 paramagnetic O2 0 to 25 0.9 vol.−%
Caldos 27 thermal conductivity H2 0 to 40 1.8 vol.−%
Uras 26 NDIR CO2 0 to 100 3.0 vol.−%
Uras 26 NDIR CO 0 to 40 1.2 vol.−%
Uras 26 NDIR CH4 0 to 20 0.6 vol.−%
Uras 26 NDIR SO2 0 to 5 0.15 vol.−%
Uras 26 NDIR NO 0 to 1000 30 ppm

Hygrophil H4320 psychrometric H2O 2 to 100 0.3 vol.−%

AR outlet

Magnos 206 paramagnetic O2 0 to 25 0.9 vol.−%
Uras 26 NDIR CO2 0 to 30 0.9 vol.−%
Uras 26 NDIR CO 0 to 5 0.15 vol.−%
Uras 26 NDIR SO2 0 to 4000 120 ppm
Uras 26 NDIR NO 0 to 1000 30 ppm

Hygrophil H4320 psychrometric H2O 2 to 100 0.3 vol.−%

AR inlet

Magnos 206 paramagnetic O2 0 to 25 0.9 vol.−%
Uras 26 NDIR CO2 0 to 100 3.0 vol.−%
Uras 26 NDIR CO 0 to 5 0.15 vol.−%
Uras 26 NDIR SO2 0 to 5 0.15 vol.−%
Uras 26 NDIR NO 0 to 1000 30 ppm

Figure 7. Schematic of the water content analysis equipment: (1) heated probe with filter, (2) heated tube, (3) psychrometric
analyzer, (4) safe location in the environment.

Both water content measurements and the three gas analysis are integrated in the
process control system of the pilot plant with all measurements available in real time and
as trend lines.

4.6.2. Temperature and Pressure

The pilot is equipped with temperature and pressure in all inlet and outlet streams
of the reactors including the LS fluidization. Multiple additional measurement sites for
pressure and temperature are installed along the reactor height to acquire more insight
in the reactor state during operation. The pressure sensors for the AR are differential
pressure transducers with the other side open to atmosphere while at the FR all pressure
measurements are purged with CO2 and are mostly differential pressure transducers
measuring between different reactor heights. This allows us to control the bed hight and
density and to control the influence of the second stage fluidization.

4.6.3. Flow Measurements

The flow rates of all streams entering the reactors and coupling elements are measured
either with an orifice plate, a rotameter or are controlled via a mass flow controller. The
main streams leaving the reactors are measured via two venturi with side streams for off-
line analysis, process control or the syngas treatment unit measured inside the respective
analysis or control equipment. The mass flow of solids entering the system is measured via
load cells and the corresponding trend line gradients.
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4.7. Off-Line Sampling
4.7.1. Solid Sampling

The bottom product removal of the AR transfers the material to an open barrel and is
immediately accessible for inspection and sampling, while for the FR it is transferred to
a sealed and CO2-purged container which can be replaced periodically during operation
to allow for the collection of samples. The same is implemented for filter dust sampling.
The AR filter is equipped with a hopper and an open barrel, while the FR filter has an
additional CO2 purge and the container is sealed.

Both loop seals allow for the collection of solid samples for off-line analysis. The OC
samples enable the determination of the exact phase composition of the circulating OC and
to balance the reactors individually. Moreover, knowledge of the oxidation level before and
after the reactors allows for an additional method for the quantification of solid circulation.

4.7.2. Gas and Tar Sampling

More gas species like COS and higher hydrocarbons can be measured using Fourier
transform infrared (FTIR) spectroscopy which can be connected at different locations. These
measurements are not considered important during pilot plant operation but are important
for the evaluation of the process. At the FTIR a port for gas sample bags and gas mice
exists to enable off-line gas analysis.

Additionally, isokinetic sampling is possible in the synthesis gas line allowing for dust
and tar sample collection according to tar protocol/CEN TS 15439. Velocity is measured by
an S-Pitot tube 550 mm downstream of the sampling lance, both located in the center line
of a refractory lined tube. The dust loaded syngas sample stream is transfered via a heated
lance towards a heated filter and through six impinger bottles where five are filled with
isopropanol as solvent and the last is empty. The impinger bottles are tempered to 40 °C
(impinger 1, 2 and 4) and −20 °C (impinger 2, 5 and 6). The sample volume is measured
inside a comercially available ST5 isokinetic sampler from Dado lab, which also adjusts the
sample volume flow based on the pitot measurement.

5. Plant Operation

The simulations from Section 3.3 show that autothermal CLG experiments are needed
to obtain further insights into the process, which are of high relevance for industrial
deployment. The modified pilot plant (Section 4) renders these experiments feasible
allowing for the generation of the following, required information:

5.1. Literature, describing the demonstration of autothermal operation of the CLG
process, is not yet available. While autothermal CLC has been successfully
demonstrated [49,51] the higher prevalence of endothermic reactions impose the
need for higher heat transfer to the FR and different control strategies [26].

5.2. Continuous CLG of residual biomass has been successfully demonstrated in
lab-scale [11,15,16]. Nonetheless, upscaling to higher thermal loads is necessary
to obtain data for reliable simulations and design of industrial scale units.

5.3. Due to their interdependence, the key performance indicators achievable in au-
tothermal operation are unknown. This affects the cold gas efficiency ηCG, the
carbon conversion ηCC, the syngas yield xSG and the syngas quality (tars, CH4, etc.).
For example, in electrically heated systems the cold gas efficiency ηCG can be theo-
retically driven to 100% by supplying enough heat through the furnace. However,
the exact amount of external heat supplied is seldom reported. The carbon slip
depends amongst other on reactor size [59] and data for bigger scale units is not
existent.

5.4. Tar production can presently not be accurately predicted as no model was developed
for CLG yet. Especially bed height and feeding location are also dependent on
reactor size and their influence cannot be quantified [37]. The pilot plant experiments
will give important insight on this matter in industrial like conditions, allowing for
inferences for future upscaling endeavours.
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5.5. OC life time is difficult to asses with currently available data, as the time of circula-
tion and thus of re-oxidation cycles increases with increasing reactor size while the
mechanical erosion is dependent on the transport velocity only. The exact contribu-
tion of the two effects is unknown and thus it is likely that the size of the reactor
will have an influence on the OC life time.

5.6. Assessment of economic feasibility of the CLG process requires data from bigger
scale units to make accurate predictions for e.g., sizing of components and process
performance.

For the demonstration of autothermal CLG (item 5.1.) a suitable control concept for
the oxygen carrier to fuel equivalence ratio φ based on a sub-stoichiometric AR operation
(reduced OC oxidation, see Equations (2) and (3)) according to Dieringer et al. [26] is
implemented. The corresponding operating strategy considering pilot plant limitations is
described in the following.

Chemical Looping Gasification Operation

The start-up sequence of the pilot plant is preheating with electrically heated air,
preheating with propane burner, OC filling plus propane burner, CFB combustion, CLC
as described in [47]. Afterwards the switch to CLG is achieved by a reduction of air input
to the AR while increasing flue gas recirculation, thus reducing φ to values smaller than
unity. After stable CLG operation is attained, optimization of individual key performance
indicators is targeted during experiments. The devised experimental operation of the
pilot plant (described hereafter) allows to directly obtain data for items 5.2. and 5.3.
while information for items 5.4. and 5.5. can be inferred from additional off-line analysis.
Item 5.6. builds on this data but needs additional information, e.g., component and material
pricing, which cannot be generated in the pilot plant. The main operation variables through
which the process can be controlled are:

• Thermal load: Increasing the thermal load above 1 MWth decreases the relative heat
loss as it depends on reactor temperature and not on thermal load. Therefore, a higher
fraction of the feedstock input, ṁFS, can be converted into syngas increasing process
efficiency. The feedstock input rate ṁFS is directly proportional to the thermal load,
but an adjustment requires corresponding changes in fluidization imposed by reactor
hydrodynamics and heat balance influencing the steam to biomass ratio. Nonetheless,
the simulations in Section 3.3 show also an increase of CH4 production with increasing
thermal load, indicating a tendency to form hydrocarbons including tars.
The limit for the thermal input is set by the maximum possible feedstock input and
the syngas handling and cooling, as higher loads result in a higher amount of product
gas which has to be handled safely. During operation a high thermal load is targeted
at all operation points to obtain high ηCG.

• The OC to fuel equivalence ratio φ determines the net heat release from the process.
A higher value of φ (while keeping everything else constant) results in a higher
temperature inside AR and FR. However, the cold gas efficiency ηCG will decrease with
higher φ as does the production of CH4 and tars. The control of φ is straightforward
through the control of the oxygen availability inside the AR.
For experimental investigation the variation of temperatures is important. However,
higher temperatures increase the load on the cooling system. Here the limits have to
be considered during operation, and a reduction in thermal load (leading to smaller
process streams and further decreasing ηCG) may be required in order to be able to
reach higher gasification temperatures. Moreover, the refractory lining of the AR
and/or the ash melting behaviour of the feedstock inside the FR limit the maximum
admissible reactor temperatures.
Actual control of φ is achieved via the variable amounts of air and recirculated AR flue
gas fed to the AR to obtain a sub-stoichiometric environment inside the AR as it is the
most suitable method for large scale operation described in detail by Dieringer et al. [26].
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• The global solids circulation ṁOC can be controlled via adjustment of J-valve and
FR fluidization and transports sensible heat required in the FR. Depending on the
operating state of the AR internal solids recirculation, fluidization of the AR needs ad-
justment as well to obtain hydrodynamic equilibrium between the reactors. Yet, ṁOC
is not directly accessible during pilot plant operation but can be inferred qualitatively
from the temperature difference between the reactors. Higher solids circulation re-
duces the temperature difference ∆T between AR and FR. An accurate determination
of ṁOC is possible only indirectly via the oxygen content in the solid samples taken
from the loop seals.
Increasing global solids circulation reduces not only ∆T but also ηCG as more flu-
idization medium and corresponding heating is required. Furthermore, OC residence
time inside the reactors is reduced when the solids circulation increases and as higher
superficial gas velocities are employed, carbon slip towards the AR might increase.
The variable to be controlled is the gasification temperature inside the FR while the
limit of the AR temperature might require adjustment via φ.

The OC to fuel equivalence ratio φ and the global solids circulation ṁOC are used
to investigate the inevitable trade-off between cold gas efficiency and syngas quality in
the form of produced CH4, higher hydrocarbons, and tar. In contrast, the maximization
of the thermal load is used to boost the process performance ηCG for all operation points
by allowing for a smaller value of φ while at the same time guaranteeing autothermal
operation.

While the variables above are used to adjust and stabilize the process and to investigate
general trends, two more adjustable parameters exist which can be used to influence the
syngas quality:

• Bed pressure drop ∆p: The simulations in Section 3.3 are done with a fixed pressure
drop ∆p for both reactors. However, during operation of the pilot plant, ∆p can be
varied and is dependent on the exact distribution of bed material between the reactors
(controlled by the governing hydrodynamic boundary conditions) as well as the total
amount of bed material inside the reactor system. Increasing the pressure drop inside
the FR will increase OC particle residence time inside the reactor (and the amount
of OC per feedstock input). This will also increase the entrainment from the FR and
thereby the solid circulation. However, increasing ∆p allows for the reduction of
fluidization medium, while keeping the entrainment constant, thus improving process
efficiency. Reduction of tar and CH4 content in syngas is facilitated by the increased
availability of catalytic sites for conversion.
The OC make up stream is used to control the overall amount of OC inside the
reactor system, while its distribution is influenced by small adjustments to fluidization
medium. The required changes in fluidization are small compared to the changes
needed for the operation variables discussed above. The range of ∆p is limited by the
reactor hydrodynamics and the characteristics of corresponding pripheral equipment
(e.g., maximum load of AR primary air fan).

• Second stage fluidization can be varied to enhance the residence time of the feedstock
inside the dense zone of the FR as describes in Section 4.1. Rerouting part of the
fluidization medium to the second stage fluidization will reduce entrainment and
solid circulation, if the total amount of steam is kept constant and can be counteracted
by additional bed material. Qualitative effects on synthesis gas are the same as for the
bed pressure drop ∆p, however, the quantitative influence may vary.

The feedstock types given in Table 2 are an additional parameter for experimental
variation. However, the feedstock is not usable as process control variable and is therefore
not included in the list above. Furthermore, the other variables must be used to adjust for
feedstock variation to keep the process stable.
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6. Conclusions

In this article, the design pathway of a 1 MWth chemical looping gasification (CLG)
pilot plant, allowing for autothermal, semi-industrial process investigation, has been
described in detail. Starting from a process model, considering fundamental CLG charac-
teristics, a suitable operational mode and associated necessary adaptions for an existing
1 MWth chemical looping combustion (CLC) pilot plant have been established. Subse-
quently, it has been illustrated which inherent interconnections and trade-offs associated to
CLG can be further analyzed in such an experimental setup and which strategies towards
an optimized process setup, replicable in industry scale, can be pursued with it. These are:

• Calculation of heat and mass balances for autothermal CLG show a significantly re-
duced range of freely selectable operation parameters (operation temperatures, steam
to biomass feed ratio, and oxygen carrier to fuel equivalence ratio), when compared to
externally heated lab-scale units, due to the requirements of autothermal operation.

• Process control under autothermal condition can be achieved via three parameters:
thermal load, oxygen carrier to fuel equivalence ratio, and global solid circulation.
However, due to restrictions imposed by reactor hydrodynamics and autothermal
operation, changes in one parameter must be balanced by changes in at least one of
the other two. Moreover, the global solids circulation is adjusted indirectly via flu-
idization velocities and can only be inferred qualitatively from the reactor temperature
difference during operation.

• Attempting to attain high cold gas efficiency and good syngas quality through higher
gasification temperature inevitably results in high relative heat losses, as heat integra-
tion is not reasonably achievable in the 1 MWth scale and the existing unit. This leads
to an unavoidable trade-off between cold gas efficiency and syngas quality, e.g., CH4
and tar content which has to be accepted during experiments.

• Data which are not reliably obtainable from simulation, like tar formation or oxygen
carrier (OC) life time, yet are fundamental for scale-up and economic considerations
becomes available by conducting experiments in an industry relevant scale in the
designed pilot plant.

In summary, future endeavours aiming towards industrial application of CLG are
facilitated, through the described design of a 1 MWth CLG pilot plant. Here, the experi-
mental facility lays the foundation to generate a unique robust dataset containing essential
information required for up-scaling of CLG to industry size, thus propelling the technology
towards market maturity.
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Abbreviations
The following abbreviations are used in this manuscript:

AR air reactor
ASU air separation unit
CFB circulating fluidized bed
CLC chemical looping combustion
CLG chemical looping gasification
CLOU chemical looping with oxygen uncoupling
DFBG dual fluidized bed gasification
FR fuel reactor
FTIR Fourier transform infrared
HTWTM High Temperature Winkler
LS loop seal
NDIR non-dispersive infra red
OC oxygen carrier

Symbols
LHV MJ kg−1, MJ mol−1 lower heating value
ROC oxygen transport capacity
T K, °C temperature
X mole fraction
∆H J mol−1 reaction enthalpy
∆p Pa, bar differential pressure
φ oxygen carrier to fuel equivalence ratio
Q̇ W heat flow
ṁ kg s−1 mass flow
ṅ mol s−1 molar flow
ηCG cold gas efficiency
cp J kg−1 K−1 specific heat
dp,50 m mean particle diameter
d m diameter
h m height
m kg mass
p Pa, bar pressure
u m s−1 velocity
xSG syngas content

Subscripts
AR Air Reactor
FR Fuel Reactor
FS Feed Stock
OC Oxygen Carrier
O Oxygen
internal internal recirculation
in stream entering reactor
loss loss
out stream leaving reactor
ox oxidized
reci recirculation
red reduced
stoich stoichiometric
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A B S T R A C T

Chemical looping gasification is a novel dual fluidized bed technology for the conversion of solid feedstock
to a nitrogen-free syngas without the need of pure oxygen. Recently, a pilot plant has been erected to
advance chemical looping gasification towards autothermal operation. For autothermal operation, the solids
flux between the two reactors becomes important, as it transports the required sensible heat in addition to the
oxygen required for the process. As a reliable method to accurately measure the solids flux under process
conditions currently does not exist, a method has been devised to measure the solid circulation for dual
fluidized bed systems and tested utilizing the process specifics of chemical looping gasification to allow for
calibration of online measurement equipment without opening the reactor system. This method utilizes solid
samples from coupling elements to calculate the solids flux in chemical looping gasification with an overall
uncertainty smaller than 20%.

1. Introduction

Spurred by the increasing pace of climate change, research in carbon
neutral and carbon negative processes has increased in order to combat
the global warming. One focus is the decarbonization of the transport
sector. While for road transport electrification is a viable option, avi-
ation and maritime transport require different approaches. Here, the
production of bio-fuels using the well-known Fischer–Tropsch process is
one option. However, thermal conversion of biomass into the required
syngas for the synthesis step is still not commercialized although efforts
have been made for dual fluidized bed gasification [1,2]. One process
offering the possibility of virtually no CO2 emissions, when combined
with a suitable separation step during gas cleaning, is CLG, which
has seen increasing research activity into scale up. It utilizes a metal
oxide powder, which is cyclically oxidized and reduced while being
transported back and forth between two fluidized bed reactors, to
supply oxygen to the gasification process without the need for an
expensive air separation unit.

CLG has been successfully demonstrated in lab scale using coal
with synthetic OC materials [3], biomass with synthetic OC [4–6] and
with biomass and natural minerals like haematite [7,8] or ilmenite [9].
Even waste materials have been tried as OC materials [10]. Advances

✩ This work has received funding of the European Union’s Horizon 2020-Research and Innovation Framework Programme under grant agreement No. 817841
(Chemical Looping gasification foR sustainAble production of biofuels — CLARA). The content of this work reflects only the author’s view, and the European
Commission is not responsible for any use that may be made of the information it contains.
∗ Corresponding author.
E-mail address: falko.marx@est.tu-darmstadt.de (F. Marx).

towards autothermal operation are being made using simulations [11,
12] and by design of a pilot plant [13]. These advances stress the
importance of the OC not only for the transport of oxygen, but also
for the transport of sensible heat from FR to AR as high heating
demands inside the FR cannot be compensated by external electrical
reactor heating for successful process deployment. However, reliable
measurements of the solids circulation are difficult to obtain. Moreover,
the solids transported from the FR towards the AR consist not only of
the reduced OC material, but include also a fraction of unconverted
feedstock in the form of fixed carbon, called carbon slip, and ash.
Methods to obtain quantitative data for the OC circulation between
the reactors can be classified as online, offline, invasive and non-
invasive [14]. Additionally simulation and cold-flow studies can be
used to generate the data afterwards. Nonetheless, for elaborate and
expensive experiments as described in [13] the measurement of solid
circulation during the experiments and from material samples results in
far more reliable data than a posteriori generated data from cold flow
models or simulation.

Stollhof et al. [15] investigated methods to estimate the solid cir-
culation rate based on the amount of fluidization medium, particle
properties and pressure profile in the reactors which can be applied

https://doi.org/10.1016/j.fuel.2023.127589
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Abbreviations

AR Air reactor
CFB Circulating fluidized bed
CFD Computational fluid dynamics
CLC Chemical looping combustion
CLG Chemical looping gasification
FI Flow indicator
FR Fuel reactor
GA Gas analysis
LS Loop seal
OC Oxygen carrier
PA Proximate analysis
PSD Particle size distribution
SP Sample point
UA Ultimate analysis

Symbols

𝐿𝐻𝑉 Lower heating value (MJkg−1, MJmol−1)
𝑅𝑂𝐶 Oxygen transport capacity
𝑇 Temperature (K, ◦C)
𝑊 Molar mass, atomic mass (kgmol−1)

𝑋𝑆 Oxidation degree
�̇� Mass flow (kgs−1)
𝑚 Mass (kg)
𝑥 Mass fraction in solid phase
𝑦 Mass fraction in gas phase
N2 Nitrogen

Subscripts

𝐶 Carbon
𝐺𝑎𝑠 Gas phase
𝐿𝑆 Loop seal
𝑂𝐶 Oxygen carrier
𝑂 Oxygen
𝑆 Solid
𝑒 End of oxidation in stream entering reactor
𝑖 Chemical species
𝑗 Chemical species
𝑜𝑢𝑡 Stream leaving reactor
𝑜𝑥 Oxidized real start mass including carbon
𝑟𝑒𝑑 Reduced
𝑠𝑐𝑎𝑙𝑒 Weighing scale
𝑠 Start of oxidation
𝑡𝑜𝑡𝑎𝑙 Sum of all components

Superscripts

𝑓 Hypothetical state at oxidation start

to the hot reactor system. However, a reported deviation of ±40% is
discouraging as such deviations in solid circulation could potentially
result in a FR temperature drop of more than 150K [11] negatively
impacting conversion and syngas quality. Smaller deviations have been
reported using empirical adjustments. However, fitting to a geometrical
similar model is required, and temperature influences seem to be
difficult to quantify [16]. Direct measurement using impact force of
the particle flow is limited by the maximum permissible temperature

of the measurement equipment and can therefore not be used under
process conditions. However, a recent review by Liu et al. [17] suggests
a design which might be possible. Online Measurements using optical
sensing have been successfully tested in cold flow configurations [18]
and in 2D setups [19]. However, the application to large-scale units
operating at high temperatures is not possible as the sensor cannot mea-
sure deep inside the 3D flow structure of the solid flux or through the
refractory lined reactor walls. Other setups using moving mechanical
equipment inside the solid flux [20] seem problematic with regards to
the lifetime under the harsh process conditions.

Direct online measurement using the microwave and Doppler effect
is an option, but usually requires extensive calibration under process
conditions [21], which are not feasible, as the loop has to be broken
for calibration. It can be calibrated under cold conditions, but the influ-
ence of the temperature cannot be reliably predicted and subsequently
compensated, as no data is available yet.

Using tracer particles as described in [14] is likely to be of lim-
ited use, as attrition and the continuous removal of agglomerates
pose the possibility of the removal of the tracer particle. Magnetic
tracer are good for cold flow models [22] but refractory lining and
Curie temperature pose problems for hot systems. The injection of
cold particles and tracking the corresponding temperature drop with
thermocouples [23] seems the most viable tracer method. However, as
with most tracer methods it requires a uniformly moving packed bed.
It becomes generally more difficult to locate small amounts of tracer
particles with growing plant size, as tracers can be easily obscured
making the methods less accurate.

The solid circulation can be determined via scaling laws based on
measurement in a cold flow model with accumulation measurements
inside the coupling elements (e.g. loop seals) or with another method.
A perfectly scaled cold flow model is difficult to realize for metal
powders, as the cold flow model would need to be filled with Helium
or use radioactive materials. Not perfectly scaled cold flow models can
give a quantitative measurement in the right order of magnitude, but
the exact error created cannot be assessed.

Calculations using CFD require validation of the model to allow for
an assessment of the quality of the generated data. However, during
endeavours of upscaling such models extrapolate far outside their
validation range, as the data to be obtained is the data required for
validation. Theoretically, the solid circulation is obtainable via the heat
balance. However, accurate knowledge of heat losses can be obtained
for indoor laboratory units [24,25] but estimation of heat losses for
large scale industry plants through the refractory lined reactor walls
under changing ambient outdoor conditions is challenging. Methods
using balances around a heat exchanger removing sensible heat from
the bed material [26] are applicable to CFB boilers but not in CLG
where the bed material is used to heat the FR.

Linderholm et al. describe a method which uses batch wise fuel feed-
ing and measuring of system response time to determine the solid circu-
lation in an externally heated reactor system fed with coal [27]. How-
ever, application seems impossible when using fuels high in volatiles
like biomasses where changes in fuel feed severely impact reactor
hydrodynamic. Furthermore, under autothermal condition the fuel feed
is directly impacting system temperature, reactor chemistry, and gas
velocity and would therefore significantly alter the solid discharge
in CFB reactors. The introduction of a mechanical device to divert
and sample the entire solids flow are successfully deployed in small
scale units [9]. However, at larger units these become very difficult
to operate and the sampled volume impractical to handle. The general
applicability of different measurement technologies to industry sized
plants is discussed by Liu et al. [17].

This study proposes a new method utilizing solid samples taken
from coupling elements and the specifics of the process to obtain
the solid circulation from experimental operation with no dependence
on reactor geometry. Moreover, the error can be quantified by the
calculation of the propagated uncertainties. The underlying calculation
and required measurements are presented here in detail.
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Fig. 1. Schematic of a dual fluidized bed process indicating relevant streams.

2. Method

Coupled fluidized bed reactors are usually used to periodically load
or unload a carrier material with a substance (CLG, CLC [28,29],
carbonate looping [30–32] etc.) and even where only heat transport
is desired (e.g. dual fluidized bed gasification [33]) some amount of
reactive material is transported. To determine the solid circulation, a
suitable balance around one reactor can be employed to get accurate
information on the solids transport between the reactors. The necessary
measurement sites for the gaseous streams (e.g. composition, volume
flows) are usually part of any reactor setup as they are used for
process control. However, such a balance equation requires information
on solids flux composition which is usually not available via online
measurements and needs to be taken from offline sample analysis.

A general reactor setup is depicted in Fig. 1 with a boundary for the
balance around Reactor 1. Usually one reactor has a simpler chemistry
(less components) and requires less assumptions (less reactions or
equilibrium reactions) or sample analysis and is therefore simpler to
balance. The balance itself can be a mass balance or one or multiple
elemental (or molecular) balances and depends on the process. As all
processes have a difference in composition in the solids flux entering
and leaving a reactor, this difference can be used according to the
balance equation to calculate the solids flux transported between the
reactors.

Assuming substance 𝑖 is transported in excess with the solids flux �̇�𝑆
and released inside Reactor 1 as a gaseous species, the balance equation
is:

0 =𝑥𝑖,𝑖𝑛 ⋅ �̇�𝑆,𝑖𝑛 − 𝑥𝑖,𝑜𝑢𝑡 ⋅ �̇�𝑆,𝑜𝑢𝑡

+ 𝑦𝑖,𝑖𝑛�̇�𝑔𝑎𝑠,𝑖𝑛 − 𝑦𝑖,𝑜𝑢𝑡�̇�𝑔𝑎𝑠,𝑜𝑢𝑡
(1)

With 𝑦𝑖 being the mass fraction of species 𝑖 in the gas stream, while
𝑥𝑖 is the mass fraction in the solids flux expressed as excess quantity.
The expression of 𝑖 as excess quantity, i.e. �̇�𝑡𝑜𝑡𝑎𝑙 = �̇�𝑆 + �̇�𝑖 = �̇�𝑆 (1 + 𝑥𝑖)
has the advantages, in case of only one incorporated or released species
were �̇�𝑆 become equal for inlet and outlet stream. If there is more than
one species incorporated or released, the difference of the two solids
mass fluxes �̇�𝑆,𝑖𝑛 and �̇�𝑆,𝑜𝑢𝑡 must be the difference of all other species
𝑗 released from or incorporated into the solids flux giving:

𝛥�̇�𝑆 = − �̇�𝑆,𝑖𝑛 + �̇�𝑆,𝑜𝑢𝑡

=
∑
𝑗≠𝑖

𝑦𝑗,𝑖𝑛 ⋅ �̇�𝐺𝑎𝑠,𝑖𝑛 −
∑
𝑗≠𝑖

𝑦𝑗,𝑜𝑢𝑡 ⋅ �̇�𝐺𝑎𝑠,𝑜𝑢𝑡
(2)

And therefore the solids flux entering Reactor 1 can be calculated to
be1:

�̇�𝑆 =

�̇�𝐺𝑎𝑠,𝑖𝑛(𝑦𝑖,𝑖𝑛 −
∑

𝑗≠𝑖 𝑦𝑗,𝑖𝑛 ⋅ 𝑥𝑖,𝑜𝑢𝑡) −
�̇�𝐺𝑎𝑠,𝑜𝑢𝑡(𝑦𝑖,𝑜𝑢𝑡 −

∑
𝑗≠𝑖 𝑦𝑗,𝑜𝑢𝑡 ⋅ 𝑥𝑖,𝑜𝑢𝑡)

𝑥𝑖,𝑜𝑢𝑡 − 𝑥𝑖,𝑖𝑛

(3)

The selection of species 𝑖 should be done according to:

• sample analysis: a species for which the mass fraction inside the
sample can easily be analysed

• process: a species which is only present in a few components in
the gas phase, reducing the online analysis effort

• reactions: a species which is fast consumed or released inside the
reactor reducing the possible impact during transient states

It should be noted that 𝛥�̇�𝑆 can be zero for processes where only
one species is released or incorporated into the solids flux, with the
balance equation simplifying accordingly. Moreover, the reference state
for 𝑥𝑖 can be selected to be either 𝑥𝑖,𝑖𝑛 or 𝑥𝑖,𝑜𝑢𝑡 simplifying the equation
and probably the laboratory analysis. For the CLG process either oxygen
or carbon can be used to balance the AR. The advantage of using
carbon is its good availability to sample analysis, while for oxygen the
reference state can be selected as 𝑥𝑖,𝑖𝑛 = 0 simplifying the equation.

3. Experimental

3.1. 1 MWth pilot plant

A simplified flow sheet of the 1 MWth experimental facility for
autothermal operation of the CLG process is shown in Fig. 2 and de-
scribed in detail elsewhere [13]. It shows the reactor system including
the relevant measurement sites and sampling points in the installed
loop seals for this method. The OC is oxidized inside the AR which
is operated in a CFB mode. The entrained solids are separated via a
cyclone and transported towards the AR loop seal. From the AR loop
seal the oxidized OC is then transported via a J-valve into the bed
of the FR. Inside the FR (also a CFB) the OC is reduced with the
feedstock which is fed into the dense zone of the bed. Entrained solids
are separated via cyclone and transported through the FR loop seal back
to the AR. The amount of solids transported from the AR loop seal
towards the FR i.e. the global solid circulation between the reactors,
is controlled via the J-valve fluidization. Any material entrained from
the AR which exceeds the solids flux through the J-valve is returned
to the AR. The measurement sites relevant for the described method
are the measurements of the gas flows (FI), the gas composition (GA),
and the SPs which are indicated in the flow sheet. The solids fluxes
are sampled inside the loop seal sample points (details provided in
Section 3.3). Additional streams entering the reactor system are the
feedstock going into the FR and propane for heating and co-firing in
the AR. The propane can either be fed directly into the bed or via the
start-up burner together with air. The OC material make-up flow, which
is fed into the AR loop seal, is neglected during calculation as it is two
orders of magnitude smaller than the circulating material.

As AR operation in sub-stoichiometric conditions is required to
limit the oxygen availability and thus the syngas conversion inside the
FR [11–13], it can be assumed that all oxygen in the air flow fed to the
AR is consumed making oxygen a good candidate as the species to be
balanced. Moreover, the oxidation degree 𝑋𝑆 as defined by [34]:

𝑋𝑆 =
𝑚𝑂𝐶,𝐿𝑆 − 𝑚𝑂𝐶,𝑟𝑒𝑑

𝑅𝑂𝐶 ⋅ 𝑚𝑜𝑐,𝑜𝑥

= 1 −
𝑚𝑂𝐶,𝑜𝑥 − 𝑚𝑂𝐶,𝐿𝑆

𝑅𝑂𝐶 ⋅ 𝑚𝑜𝑐,𝑜𝑥
(4)

𝑅𝑂𝐶 =
𝑚𝑂𝐶,𝑜𝑥 − 𝑚𝑂𝐶,𝑟𝑒𝑑

𝑚𝑂𝐶,𝑜𝑥
(5)

1 Details in Appendix A.1.
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Fig. 2. Schematic of the chemical looping gasification process indicating relevant measurement sites, sample position, and balance boundary. FI: flow indicator GA: gas analysis,
SP: sample point.

Table 1
Proximate and ultimate analysis of feedstock used during experiments.
𝐿𝐻𝑉 : lower heating value, PA: proximate analysis, UA: ultimate analysis.

Component Pine forest residue

PA [wt. − %] Moisture 4.4
Ash (d.b.) 2.3
Volatiles (d.b.) 80.3
Fixed carbon (d.b.) 17.4

UA [ wt. − %] C (d.b.) 51.1
H (d.b.) 6.1
N (d.b.) 0.44
O (d.b.) 40.1
S (d.b.) 0.025
Cl (d.b.) 0.010

𝐿𝐻𝑉 [MJkg−1] 19.70

is an interesting parameter, and its determination gives insight into the
performance of the OC material and the overall process. Nonetheless,
the balance can be done without exact knowledge of 𝑋𝑆 by selecting
the reference state for the oxygen fraction transported in excess to the
FR output fraction. The laboratory analysis of the oxidation of the OC
can then be done with a laboratory oven and a weighing scale. For
all calculations in this work an 𝑅𝑂𝐶 = 0.033 is used as determined for
used ilmenite by [35]. As the undesired carbon slip from FR towards
AR results in a systematic error it has to be corrected by the amount
of carbon transported, which requires the additional analysis of the
carbon content in the samples. However, the occurrence of carbon slip,
although unwanted in practical application of CLG, allows the balance
to be done using carbon – as the carbon content requires analysis
anyway – without the analysis of the oxygen content or oxidation
degree of the OC.

The solid–solid reaction of OC and char inside the loop seals is not
considered here. Although solid–solid reactions can occur at the condi-
tions inside the loop seals [36], the OC leaving the FR is already highly
reduced, and the low amount of fixed carbon in the feedstock(see
Table 1) leads to mass fractions of less than 0.5% carbon inside the

loop seal. Moreover, the mean residence time inside the loop seal is
less than a minute making the effect negligible.

Thus the solid flux can be calculated using the AR and either carbon
or oxygen as the main species to balance with the other as an additional
species incorporated into the OC flux. With carbon as the main species:

�̇�𝑂𝐶 =

�̇�𝐺𝑎𝑠,𝑖𝑛(𝑦𝐶,𝑖𝑛 − 𝑦𝑂,𝑖𝑛 ⋅ 𝑥𝐶,𝑜𝑢𝑡) −
�̇�𝐺𝑎𝑠,𝑜𝑢𝑡(𝑦𝐶,𝑜𝑢𝑡 − 𝑦𝑂,𝑜𝑢𝑡 ⋅ 𝑥𝐶,𝑜𝑢𝑡)

𝑥𝐶,𝑜𝑢𝑡 − 𝑥𝐶,𝑖𝑛
(6)

or more specific to the gas analysis equipment working on molecular
species:

�̇�𝑂𝐶 =

�̇�𝐺𝑎𝑠,𝑖𝑛[
𝑊𝐶

𝑊𝐶𝑂2
𝑦𝐶𝑂2 ,𝑖𝑛 −

(𝑦𝑂2 ,𝑖𝑛 +
𝑊𝑂2
𝑊𝐶𝑂2

𝑦𝐶𝑂2 ,𝑖𝑛) ⋅ 𝑥𝐶,𝑜𝑢𝑡]−

�̇�𝐺𝑎𝑠,𝑜𝑢𝑡[
𝑊𝐶

𝑊𝐶𝑂2
𝑦𝐶𝑂2 ,𝑜𝑢𝑡 −

(𝑦𝑂2 ,𝑜𝑢𝑡 +
𝑊𝑂2
𝑊𝐶𝑂2

𝑦𝐶𝑂2 ,𝑜𝑢𝑡) ⋅ 𝑥𝐶,𝑜𝑢𝑡]

𝑥𝐶,𝑜𝑢𝑡 − 𝑥𝐶,𝑖𝑛

(7)

with oxygen as main species specific to the gas analysis equipment:

�̇�𝑂𝐶 =

�̇�𝐺𝑎𝑠,𝑖𝑛(𝑦𝑂2 ,𝑖𝑛 +
𝑊𝑂2
𝑊𝐶𝑂2

𝑦𝐶𝑂2 ,𝑖𝑛) −

�̇�𝐺𝑎𝑠,𝑜𝑢𝑡(𝑦𝑂2 ,𝑜𝑢𝑡 +
𝑊𝑂2
𝑊𝐶𝑂2

𝑦𝐶𝑂2 ,𝑜𝑢𝑡)

𝑥𝑂,𝑜𝑢𝑡 − 𝑥𝑂,𝑖𝑛

(8)

Where 𝑊 is the molar mass of the species, and �̇�𝑂𝐶 is the OC flux in
the reduced state of the process. The additional term results from the
fact that oxygen is transported as part of carbon dioxide and reactions
between the transported carbon and the provided oxygen. As oxygen
is incorporated into the OC flux �̇�𝑂𝐶 , it has to be accounted for in the
case of the carbon balance, whereas carbon is not part of the OC so
Eq. (3) simplifies.

For the carbon based balance a suitable reference state for 𝑥𝐶 is
the carbon free oxygen carrier, while for the oxygen based balance the
input concentration 𝑥𝑂,𝑖𝑛 is a better reference state. The consequence
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Fig. 3. Particle size distribution of the ilmenite used as oxygen carrier material during experiments.

Fig. 4. Simplified schematic of the sampling setup.

of choosing 𝑥𝑂,𝑖𝑛 = 0 is a reference state which is dependent on the
sample point and varies with the sample taken whereas it is constant
for the carbon case.

As oxidation of char is favoured over OC oxidation [36–38], 𝑥𝐶,𝑜𝑢𝑡
should be zero and the equation simplifies accordingly. However, dur-
ing experiments the transport of a small amount of unconverted carbon
from FR towards AR is observed, so the AR-outlet sample has to be
analysed for carbon content.

Based on Eqs. (7) and (8) and the measurement uncertainties (Ta-
ble 2), the propagated uncertainties of �̇�𝑂𝐶 is calculated as described
in Appendix A.2.2.

3.2. 1 MWth pilot plant operation

The experimental data result from an experimental test campaign
using the 1MWth CLG pilot plant at Technical University of Darmstadt.

Table 2
Values used for the estimation of the uncertainty
(partially from [13]).

Uncertainty Unit

�̇�𝐺𝑎𝑠,𝑖𝑛 30 kg h−1
�̇�𝐺𝑎𝑠,𝑜𝑢𝑡 30 kg h−1
𝑦𝑂2 ,𝑖𝑛 0,009
𝑦𝐶𝑂2 ,𝑖𝑛 0,009
𝑦𝑂2 ,𝑜𝑢𝑡 0,009
𝑦𝐶𝑂2 ,𝑜𝑢𝑡 0,009
𝑥𝐶,𝑖𝑛 0,0005
𝑥𝐶,𝑜𝑢𝑡 0,0001
𝑚𝑠𝑐𝑎𝑙𝑒 1 × 10−10 kg

The experiments were carried out with pine forest residue as feedstock
(analysis in Table 1). Ilmenite with two different PSDs was used as
OC material with the PSDs given in Fig. 3. The initial filling of the
reactor system (approx. 1000 kg) was done with the coarse material
and the make up was also the coarse material. During a period of two
days fine ilmenite was used as makeup to increase the solid entrain-
ment from the reactors and thus the solid flux between the reactors
to decrease the temperature difference 𝛥𝑇 between the reactors and
improve process performance.2 During the operation of the pilot plant,
various operational states of CLC, CLG with propane co-firing in the
AR, and autothermal CLG were investigated. Fluidization of the reactor
coupling elements was with either N2 or CO2, and the distribution of
the streams on the AR and FR output streams was analysed. The carbon
and oxygen content of all streams is added to the gas input stream for
the calculation accordingly.

All stream data used for the calculation of the solid circulation is
averaged for a period of 20min before the sample time to gain the mean
mass flows and gas compositions.

3.3. Sampling procedure

The samples were taken from the standpipe of the two loop seals,
where a sampling setup according to Fig. 4 was used. In order to ensure

2 Previous experiments showed high material losses of the fine ilmenite [28,
29]. Additionally the coarse material required no drying prior to usage,
resulting in significantly lowered cost. During experiments it was discovered
that the required solid circulation could not be reached with the coarse
material. Therefore the bed material was gradually replaced with the fine
material.
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Fig. 5. Set of Samples from air reactor (left) and fuel reactor (right).

samples representing the current process state, the sampling tube was
flushed with nitrogen to remove all material in the sampling tube and
replace it with new material. The process was observed via infra-red
thermometer and was deemed successful when temperatures of 300 °C
on the outside were reached. The sample was then discharged from
the loop seal via ball valves into a sealed vessel where it was left for
cool down for two hours in order to prevent reaction with air oxygen.
Afterwards the sample was removed from the system.

It should be noted, that the sample is taken from the outside
of the U-shape of the loop seals while most of the solid transport
happens on the inside of the U-shape. In fact, depending on loop seal
operation a significant zone of stagnant particles has been observed
in other units [39]. Therefore, a significant amount of time has to be
operated in a steady state for the samples to be truly representative
of the operational state. However, the exact time needed is unknown.
Nonetheless, under the assumption that the flushing of the sampling
setup is successful in removing any stagnant particle zones, the time
required in steady-state operation for a representative sample should be
in the range required for the whole inventory to cycle once through the
system. For the 1MWth CLG pilot plant with an OC inventory of 1000 kg
the time is 4min to 10min. Moreover, it is unknown if accumulation of
carbon occurs inside the LS or whether the material density influences
the distribution inside the LS and thus the representative nature of
the samples with regard to the carbon content. Either accumulation or
maldistribution might cause a systematic sampling error for the carbon
fraction. For the oxygen only the stagnant zones might cause errors,
as the oxygen is transported inside the OC lattice structure. However,
the nitrogen-flushing during the sampling procedure mitigates errors
by stagnant zones.

A typical pair of samples is shown in Fig. 5 where the coarse
particles consisting of partially converted feedstock pellets is visible.
During the pilot tests the loop seals were sampled over 30 times with a
typical sample mass of 0.4 kg to 1.5 kg. Some samples are not considered
during the analysis as the sampled mass was below 0.4 kg which is
not deemed enough as it indicates a clogged sampling setup and it
can therefore not be guaranteed that the sample is representative.
All other samples are considered representative for the loop seal and
that the actual sample mass has no influence on the accuracy of the
method as only small fractions are used for the determination of carbon
and oxygen content. Additionally, one sample was discarded as the
temperature rise on the sampling setup could not be detected before
discharging the material into the sealed sampling container. Therefore
the material sampled is at least partially from a previous operating
point.

3.4. Sample preparation and analysis

For the analysis of the carbon content the samples were first classi-
fied into two particle fractions using a 400 μm sieve. The coarse fraction
(containing the majority of the transported carbon) was then crushed
to a fine dust in a mortar to be able to process it via a commercially
available elemental analysis system (Elementar vario MACRO cube in
CHNS setup). The finer fraction was processed in the same system
without further preparation. Each fraction was analysed in triplicate
with a sample mass of 50mg using a method providing sufficient oxygen
for full oxidation of the carbon and OC material.

From theoretical considerations the carbon content 𝑥𝑐 should not
exceed 0.5wt. − % in the FR samples. All samples where 𝑥𝑐 exceeds a
threshold of 2wt. − % have therefore been discarded.

For the oxygen balance 𝑥𝑂 was determined by oxidizing a sample
mass of approx. 5 g in a laboratory oven with the mass being deter-
mined before (𝑚𝑠) and after (𝑚𝑒) oxidation. The output oxygen fraction
is then determined to be3:

𝑥𝑂,𝑜𝑢𝑡 =
𝑚𝑠,𝑜𝑢𝑡𝑚𝑒,𝑖𝑛

𝑚𝑒,𝑜𝑢𝑡 ⋅ 𝑚𝑠,𝑖𝑛
− 1 (9)

while the input fraction is always zero. The masses 𝑚𝑠 have to be
corrected for their carbon content 𝑥𝑐 which results in a weight loss
during oxidation giving:

𝑚𝑠 =
𝑚𝑠,𝑟𝑒𝑎𝑙

1 − 𝑥𝑐

3.5. Evaluation of measurement method

Based on the described method and the experimental setup the
evaluation of the proposed method to calculate the solids flux can only
be done during hot operation, as it needs reacting material. However,
determining its accuracy is difficult as no good reference method exists.
Nonetheless, the plausibility of the values obtained can be checked
using results from heat and mass balances used for the design of the ex-
perimental facility [13] and by correlation with a quantity known to be
directly influenced by the global solid circulation, i.e. the temperature
difference between the AR and FR. The higher the solid circulation the
smaller the temperature difference between the reactors. The reactor
setup (Fig. 2) is done in a way that all material discharged from the

3 Details in Appendix A.1.1.
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Fig. 6. Experimental results form chemical looping tests in the 1MWth range. I: Oxidation degree 𝑋𝑆 and carbon content 𝑥𝑐 of the collected samples. II: Composition of air reactor
gas streams. III: Solid circulation using this papers method, the green region marks the range assumed during the design of the experimental facility [13]. IV: Oxygen and carbon
balance from online measurement and from solid circulation and sample composition. V: Temperature difference between air and fuel reactor and oxygen carrier make up stream.
Grey background: Periods with major operational adjustments to optimize the process. Patterned background: Period with finer bed material and air reactor operation in oxygen
deficient atmosphere.

FR is transported towards the AR and therefore equal to the solid
circulation. Hence, the solid circulation should show a correlation to FR
gas velocity. Moreover, the calculation is done via the carbon balance
and via the oxygen balance giving an indication if the carbon is sampled
correctly. If both calculations yield the same result the carbon content is
sampled representatively and can be used, otherwise the oxygen based
value should be preferred.

4. Results and discussion

The carbon content 𝑥𝑐 and the oxidation degree 𝑋𝑆 in the valid
samples as analysed is depicted in Fig. 6, plot I. It shows two distinct
regions for the AR samples in terms of carbon content 𝑥𝑐,𝑜𝑢𝑡 and

oxidation degree 𝑋𝑆,𝑜𝑢𝑡. At the start there is very low carbon content
in these samples caused by the operation of the AR with excess oxygen
and 𝑋𝑆,𝑜𝑢𝑡 is close to unity. In the later part (indicated by the patterned
background) the AR was operated in an oxygen deficient state as
described by [11] which leads to an incomplete conversion of the
carbon transported from the FR into the AR and to a reduction in 𝑋𝑆 .
Additionally the fine material was used as OC make up during the later
part.

The data for the relevant reactor state is given in Fig. 6, plot II - V
and shows the composition of the reactor inlet and outlet gas (II), the
solid circulation as calculated by the method presented in Section 2
(III), the oxygen uptake and carbon release inside the AR based on the
balance equations of the streams entering and leaving the reactor (IV),
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Fig. 7. Solid Circulation over Temperature Difference and fuel reactor gas velocity.

and the temperature difference 𝛥𝑇 between AR and FR with the OC
make up stream fed into the reactor (V). The expected range of solid
circulation �̇�𝑂𝐶=1.58 kg s−1 to 3.33 kg s−1 from the design phase of the
experimental facility [13] is indicated in Fig. 6, plot III by the green
region.

It can be recognized from the AR gas composition (II) that there
are many samples taken during times where major changes in gas
composition occur. These are caused by adjustments made to various
operation parameters to optimize the CLG process (corresponding times
are indicated by the grey background). Here fluctuation of the calcu-
lated solid circulation between the two reactors is expected, as the solid
circulation is impacted by the adjustments. However, these changes
occur over time scales in the range of multiple hours, which is much
longer than the required time for the oxygen carrier to cycle through
the system, making the method applicable to the data. There exist two
longer operation periods where only minor adjustment were performed
by the plant operators and where the calculation should yield values
with fluctuations not exceeding the uncertainty. However, the high
fluctuation of the carbon based calculation Fig. 6, plot III suggests

non representative carbon samples. The oxygen based calculation yields
results which fall into the expected range of solid circulation [13]
and do not fluctuate as much between consecutive samples. It can be
asserted, that during the first phases all except one of the measurements
are in the expected region. Nonetheless, the outlier was sampled during
a system restart with very low circulation and FR gas velocity (see
also Fig. 7) and is therefore likely to be correct. In both plots (II &
III) the two distinct modes of operation can also be seen. In plot II,
the later part – the oxygen deficient state of the AR – is defined by
𝑦𝑂2 ,𝑜𝑢𝑡 = 0 while in plot III there is a significant increase in oxygen
based calculated solid circulation �̇�𝑂𝐶 .

The carbon and oxygen balance in Fig. 6, plot IV shows the oxygen
uptake and carbon release inside the AR. However, when using the
carbon based solid circulation and the change 𝛥𝑋𝑆 from the samples to
calculate the oxygen uptake it does match the uptake from the gas flows
inside the uncertainty range only for very few samples. This is also
indicative of non representative carbon sampling. As such, the other
direction – using the oxygen based solid circulation and the change 𝛥𝑥𝑐
from the samples to calculate the carbon release – does neither match
the gas phase calculation.
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Fig. 8. Relative uncertainty over the difference in the transported species in input and output sample.

In Fig. 6, plot V the temperature difference 𝛥𝑇 between the reactors
is given together with the OC make up feed rate �̇�𝑂𝐶 . The feed of coarse
material is indicated in blue, while the fine material is red. Again,
the two operational states are clearly visible in the plot as there is a
decrease in temperature difference between the reactors as soon as the
finer material is fed to the system. The total make up of coarse material
fed to the reactor system over the period of 152 h depicted is 932 kg
with an average feed rate of �̇�𝑂𝐶 = 6.1 kg h−1. In contrast, the total
make up of fine material is 1422 kg over 58 h at an average feed rate of
�̇�𝑂𝐶 = 24.5 kg h−1 replacing the inventory. The removal of bed material
is not depicted here.

During the period where the fine OC material was used for make up
(indicated by patterned background) the measured solid circulation in-
creases and exceeds the expected range (III). Moreover, when looking at
the circulation against the temperature difference between the reactors
and the FR gas velocity (Fig. 7) the difference is much smaller with
fine OC than with the coarse OC also indicative of the expected and
measured higher circulation. The carbon based calculation shows none
of the expected trends, further indication that carbon sampling inside
the loop seals is not representative. The experimental temperature
difference is smaller than the 𝛥𝑇 = 100K assumed during the design,
which is also indicative that the observed solid circulation which is
higher than the one assumed during design is true. Moreover, the
finer OC material leads to a much higher material discharge from the
reactors allowing for a higher solid circulation and thus smaller 𝛥𝑇
which also gives credibility to the measured data. The higher solid
circulation also corresponds to higher FR gas velocity as shown in
Fig. 7. Therefore, it can be concluded the method gives qualitatively
correct and likely also quantitative reliable results when oxygen is used.

Regarding the calculated uncertainty it is clear from Eqs. (7) and (8)
that the very small fraction of transported carbon or oxygen during CLG
leads to a comparatively high uncertainty, especially when there is very
low carbon or high oxygen content in the input sample. Furthermore,
as the oxygen transported is in the range 0.6wt. − % to 1.4wt. − %
whereas the carbon fraction is in the range 0.1wt. − % to 0.8wt. − %,
uncertainties of the oxygen case based calculation will be lower. The
relative uncertainty is depicted in Fig. 8 over the difference of inlet
and outlet composition of the transported species 𝛥𝑋𝑆 and 𝛥𝑥𝑐 . It is
immediately visible that the uncertainty of the carbon based calculation
is higher than from the oxygen based case. Additionally the oxygen
based calculation features lower uncertainty for a higher change in
oxidation degree 𝑋𝑆 and for lower carbon slip, while the uncertainty

of the carbon based calculation shows only the expected dependency
on carbon slip where higher carbon slip results in lower uncertainty.

As oxygen is transported inside the OC lattice structure as part of
the particle and not as a separate particle – like carbon – it is the better
species to use for the calculation. From the evolution of the uncertainty
it can be supposed that the method is likely to give better results if the
fraction of the transported and balanced species is higher (e.g. with CO2
in carbonate looping process). Overall the uncertainty from CLG pilot
testing is below 20% using the more reliable species of oxygen which
is an improvement when compared to existing methods.

The main issue with the presented data is the question of the
representative nature of the samples taken from the loop seals. There
is a clear deviation between the carbon based and oxygen based solid
flux calculation (Fig. 6, IV), and the carbon based results do not show
the expected trends (Fig. 7). Thus, it can be asserted that the sampling
of the carbon is not representative, which makes the overall carbon
based calculation invalid for the presented data. The oxygen based
calculation does not suffer from this problem as it requires correction
only for the carbon residing in the sample and is not dependent on the
correct sampling of the transported carbon. Here, the remaining issue
are regions without material transport inside the loop seal which can
potentially influence the sample. However, this is mitigated by the N2
flushing of the sample line. Both issues can be resolved with taking
samples at a location where the samples would be representative,
e.g. the down comer pipes below the cyclones.

5. Conclusions

A new method for the calculation of the solid circulation in dual
fluidized bed reactor systems has been developed and tested in CLG
experiments in the 1MWth range. It utilizes online measurement of gas
flows and compositions of one reactor in combination with balance
equations and compositions of solid samples.

• The method can be applied to hot reactor systems without break-
ing the loop and relies on measurement equipment already re-
quired for system control requiring only additional solid sam-
ple analysis. The sample point locations must ensure sample
compositions representative for the circulated solids.

• The method does not impact reactor hydrodynamic or chemistry
in any way.
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• For species transported as part of the circulating material lattice
structure the time required for steady-state operation is smaller
than for species transported outside the lattice structure as sep-
arate particles. The actual time depends on reactor size and bed
material inventory and lies in the time range required for the bed
material inventory to be cycled through the system once.

• Species which are transported as part of the solid lattice should
be preferred over species transported in separate particles as it
reduces the likelihood of sampling errors.

• The solid circulation determined by the method fluctuates in-
side the range of the propagated uncertainty for steady-state
operation.

• The uncertainty of the method reduces with increasing fraction
of the transported and balanced species. The accuracy of solid
flux measurement is – depending on the transported species –
better than with other available methods. It is below 20% for the
presented experimental data with a species which comprises of
about 0.6wt. − % to 1.4wt. − % of the solids flux.
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Appendix A. Detailed equations

A.1. General equations

0 = 𝑥𝑖,𝑖𝑛 ⋅ �̇�𝑆,𝑖𝑛 − 𝑥𝑖,𝑜𝑢𝑡 ⋅ �̇�𝑆,𝑜𝑢𝑡+
𝑦𝑖,𝑖𝑛�̇�𝑔𝑎𝑠,𝑖𝑛 − 𝑦𝑖,𝑜𝑢𝑡�̇�𝑔𝑎𝑠,𝑜𝑢𝑡

(A.1)

0 = �̇�𝑆,𝑖𝑛 − �̇�𝑆,𝑜𝑢𝑡 +
∑
𝑗≠𝑖

𝑦𝑗,𝑖𝑛 ⋅ �̇�𝐺𝑎𝑠,𝑖𝑛−
∑
𝑗≠𝑖

𝑦𝑗,𝑜𝑢𝑡 ⋅ �̇�𝐺𝑎𝑠,𝑜𝑢𝑡
(A.2)

𝛥�̇�𝑆 = −�̇�𝑆,𝑖𝑛 + �̇�𝑆,𝑜𝑢𝑡
=

∑
𝑗≠𝑖

𝑦𝑗,𝑖𝑛 ⋅ �̇�𝐺𝑎𝑠,𝑖𝑛 −
∑
𝑗≠𝑖

𝑦𝑗,𝑜𝑢𝑡 ⋅ �̇�𝐺𝑎𝑠,𝑜𝑢𝑡 (A.3)

0 = 𝑥𝑖,𝑖𝑛 ⋅ �̇�𝑆,𝑖𝑛 − 𝑥𝑖,𝑜𝑢𝑡
(
�̇�𝑆,𝑖𝑛+∑

𝑗≠𝑖
𝑦𝑗,𝑖𝑛 ⋅ �̇�𝐺𝑎𝑠,𝑖𝑛 −

∑
𝑗≠𝑖

𝑦𝑗,𝑜𝑢𝑡 ⋅ �̇�𝐺𝑎𝑠,𝑜𝑢𝑡

)

+ 𝑦𝑖,𝑖𝑛�̇�𝑔𝑎𝑠,𝑖𝑛 − 𝑦𝑖,𝑜𝑢𝑡�̇�𝑔𝑎𝑠,𝑜𝑢𝑡

= �̇�𝑆,𝑖𝑛(𝑥𝑖,𝑖𝑛 − 𝑥𝑖,𝑜𝑢𝑡) − 𝑥𝑖,𝑜𝑢𝑡
( ∑

𝑗≠𝑖
𝑦𝑗,𝑖𝑛 ⋅ �̇�𝐺𝑎𝑠,𝑖𝑛−

∑
𝑗≠𝑖

𝑦𝑗,𝑜𝑢𝑡 ⋅ �̇�𝐺𝑎𝑠,𝑜𝑢𝑡

)

+ 𝑦𝑖,𝑖𝑛�̇�𝑔𝑎𝑠,𝑖𝑛 − 𝑦𝑖,𝑜𝑢𝑡�̇�𝑔𝑎𝑠,𝑜𝑢𝑡
= �̇�𝑆,𝑖𝑛(𝑥𝑖,𝑖𝑛 − 𝑥𝑖,𝑜𝑢𝑡)

+ �̇�𝐺𝑎𝑠,𝑖𝑛(𝑦𝑖,𝑖𝑛 −
∑
𝑗≠𝑖

𝑦𝑗,𝑖𝑛 ⋅ 𝑥𝑖,𝑜𝑢𝑡)

− �̇�𝑔𝑎𝑠,𝑜𝑢𝑡(𝑦𝑖,𝑜𝑢𝑡 −
∑
𝑗≠𝑖

𝑦𝑗,𝑜𝑢𝑡 ⋅ 𝑥𝑖,𝑜𝑢𝑡)

(A.4)

�̇�𝑆 =

�̇�𝐺𝑎𝑠,𝑖𝑛(𝑦𝑖,𝑖𝑛 −
∑

𝑗≠𝑖 𝑦𝑗,𝑖𝑛 ⋅ 𝑥𝑖,𝑜𝑢𝑡) −
�̇�𝐺𝑎𝑠,𝑜𝑢𝑡(𝑦𝑖,𝑜𝑢𝑡 −

∑
𝑗≠𝑖 𝑦𝑗,𝑜𝑢𝑡 ⋅ 𝑥𝑖,𝑜𝑢𝑡)

𝑥𝑖,𝑜𝑢𝑡 − 𝑥𝑖,𝑖𝑛

(A.5)

A.1.1. 𝑥𝑂 from scale and oven

𝑥𝑂,𝑖𝑛 =
𝑚𝑠,𝑖𝑛

𝑚𝑠,𝑖𝑛
− 1 = 0 (A.6)

𝑥𝑂,𝑚𝑎𝑥 =
𝑚𝑒,𝑖𝑛

𝑚𝑠,𝑖𝑛
− 1 (A.7)

𝑥𝑂,𝑜𝑢𝑡 =
𝑚𝑠,𝑜𝑢𝑡

𝑚𝑓
𝑠,𝑜𝑢𝑡

− 1 (A.8)

𝑚𝑒,𝑖𝑛 =(1 + 𝑥𝑂,𝑚𝑎𝑥)𝑚𝑠,𝑖𝑛 (A.9)

𝑚𝑒,𝑜𝑢𝑡 =(1 + 𝑥𝑂,𝑚𝑎𝑥)𝑚
𝑓
𝑠,𝑜𝑢𝑡 (A.10)

𝑚𝑓
𝑠,𝑜𝑢𝑡 =

𝑚𝑒,𝑜𝑢𝑡

1 + 𝑥𝑂,𝑚𝑎𝑥
(A.11)

=
𝑚𝑒,𝑜𝑢𝑡

1 + 𝑚𝑒,𝑖𝑛
𝑚𝑠,𝑖𝑛

− 1
(A.12)

=
𝑚𝑒,𝑜𝑢𝑡
𝑚𝑒,𝑖𝑛
𝑚𝑠,𝑖𝑛

(A.13)

=𝑚𝑒,𝑜𝑢𝑡 ⋅
𝑚𝑠,𝑖𝑛

𝑚𝑒,𝑖𝑛
(A.14)

It follows:

𝑥𝑂,𝑜𝑢𝑡 =
𝑚𝑠,𝑜𝑢𝑡

𝑚𝑒,𝑜𝑢𝑡 ⋅
𝑚𝑠,𝑖𝑛
𝑚𝑒,𝑖𝑛

− 1 (A.15)

=
𝑚𝑠,𝑜𝑢𝑡𝑚𝑒,𝑖𝑛

𝑚𝑒,𝑜𝑢𝑡 ⋅ 𝑚𝑠,𝑖𝑛
− 1 (A.16)

Partial derivatives:
𝜕𝑥𝑂,𝑜𝑢𝑡

𝜕𝑚𝑠,𝑜𝑢𝑡
=

𝑚𝑒,𝑖𝑛

𝑚𝑒,𝑜𝑢𝑡 ⋅ 𝑚𝑠,𝑖𝑛
(A.17)

𝜕𝑥𝑂,𝑜𝑢𝑡

𝜕𝑚𝑒,𝑜𝑢𝑡
= −

𝑚𝑠,𝑜𝑢𝑡𝑚𝑒,𝑖𝑛

𝑚2
𝑒,𝑜𝑢𝑡 ⋅ 𝑚𝑠,𝑖𝑛

(A.18)

𝜕𝑥𝑂,𝑜𝑢𝑡

𝜕𝑚𝑠,𝑖𝑛
= −

𝑚𝑠,𝑜𝑢𝑡𝑚𝑒,𝑖𝑛

𝑚𝑒,𝑜𝑢𝑡 ⋅ 𝑚2
𝑠,𝑖𝑛

(A.19)

𝜕𝑥𝑂,𝑜𝑢𝑡

𝜕𝑚𝑒,𝑖𝑛
=

𝑚𝑠,𝑜𝑢𝑡

𝑚𝑒,𝑜𝑢𝑡 ⋅ 𝑚𝑠,𝑖𝑛
(A.20)

A.2. Derivatives for the calculation of the propagation of uncertainties

A.2.1. Derivatives for oxygen

𝜕�̇�𝑂𝐶
𝜕�̇�𝐺𝑎𝑠,𝑖𝑛

=
𝑦𝑂2,𝑖𝑛 +

𝑊𝑂2
𝑊𝐶𝑂2

𝑦𝐶𝑂2 ,𝑖𝑛

𝑥𝑂,𝑜𝑢𝑡 − 𝑥𝑂,𝑖𝑛
(A.21)
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Table B.7
Results for the solid circulation including uncertainty from pilot testing. The rows with grey background are taken during reactor restart and shutdown.

Time Label Sample mass 𝑥𝑐,𝑖𝑛 𝑥𝑐,𝑜𝑢𝑡 𝑋𝑆,𝑜𝑢𝑡 𝑋𝑆,𝑖𝑛 Carbon Oxygen 𝛥𝑇

AR FR �̇�𝑂𝐶 𝛥�̇�𝑂𝐶
𝛥�̇�𝑂𝐶

�̇�𝑂𝐶
�̇�𝑂𝐶 𝛥�̇�𝑂𝐶

𝛥�̇�𝑂𝐶

�̇�𝑂𝐶

kg kg wt. − % wt. − % kg s−1 kg s−1 kg s−1 kg s−1 K

20.06. 22:00 CLA2-S-18 0.83 1.51 0,12 0,00 0,74 1,02 4,99 3,36 0,67 3,01 0,31 0,10 86
21.06. 09:54 CLA2-S-22 0.76 1.24 0,50 0,00 0,79 0,97 1,39 0,27 0,19 0,79 0,43 0,55 190
21.06. 12:11 CLA2-S-24 0.84 1.19 0,21 0,01 0,71 0,99 3,96 1,54 0,39 1,91 0,28 0,15 124
21.06. 14:38 CLA2-S-26 0.85 1.39 0,17 0,01 0,64 0,95 4,01 1,83 0,45 2,93 0,26 0,09 104
21.06. 17:27 CLA2-S-28 1.46 1.41 0,26 0,01 0,63 0,97 2,37 0,55 0,23 3,11 0,24 0,08 103
21.06. 20:16 CLA2-S-31 0.43 1.53 0,15 0,00 0,54 0,95 4,30 1,63 0,38 2,21 0,15 0,07 111
21.06. 22:30 CLA2-S-33 1.28 1.06 0,18 0,03 0,51 0,89 4,85 1,81 0,37 2,29 0,17 0,07 112
22.06. 00:30 CLA2-S-35 0.67 0.67 0,33 0,02 0,57 0,85 2,66 0,47 0,18 2,49 0,25 0,10 118
22.06. 01:58 CLA2-S-38 1.31 1.44 0,27 0,03 0,63 0,89 3,80 0,83 0,22 2,08 0,26 0,13 123
22.06. 04:30 CLA2-S-40 0.78 1.43 0,32 0,02 0,72 0,99 3,16 0,57 0,18 2,08 0,26 0,12 129
22.06. 06:00 CLA2-S-42 0.99 1.29 0,54 0,04 0,74 0,99 2,19 0,25 0,11 1,82 0,27 0,15 139
22.06. 10:52 CLA2-S-45 1.05 1.04 0,72 0,03 0,79 0,91 1,92 0,17 0,09 2,21 0,65 0,29 166
22.06. 13:08 CLA2-S-47 1.21 0.60 0,33 0,02 0,76 0,95 3,06 0,72 0,23 2,12 0,41 0,19 152
22.06. 14:52 CLA2-S-51 1.19 0.91 0,33 0,01 0,80 0,97 2,74 0,62 0,23 2,70 0,50 0,19 145
23.06. 00:15 CLA2-S-53 1.58 1.16 0,49 0,01 0,68 0,96 1,88 0,28 0,15 1,84 0,28 0,15 151
23.06. 02:15 CLA2-S-54 1.19 1.43 0,45 0,02 0,69 0,96 1,95 0,33 0,17 2,10 0,29 0,14 137
23.06. 05:15 CLA2-S-59 1.37 0.78 0,17 0,02 0,75 0,95 5,75 2,48 0,43 3,12 0,43 0,14 131
24.06. 21:25 CLA2-S-80 1.41 0.93 0,50 0,02 0,73 0,96 2,07 0,31 0,15 2,76 0,36 0,13 137
25.06. 21:45 CLA2-S-82 1.20 1.04 0,19 0,01 0,81 1,04 4,62 1,46 0,32 3,03 0,34 0,11 131
26.06. 14:20 CLA2-S-92 1.01 1.21 0,43 0,02 0,73 0,95 2,08 0,32 0,16 3,33 0,38 0,11 99
26.06. 16:24 CLA2-S-96 1.08 0.98 0,21 0,02 0,71 0,94 4,62 1,32 0,28 3,72 0,37 0,10 93
26.06. 19:10 CLA2-S-98 0.90 0.76 0,22 0,03 0,61 0,85 4,68 1,49 0,32 3,00 0,33 0,11 96
26.06. 20:51 CLA2-S-100 1.48 1.25 0,32 0,15 0,57 0,77 5,99 2,14 0,36 3,04 0,39 0,13 103
26.06. 23:50 CLA2-S-102 1.42 1.40 0,79 0,06 0,64 0,84 1,50 0,14 0,10 2,64 0,38 0,14 104
27.06. 02:07 CLA2-S-104 1.37 1.45 0,60 0,06 0,59 0,76 1,89 0,24 0,12 3,38 0,49 0,15 77
27.06. 04:45 CLA2-S-106 1.28 1.31 0,23 0,06 0,57 0,70 6,20 2,27 0,37 4,18 0,68 0,16 67
27.06. 06:14 CLA2-S-110 1.39 1.35 0,45 0,12 0,66 0,76 3,03 0,58 0,19 5,55 1,06 0,19 53
27.06. 08:31 CLA2-S-112 1.29 1.36 0,60 0,11 0,61 0,70 2,15 0,29 0,14 5,66 1,14 0,20 56
27.06. 10:02 CLA2-S-114 1.00 1.31 0,74 0,07 0,61 0,71 1,64 0,17 0,10 5,48 1,00 0,18 54
27.06. 12:08 CLA2-S-117 1.33 1.31 0,34 0,07 0,62 0,71 3,85 0,89 0,23 7,64 1,55 0,20 59
27.06. 14:20 CLA2-S-121 0.97 1.39 0,55 0,09 0,60 0,72 2,21 0,31 0,14 5,44 0,81 0,15 51
27.06. 22:50 CLA2-S-126 1.42 1.34 0,38 0,14 0,57 0,70 3,70 0,93 0,25 6,33 0,86 0,14 39
28.06. 02:30 CLA2-S-130 1.08 1.15 0,38 0,15 0,56 0,69 4,38 1,18 0,27 5,10 0,80 0,16 38
28.06. 05:37 CLA2-S-132 1.40 1.35 0,53 0,22 0,63 0,72 3,16 0,62 0,20 7,39 1,51 0,20 37
28.06. 07:51 CLA2-S-136 1.25 1.16 0,51 0,14 0,61 0,74 2,74 0,47 0,17 6,13 0,83 0,14 50
28.06. 10:14 CLA2-S-142 0.87 1.30 0,51 0,10 0,65 0,82 2,09 0,33 0,16 5,53 0,61 0,11 61
28.06. 18:26 CLA2-S-145 0.88 1.13 0,29 0,02 0,50 0,73 3,53 0,76 0,22 3,89 0,37 0,09 85
28.06. 21:46 CLA2-S-149 0.66 0.57 0,92 0,19 0,79 0,86 1,38 0,13 0,10 3,61 1,14 0,32 109

𝜕�̇�𝑂𝐶
𝜕�̇�𝐺𝑎𝑠,𝑜𝑢𝑡

=
−(𝑦𝑂2,𝑜𝑢𝑡 +

𝑊𝑂2
𝑊𝐶𝑂2

𝑦𝐶𝑂2 ,𝑜𝑢𝑡)

𝑥𝑂,𝑜𝑢𝑡 − 𝑥𝑂,𝑖𝑛
(A.22)

𝜕�̇�𝑂𝐶
𝜕𝑦𝐶𝑂2 ,𝑖𝑛

=
�̇�𝐺𝑎𝑠,𝑖𝑛

𝑊𝑂2
𝑊𝐶𝑂2

𝑥𝑂,𝑜𝑢𝑡 − 𝑥𝑂,𝑖𝑛
(A.23)

𝜕�̇�𝑂𝐶
𝜕𝑦𝐶𝑂2 ,𝑜𝑢𝑡

= −
�̇�𝐺𝑎𝑠,𝑜𝑢𝑡

𝑊𝑂2
𝑊𝐶𝑂2

𝑥𝑂,𝑜𝑢𝑡 − 𝑥𝑂,𝑖𝑛
(A.24)

𝜕�̇�𝑂𝐶
𝜕𝑦𝑂2 ,𝑖𝑛

=
�̇�𝐺𝑎𝑠,𝑖𝑛

𝑥𝑂,𝑜𝑢𝑡 − 𝑥𝑂,𝑖𝑛
(A.25)

𝜕�̇�𝑂𝐶
𝜕𝑦𝑂2 ,𝑜𝑢𝑡

= −
�̇�𝐺𝑎𝑠,𝑜𝑢𝑡

𝑥𝑂,𝑜𝑢𝑡 − 𝑥𝑂,𝑖𝑛
(A.26)

𝜕�̇�𝑂𝐶
𝜕𝑥𝑂,𝑖𝑛

=

�̇�𝐺𝑎𝑠,𝑖𝑛(𝑦𝑂2,𝑖𝑛 +
𝑊𝑂2
𝑊𝐶𝑂2

𝑦𝐶𝑂2 ,𝑖𝑛) −

�̇�𝐺𝑎𝑠,𝑜𝑢𝑡(𝑦𝑂2,𝑜𝑢𝑡 +
𝑊𝑂2
𝑊𝐶𝑂2

𝑦𝐶𝑂2 ,𝑜𝑢𝑡)

(𝑥𝑂,𝑜𝑢𝑡 − 𝑥𝑂,𝑖𝑛)2
(A.27)

𝜕�̇�𝑂𝐶
𝜕𝑥𝑂,𝑜𝑢𝑡

= −

�̇�𝐺𝑎𝑠,𝑖𝑛(𝑦𝑂2,𝑖𝑛 +
𝑊𝑂2
𝑊𝐶𝑂2

𝑦𝐶𝑂2 ,𝑖𝑛) −

�̇�𝐺𝑎𝑠,𝑜𝑢𝑡(𝑦𝑂2,𝑜𝑢𝑡 +
𝑊𝑂2
𝑊𝐶𝑂2

𝑦𝐶𝑂2 ,𝑜𝑢𝑡)

(𝑥𝑂,𝑜𝑢𝑡 − 𝑥𝑂,𝑖𝑛)2
(A.28)

A.2.2. Derivatives for carbon

𝜕�̇�𝑂𝐶
𝜕�̇�𝐺𝑎𝑠,𝑖𝑛

=
𝑦𝐶,𝑖𝑛 − 𝑦𝑂,𝑖𝑛 ⋅ 𝑥𝐶,𝑜𝑢𝑡

𝑥𝐶,𝑜𝑢𝑡 − 𝑥𝐶,𝑖𝑛
(A.29)

𝜕�̇�𝑂𝐶
𝜕�̇�𝐺𝑎𝑠,𝑜𝑢𝑡

=
𝑦𝐶,𝑜𝑢𝑡 − 𝑦𝑂,𝑜𝑢𝑡 ⋅ 𝑥𝐶,𝑜𝑢𝑡

𝑥𝐶,𝑜𝑢𝑡 − 𝑥𝐶,𝑖𝑛
(A.30)

𝜕�̇�𝑂𝐶
𝜕𝑦𝐶𝑂2 ,𝑖𝑛

=
�̇�𝐺𝑎𝑠,𝑖𝑛(

𝑊𝐶
𝑊𝐶𝑂2

−
𝑊𝑂2
𝑊𝐶𝑂2

𝑥𝐶,𝑜𝑢𝑡)

𝑥𝐶,𝑜𝑢𝑡 − 𝑥𝐶,𝑖𝑛
(A.31)

𝜕�̇�𝑂𝐶
𝜕𝑦𝐶𝑂2 ,𝑜𝑢𝑡

= −
�̇�𝐺𝑎𝑠,𝑜𝑢𝑡(

𝑊𝐶
𝑊𝐶𝑂2

−
𝑊𝑂2
𝑊𝐶𝑂2

𝑥𝐶,𝑜𝑢𝑡)

𝑥𝐶,𝑜𝑢𝑡 − 𝑥𝐶,𝑖𝑛
(A.32)

𝜕�̇�𝑂𝐶
𝜕𝑦𝑂2 ,𝑖𝑛

= −
�̇�𝐺𝑎𝑠,𝑖𝑛 ⋅ 𝑥𝐶,𝑜𝑢𝑡

𝑥𝐶,𝑜𝑢𝑡 − 𝑥𝐶,𝑖𝑛
(A.33)

𝜕�̇�𝑂𝐶
𝜕𝑦𝑂2 ,𝑜𝑢𝑡

=
�̇�𝐺𝑎𝑠,𝑜𝑢𝑡 ⋅ 𝑥𝐶,𝑜𝑢𝑡

𝑥𝐶,𝑜𝑢𝑡 − 𝑥𝐶,𝑖𝑛
(A.34)

𝜕�̇�𝑂𝐶
𝜕𝑥𝐶,𝑖𝑛

=

�̇�𝐺𝑎𝑠,𝑖𝑛(
𝑊𝐶

𝑊𝐶𝑂2
𝑦𝐶𝑂2 ,𝑖𝑛 −

(𝑦𝑂2,𝑖𝑛 +
𝑊𝑂2
𝑊𝐶𝑂2

𝑦𝐶𝑂2 ,𝑖𝑛) ⋅ 𝑥𝐶,𝑜𝑢𝑡)−

�̇�𝐺𝑎𝑠,𝑜𝑢𝑡(
𝑊𝐶

𝑊𝐶𝑂2
𝑦𝐶𝑂2 ,𝑜𝑢𝑡 −

(𝑦𝑂2,𝑜𝑢𝑡 +
𝑊𝑂2
𝑊𝐶𝑂2

𝑦𝐶𝑂2 ,𝑜𝑢𝑡) ⋅ 𝑥𝐶,𝑜𝑢𝑡)
(𝑥𝐶,𝑜𝑢𝑡−𝑥𝐶,𝑖𝑛)2

(A.35)
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𝜕�̇�𝑂𝐶
𝜕𝑥𝐶,𝑜𝑢𝑡

= −

�̇�𝐺𝑎𝑠,𝑖𝑛(
𝑊𝐶

𝑊𝐶𝑂2
𝑦𝐶𝑂2 ,𝑖𝑛 −

(𝑦𝑂2,𝑖𝑛 +
𝑊𝑂2
𝑊𝐶𝑂2

𝑦𝐶𝑂2 ,𝑖𝑛) ⋅ 𝑥𝐶,𝑖𝑛)+

�̇�𝐺𝑎𝑠,𝑜𝑢𝑡(
𝑊𝐶

𝑊𝐶𝑂2
𝑦𝐶𝑂2 ,𝑜𝑢𝑡 −

(𝑦𝑂2,𝑜𝑢𝑡 +
𝑊𝑂2
𝑊𝐶𝑂2

𝑦𝐶𝑂2 ,𝑜𝑢𝑡) ⋅ 𝑥𝐶,𝑖𝑛)
(𝑥𝐶,𝑜𝑢𝑡−𝑥𝐶,𝑖𝑛)2

(A.36)

Appendix B. Results from offline samples

See Table B.7.
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A B S T R A C T   

Chemical looping gasification (CLG) is a novel gasification concept, allowing for the efficient production of a 
high calorific, N₂-free syngas with low tar content. Previous studies showed that the inherent process charac-
teristics require a dedicated process control concept in order to allow for sufficient solid and thus heat transport 
between the two reactors (air and fuel reactor) of the gasification unit, while at the same time being able to 
accurately tailor the air-to-fuel equivalence ratio (λ), thus obtaining stable gasification conditions. To demon-
strate its viability, a suitable control concept was implemented in the 1 MWth modular pilot plant located at the 
Technical University Darmstadt. In this paper, results obtained during the first ever autothermal CLG operation, 
achieved in this unit using biomass pellets as the feedstock, are presented, highlighting important process fun-
damentals. It is demonstrated that the novel process control concept allows for an accurate control of λ in semi- 
industrial scale, while at the same time guaranteeing stable hydrodynamics and thus solid and heat transport 
between the air and fuel reactor, making it a suitable control concept for large-scale implementation. Moreover, 
it is demonstrated that the underlying phenomena of the CLG process lead to substantial system inertia, as the 
solid bed inventory of the gasifier acts as an oxygen storage during transient periods, evoked by changes in the 
air-to-fuel equivalence ratio.   

1. Introduction 

In light of the current challenges in terms of climate protection and 
energy transition, novel, sustainable and yet competitive processes and 
technologies in the energy, transport, and industry sector are urgently 
needed. Thus, innovative carbon-negative process chains for the pro-
duction of 2nd generation biofuels are required (DIRECTIVE (EU) 2018). 
Here, one option under broad consideration is converting biogenic res-
idues into a high-calorific syngas, before further treatment and fuel 
synthesis (Atsonios et al., 2020; Roshan Kumar et al., 2022). 

Oxygen-blown gasifiers, allowing for the efficient production of a N₂- 
free syngas, thus facilitating its direct utilization in syntheses, have been 
widely researched, going back to the start of the last century (Higman 
and van der Burgt, 2008). With recent developments encouraging routes 
of valorizing residues (e.g. biomass, municipal waste, etc.) chemically, 
research interest in this field has been revived (Heinze et al., 2023; 
Langner et al., 2023). Apart from their maturity, the advantages of 
oxygen-blown gasifiers arise from the direct utilization of molecular 
oxygen in the gasification chamber, thus facilitating high reaction 
temperatures and excellent feedstock conversion. Therefore, cold gas 

efficiencies above 75% can be obtained, depending on the gasifier type 
and the utilized feedstock (Higman and van der Burgt, 2008). 

A novel gasification technology, allowing for an efficient conversion 
of biomass residues into a high-calorific syngas, is the chemical looping 
gasification (CLG) process, illustrated in Fig. 1. Its major advantage is 
that the oxygen required for efficient feedstock conversion is supplied 
through the cyclic reduction and oxidation of an oxygen carrier (OC). 
Hence, CLG does not rely on a costly air separation unit, commonly 
required for oxygen-driven gasification processes. Moreover, despite air 
being used as the oxygen source in the gasification process, CLG allows 
for an efficient capturing of the CO₂ formed during the autothermal 
gasification step from the N₂-free product gas in the downstream syngas 
purification unit, thus allowing for net negative CO₂ emissions of the 
biomass-to-biofuel process chain (Nguyen et al., 2021; Huang et al., Oct. 
2016; Huang et al., Jan. 2014; Ge et al., 2016a; Guo et al., 2014; Huang 
et al., Jul. 2013). 

Initial advances in the CLG were mainly restricted to lab-scale in-
vestigations. Here, the CLG technology was investigated in batch 
(Huang et al., Jan. 2014; Huang et al., Jul. 2013; Xu et al., Nov. 2021) as 
well as continuous reactor setups (Huseyin et al., 2014; Acharya et al., 
2009), operated as fixed bed (Yan et al., May 2020; Liu et al., Nov. 2019) 
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or fluidized bed reactors (Huseyin et al., 2014; Condori et al., 2021a; 
Condori et al., 2021b), using oxygen carriers of different nature (Huang 
et al., Jan. 2014; Hildor et al., 2020; Moldenhauer et al., 2018; He et al., 
2011; Zhao et al., 2015; Abdalazeez et al., 2022). Moreover, the suit-
ability of various biomass-based feedstocks, such as rice husks (Ge et al., 
2016a; Abdalazeez et al., 2022; Ge et al., 2016b), rice straw (Hu et al., 
Feb. 2019), sawdust (Xu et al., Nov. 2021; He et al., 2011), and wood 
pellets (Condori et al., 2021b; Hildor et al., 2020; Moldenhauer et al., 
2018) has been established for CLG operation. In their review, Goel 

et al. (2022) present a comprehensive overview over those endeavors, 
highlighting the most important variables affecting the efficiency of the 
CLG system, such as FR temperature, gasification agent, or properties of 
the utilized OC. More recent advances, conducted in larger pilot plants, 
aim towards the large-scale implementation of the CLG technology (Ge 
et al., 2016a; Pissot et al., 2018; Condori et al., 2022), thus tackling 
fundamental questions with regard to process stability, operability, and 
efficiency. 

One aspect that has been found to be crucial for up-scaling of the CLG 

Nomenclature 

Latin Symbols 
d Diameter 
l length 
LHV Lower heating value 
mi Mass of species i 
ṁι Mass Flow of species i 
ṅι Mole Flow of species i 
P Power 
Q̇cool Cooling Duty 
RR Recycling Ratio 
ROC Oxygen transport capability 
RFeed Oxygen requirement of feedstock 
RC3H8 Oxygen requirement of Propane 

T Temperature 
u0 Gas Velocity 
V̇Rec. Volume flow of recycled AR flue gas 
V̇Air Volume flow of fresh air 

wi Mass fraction of species i 
xi Mole fraction of species i 
Xi Conversion of species i 

Greek Symbols 
ΔXs Difference in oxidation degree of OC 
ΔHR Reaction enthalpy 
λ Air-to-fuel equivalence ratio 
ηCGE Cold gas efficiency 

ϕλ Ratio of effective air-to-fuel equivalence ratios for FR and 
AR 

τs Solids residence time 

Abbreviations/Acronyms 
AR Air Reactor 
BP Operating Period 
CFB Circulating Fluidized Bed Reactor 
CGE Cold Gas Efficiency 
CLG Chemical Looping Gasification 
CLC Chemical Looping Combustion 
DFBG Dual Fluidized Bed Gasification 
FR Fuel Reactor 
LS Loop Seal 
MSR Measurement and Control 
OC Oxygen Carrier 
TP Transient Period 

Indices 
AR Air Reactor 
C Carbon 
eff Effective 
gas Gas 
Feed Feedstock 
FR Fuel Reactor 
fine Fine fraction 
in Inlet 
O Oxygen 
OC Oxygen Carrier 
out Outlet 
ox Oxidized 
red Reduced 
RL Refractory Lining 
S Solid 
tot Total 
th Thermal  

Fig. 1. Illustration of CLG process.  
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technology is related to the dual-purpose of the OC material, circulating 
between AR and FR (Dieringer et al., 2020; Samprón et al., 2021). As it 
does not only transport O₂ from the air reactor (AR) to the fuel reactor 
(FR), but is also responsible for the transport of sensible heat between 
the two reactors (Ohlemüller et al., 2016; Pröll et al., 2010), it allows for 
a N₂-free oxidation of the feedstock inside the FR and facilitates a sta-
bilization of FR temperatures at the desired levels (i.e. >800 ◦C). In 
contrast to chemical looping combustion, partial oxidation of the feed-
stock is desired inside the FR in CLG (Huseyin et al., 2014; Ge et al., 
2016b). This means that the oxygen availability in the FR has to be 
limited, while large heat fluxes to the FR are required, in order to 
maintain a stable fuel reactor temperature despite the pronounced 
occurrence of endothermic gasification reactions (Dieringer et al., 2020; 
Samprón et al., 2021). Therefore, novel process control strategies and 
plant designs, allowing for a de-coupling of oxygen and heat transport 
between the AR and FR are required in CLG (Dieringer et al., 2020; 
Samprón et al., 2021). In theory, a number of process control concepts 
are viable to achieve autothermal (i.e. without external heating) CLG 
operation. Yet, modeling approaches (Dieringer et al., 2020; Samprón 
et al., 2021) as well as initial test runs in small (Condori et al., 2021a,b) 
and medium-sized pilots (Condori et al., 2022) showed that restricting 
the air supply in the AR to reduce the overall air-to-fuel ratio to values 
below unity, hence obtaining gasification conditions, is the most 
promising approach. Therefore, the 1 MWth pilot plant located at the 
Technical University Darmstadt, was adapted accordingly, to allow for 
autothermal CLG operation in an industrially relevant environment. 

The aim of this study was to demonstrate that the production of a 
high-grade synthesis gas is feasible via autothermal CLG, using the 
adapted 1 MWth pilot plant in combination with a tailored novel process 
control concept. The presented work comprises overarching results of 
the first-ever successful autothermal CLG operation, including a 
comprehensive set of live-data for the most important system variables, 
as well as characterization of OC samples collected throughout the 
continuous 14 days of operation. On the basis of these data-sets, a 
wholistic acting mechanism for the CLG technology is proposed, laying 
the ground-work for the systemic understanding of an industrially 
operated chemical looping gasifier. Moreover, the presented results 
show that using the suggested process control strategy allows for the 

production of a high-calorific syngas in semi-industrial scale, under-
lining the competitiveness of the CLG technology. 

2. Experimental 

2.1. 1 MWth pilot plant layout 

The layout of the 1 MWth CLG pilot plant is described in detail 
elsewhere (Marx et al., 2021). Therefore, only the main features of the 
pilot, schematically shown in Fig. 2, are elaborated hereinafter. 

The reactor system, consisting of an air reactor (0.59 m inner 
diameter, 8.66 m height), a fuel reactor (0.4 m inner diameter, 11.35 m 
height), and three coupling elements (two loop seals and a J-valve), is 
refractory lined to minimize heat losses, allowing for autothermal 
operation (i.e. without electrical heating). Both reactors are designed as 
circulating fluidized bed (CFB) reactors and are equipped with water- 
cooled ash sluicing screws for continuous or batch-wise material 
extraction from the bed. Moreover, each reactor can be additionally 
heated with propane, using a start-up burner or a bed lance. The AR has 
a design temperature of 1050 ◦C and can be fluidized with air or a 
mixture of air and recycled AR flue gas, which can be electrically pre- 
heated to temperatures up to 375 ◦C. For process control reasons, the 
inlet gas composition (O₂, CO₂) is measured for the AR (see Section 
2.3.2) .1 The fuel reactor has a design temperature of 970 ◦C and can be 
fluidized with air, steam, a mixture of steam and CO₂, or a mixture of air 
and CO₂. The fluidization media can be electrically pre-heated to tem-
peratures up to 450 ◦C. Each reactor is equipped with a cyclone for gas 
solid separation and a loop seal to prevent bypassing of gasses. Global 
solid circulation between the two reactors is achieved with a J-valve, 
connecting the loop seal (LS) of the AR (LS4.1) with the fuel reactor. The 
circulating mass flow between both reactors can be adjusted by chang-
ing the fluidization flow of the J-Valve, which can be fluidized with 
nitrogen or CO₂. For the fuel reactor, all entrained material leaving the 

Fig. 2. Simplified process flow diagram of the 1 MWth CLG pilot plant.  

1 CO₂ is measured inside the AR primary air line as CO₂ formed inside the AR 
through the combustion of residual char coming from the FR can be recycled 
back to the primary air line when AR flue gas recirculation is initiated. 
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riser is directly transferred into the AR via LS4.5, which is fluidized with 
nitrogen or CO₂. On the other hand, the option of internal solid circu-
lation via LS4.1, fluidized with nitrogen,2 exists for the AR. This internal 
solid circulation stabilizes the hydrodynamics of the overall system. A 
solid fuel flow up to 250 kg/h corresponding to a thermal power of about 
1.24 MW is introduced into the dense bed of the FR via an oil-cooled 
feeding screw. Fuel supply is either achieved from a fuel silo or via 
big bags through a weighted container equipped with a dosing screw, 
allowing for an exact control of the fuel mass flow. The fuel reactor off- 
gasses first pass a syngas cooler, where it is cooled to a temperature of 
approx. 350  ◦C. Subsequently, the gas composition (CO, CO₂, O₂, H₂, 
CH4) is measured online. To allow for safe venting to the environment, 
the FR product gas is then transferred through a hot gas filter, operated 
at up to 250 ◦C, using a hot syngas compressor, before it enters a thermal 
oxidizer, required for full conversion of all hydrocarbon species to CO₂ 
and H₂O. After online gas sampling (CO, CO₂, O₂, SO₂, NO), the off-gasses 
from the AR are cooled in a heat exchanger, to a temperature <250 ◦C. 
Thereafter, the gas enters a fabric filter for dedusting. Downstream of 
the induced draft fan controlling the freeboard pressure of the AR (see 
PIC2 in Fig. 3), the AR flue gasses can be vented to the environment 
through a stack or can be partly recycled back to the AR airbox via the 
primary-air fan. In order to maintain constant reactor inventories 
throughout operation, the pilot is equipped with a pneumatically fed, 
make-up feeding system, allowing for the controlled introduction of up 
to 200 kg/h of the OC ilmenite into the standpipe of LS4.1. 

2.2. Materials 

2.2.1. OC bed material - ilmenite 
Ilmenite from the Norwegian Company Titania AS, which was suc-

cessfully deployed during previous chemical looping experiments in the 
1 MWth pilot (Ohlemüller et al., 2016; Ströhle et al., 2015; Ohlemüller 
et al., 2017), was used as OC for the CLG experiments presented in this 
study. For the fresh material, a bulk density of 2550 kg/m3, a particle 
density of 4486 kg/m3, and a mean particle diameter of 111 µm (dp,10 =

31 µm, dp,90 = 224 µm) was determined. 

2.2.2. Feedstock 
The feedstock used for pilot testing are industrial wood pellets con-

forming to the Norm ENPlus A1, purchased from Eckard GmbH, Germany. 

The pellets exhibit a cylindrical shape (l ~10-25 mm, d ~6 mm), a bulk 
density of 650 kg/m3, and a lower heating value of 17.96 MJ/kg. Proxi-
mate and Ultimate analysis for the pellets are given in Table 1. 

2.3. Process control concept 

2.3.1. Process control alternatives 
Previous studies concluded that restricting the air supply in the AR, 

thus lowering the air-to-fuel equivalence ratio (λ) of the entire process 
below unity, is the most auspicious approach to obtain gasification 
conditions in chemical looping (Dieringer et al., 2020; Samprón et al., 
2021). Yet, as the air supplied in the AR is not only responsible for 
providing the oxygen driving the chemical looping process, but is also 
crucial for obtaining sufficient solid circulation between the two re-
actors (Dieringer et al., 2020; Samprón et al., 2021), there are three 
conceivable options to achieve the desired gas velocity in the AR (u0,AR) 
and the reduction in λ simultaneously:  

(i) Designing the AR specifically for CLG operation (i.e. with a 
smaller inner diameter than for CLC operation) to reduce the 
amount of fluidization medium required.  

(ii) Recycling AR flue gasses to the AR air box and mixing it with the 
inlet air.  

(iii) Diluting the inlet air to the AR with an inert (e.g. N₂). 

The last option signifies a straight-forward as well as easy to 
implement and validated (Condori et al., 2021a,b, 2022) option, how-
ever leads to significant operational costs due to the constant con-
sumption of inerts. Hence, this option should be neglected for units of 
substantial thermal load (>50–100 kWth). The second option leads to 
starkly reduced operational costs, when compared to (iii), yet comes 
with additional process complexity, requiring additional measurement 
and control (MSR) equipment for process control. Moreover, the recy-
cled AR flue gas leads to increased compression demands for the AR 
primary-air fan and has to be brought to reactor temperatures, requiring 
additional heat. In contrast, the first approach allows for a direct process 
control in CLG without additional operational costs for inerts and 
pre-heating of recycled AR flue gas or equipment requirements, owing to 
its direct tailoring to the required process conditions. However, it is clear 
that this approach is only viable for greenfield plants, as variations in 
reactor dimensions are not easily attainable for existing units. Moreover, 
when using this approach, the plant layout does not allow for mean-
ingful variations in λ (e.g. in case of significant changes in the compo-
sition of the supplied feedstock, requiring more or less heat supply in the 
gasifier), as λ and u0,AR are directly coupled. Therefore, the plant flexi-
bility is reduced. 

Based on this brief evaluation, it becomes obvious that only the 
second option, i.e. the extension of the existing 1 MWth pilot plant with 
an AR flue gas recirculation line, signifies a viable option for its adaption 
for chemical looping gasification, allowing for meaningful parameter 
variations. On top of this, the suggested process control concept could 

Fig. 3. Illustration of CLG control concept utilized in 1 MWth pilot plant.  

Table 1 
Proximate and Ultimate analysis for industrial wood pellets.  

Component wt.-% (d.a.f.)  Component wt.-% (a.r.) 

C 50.8  C-fix 13.3 
H 6  Volatiles 79.6 
O 43.2  Ash 0.65 
N 0.07  Moisture 6.5 
S 0.008    
Cl 0.006     

2 Fluidization with air is also possible for LS4.1, however this option is 
neglected due to safety reasons (risk of air bypassing to FR). 
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also be considered for a full-scale CLG setup, in which feedstock of 
varying quality, source, or nature is to be converted, necessitating 
operation at varying λ to fulfill the heat balance. The implementation of 
this concept is described in detail in the subsequent chapter. 

2.3.2. Implementation of process control concept 
For the independent control of two parameters, the AR gas velocity 

u0,AR and the air-to-fuel equivalence ratio λ, two separate control loops 
are necessary. The process control concept described below, relying on 
three independent control loops, is illustrated in Fig. 3. 

Firstly, the gas velocity in the AR is controlled indirectly via the total 
inlet volume flow into the AR (FY1 from FYC1). The volume flow is 
measured with an aperture measurement, consisting of an orifice plate, a 
pressure measurement (PI1), a differential pressure measurement 
(PDI2), and a temperature measurement (TI1) inside the primary-air line 
of the AR. The calculated value for the inlet volume flow is then 
controlled through a speed controller (SIC1), controlling the rotary 
speed of the primary-air fan via a frequency converter. This control loop 
thus allows for an independent control of u0,AR via the total volume flow 
by the operator through either setting a fixed rotational speed for the 
primary-air fan or selecting the desired volume flow for the controller 
(FYC1). In order to control the oxygen input into the reactor and hence 
the air-to-fuel equivalence ratio λ of the CLG process, the primary-air 
line is equipped with an online oxygen measurement (QI1 from QIC1). 
To determine the oxygen input, the oxygen concentration (QI1 from 
QIC1) is multiplied with the volume flow entering the AR (FY1). With 
this knowledge, the oxygen input can then be controlled via a regulating 
flap in the AR flue gas recycle, which is opened automatically by a 
dedicated controller (QIC1) to increase the flue gas recycle, thus 
decreasing the air input and vice versa. Consequently, the operator can 
set a desired oxygen input and hence a fixed value for λ by either 
selecting the desired oxygen concentration inside the primary-air line or 
by manually positioning the regulating flap to a designated position. In 
theory, these two control loops are sufficient for the desired purpose. 
However, to further increase system stability, a third control loop was 
implemented. This control loop regulates the pressure upstream of the 
primary-air fan through a second gas flap located inside the air intake 
line. Here, the pressure controller (PIC1) opens the regulating flap to 
reduce the pressure and closes it to increase the pressure. By setting a 
fixed value for the pressure upstream of the primary-air fan, it is guar-
anteed that the primary-air fan runs at a constant rotational speed for a 
given volume flow even when the AR flue gas recirculation is adjusted to 
control the air-to-fuel equivalence ratio of the process. 

2.4. Operating conditions 

In March and April 2022, several periods of stable multi-hour CLG 
operation were obtained within a two-week test campaign, during which 
the 1 MWth pilot unit was continuously operated 24 h/day. In total, the 
pilot was operated for ~100 h in chemical looping mode during this 
period. To allow for meaningful comparisons and illustrations of 
important trends, thirty Operating periods (BP) were selected for anal-
ysis, during each of which the most important boundary conditions, 
summarized in Table 4 in the appendix, were kept constant. All thirty 
Operating periods were split into 20-minutes sub-periods, yielding a 
total of 177 sub-periods for subsequent analysis, which also facilitates 
the investigation of potential changes occurring within the individual 
operating points. Moreover, three transient periods (denoted as TP-1, 
TP-2, and TP-3) with a duration of approx. 5–8 hours, leading up to 
stable CLG operation, are described in detail in this paper. These tran-
sient periods are characterized by a transient sub-period induced 
through a targeted adaption of the AR recycling ratio by the operator, 
entailing a characteristic switch towards gasification conditions. The 
boundary conditions for these periods are given in Table 5 in the 
appendix. 

2.5. Evaluation parameters 

To evaluate the merit of the novel CLG control concept, several 
evaluation parameters are introduced. Firstly, the air-to-fuel equiva-
lence ratio, given by the ratio between the available oxygen for solid 
feedstock conversion and the oxygen required for full feedstock com-
bustion, is used to quantify the oxygen input into the gasifier system. 
Here, the numerator constitutes the difference of the oxygen fed to the 
AR, ṁO,AR,in, and the amount of oxygen required for combustion of the 
additional propane fed to the AR via the propane lance: 

λ =
ṁO,AR,in − ṁC3H8,AR.RC3H8

ṁFeed.RFeed
(1) 

In Eq. (1), RC3H8 (3.628 kgO/kg) and RFeed (1.306 kgO/kg) signify the 
oxygen demand for full conversion of propane and the biomass feed-
stock, estimated from the elemental composition, respectively. Accord-
ing to this definition, (close to) full combustion of the feedstock is 
attained for air-to-fuel equivalence ratios larger than unity (λ > 1), 
while gasification processes require sub-stoichiometric oxygen feeding 
(i.e. λ < 1). However, it has to be noted that in chemical looping pro-
cesses incomplete feedstock conversion is generally obtained for λ ≥ 1 
(Adánez et al., 2006; Pérez-Vega et al., 2016; Ohlemüller, 2019), as the 
oxidation of volatiles by the OC in the FR is limited by kinetics (Fossdal 
et al., May 2011; Liu et al., Oct. 2013) as well as gas/solid mixing. 

As for some Operating periods, not all oxygen fed to the AR is 
consumed in it, the effective air-to-fuel equivalence ratio, considering 
the difference between the input and output of elemental oxygen for the 
AR (ṁO,AR,in, ṁO,AR,out), is a useful tool to evaluate how much oxygen is 
taken up by the OC inside the AR (Condori et al., 2022) :3 

λAR,eff =
ṁO,AR,in − ṁO,AR,out

ṁFeed.RFeed
(2) 

Similarly, the effective air-to-fuel equivalence ratio in the FR can be 
calculated considering the input and output of elemental oxygen for the 
FR, thereby constituting how much oxygen is released inside the FR by 
the OC (Condori et al., 2022): 

λFR,eff =
ṁO,FR,out − ṁO,FR,in

ṁFeed.RFeed
(3) 

Clearly, the system is in steady state if λAR,eff=λFR,eff , which means that 
the OC takes up and releases the same amount of oxygen in the AR and 
FR, respectively. Hence, the quotient of the effective air-to-fuel equiv-
alence ratios of the AR and FR (ϕλ) can be utilized to evaluate the state of 
the CLG unit (Condori et al., 2022): 

ϕλ =
λFR,eff

λAR,eff

⎧
⎨

⎩

< 1
= 1
> 1

Oxygen accumulation in OC
System in steady state

Oxygen depletion from OC
(4) 

As described in Section 2.3.2, λ is controlled through a recycling of 
AR flue gasses for AR fluidization. To quantify the extent of recircula-
tion, the AR flue gas recycling ratio is introduced: 

RRAR =
V̇Rec.,AR

V̇Rec.,AR + V̇Air,AR
(5) 

Here RRAR=0 signifies operation with pure air, while RRAR=1 sig-
nifies operation with pure AR flue gas. The recirculation rate can easily 
be calculated by a mass balance around the primary-air line (more de-
tails, see derivation in Chapter A.1 in the appendix): 

RRAR =
xO2,AR,in − 21 vol.%
xO2,AR,out − 21 vol.%

=
xCO2,AR,in

xCO2,AR,out
(6) 

3 In Eq. (1), (2) and (3), the oxygen inlet and outlet into the AR/FR are 
evaluated by using the respective volume flow measurements (venturi nozzles 
and orifice plates) and online gas analyzers (see Fig. 2). 
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In order to simplify the subsequent considerations, the cold gas 
efficiency (CGE), ηCGE, relating the energy content of the produced 
syngas at the FR outlet to the energy input through the solid feedstock 
(Higman and van der Burgt, 2008; De et al., 2018), is used to describe 
the efficiency of the gasification processes:   

Here the propane input (Pth,C3H8 = ṁC3H8,AR⋅LHVC3H8) and the cool-
ing duty (Q̇cool.AR) of the AR cooling lances4 are considered, to obtain a 
meaningful value. 

Another important parameter for the CLG unit is the amount of 
carbon converted in the FR, which is given by: 

XC,FR =
ṅgas,FR,out⋅

(
xCH4,FR,out⋅ MC

MCH4
+ xCO,FR,out⋅ MC

MCO
+ xCO2,FR,out⋅ MC

MCO2

)
⋅MC

ṁFeed⋅wC,Feed

(8) 

Char travelling to the AR together with the circulating solid is con-
verted to CO₂ there. In case of λ≪1, CO can also be formed in minor 
amounts inside the AR, so that the carbon conversion inside the AR is 
given by:   

The total carbon conversion inside the CLG unit is the sum of the AR 
and FR char conversion and should be close to 1, as the only way for 
carbon to “escape” the unit is in particulate form towards the FR or AR 
filter. 

XC,tot = XC,FR + XC,AR ≤ 1 (10)  

2.6. Solid sampling and analysis 

A detailed elaboration of the sampling and analysis procedure of the 
OC samples is presented by Marx et al. (2023). To further expand 
analysis, this methodology is also applied in this study. Here, solid 
samples were taken from the standpipe of the two loop seals during CLG 
operation (see Fig. 4a), using a dedicated sampling setup illustrated in 
Fig. 4b. In order to ensure samples representing the current process 
state, the sampling tube was flushed with nitrogen to remove all mate-
rial in the sampling tube and replace it with fresh material. The process 
was observed via infra-red thermometer and was deemed successful 
when temperatures 300 ◦C on the outside were reached, signifying that 
“fresh”, hot material had entered the sampling line. The sample 
(300–700 g) was then discharged from the loop seal via ball valves into a 
sealed vessel where it was left for cool down for approx. two hours in 
order to prevent reaction with ambient air. Afterwards the sample was 
removed from the system. 

For analysis of the carbon content, the samples were first classified 
into two particle fractions using a 400 μm sieve. The coarse fraction 
(containing the majority of the transported char) was not considered 
further, as due to the particle size of the raw material (see Chapter 2.2.1) 
it can be assumed that ilmenite particles are not present inside the coarse 
fraction. The fine fraction was processed in a commercially available 
elemental analysis system (Elementar vario MACRO cube in CHNS 

Fig. 4. a) Illustration of reactor system with indication of solid sampling points. b) Schematical detail view of solid sampling setup.  

ηCGE =
ṅgas,FR,out⋅

(
xCH4,FR,out⋅LHVCH4 + xCO,FR,out⋅LHVCO,FR + xH2,FR,out⋅LHVH2

)

ṁFeed⋅LHVFeed + ṁC3H8,AR⋅LHVC3H8 − Q̇cool.AR
(7)   

XC,AR =
ṁgas,AR⋅

(
wCO,AR
MCO

+
wCO2,AR
MCO2

)
⋅MC − ṁC3H8,AR.wC,C3H8,AR −

xCO2,AR,in
MCO2

⋅
(

ṁRec.,AR + ṁAir,AR
)
⋅MC

ṁFeed⋅wC,Feed
(9)   

4 Generally, cooling in the AR is not desired during CLG operation. However, 
due to constructional reasons, the cooling lances of the AR in the 1 MWth unit 
cannot be fully extracted from the reactor and hence lead to heat extraction 
during operation. 
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setup). Each fraction was analyzed in triplicate with a sample mass of 50 
mg, using a method providing oxygen according to the approximate 
carbon content and oxygen uptake. To determine the oxidation degree 
(Xs) of the samples, their weight change in an oxidizing atmosphere was 
subsequently determined by oxidizing a sample mass of approx. 5 g in a 
laboratory oven at 900 ◦C with the mass being determined before (mLS,1) 
and after (mLS,2) oxidation. 

In chemical looping, the oxidation degree of the OC is generally 
given by Adanez et al. (2012); Larsson et al. (2014): 

Xs,i =
mOC,i − mOC,red

ROC⋅mOC,ox
. (11) 

Here, mOC,red and mOC,ox are the mass of an OC sample in a fully 
reduced and oxidized state respectively, while mOC,i is the mass of the OC 
sample in its current state. Using the mass of loop seal samples before 
and after oxidation and assuming that the latter signifies a fully oxidized 
OC sample (i.e. mOC,ox = mLS,2), one can thus calculate the oxidation 
degree: 

Xs,i =
mLS,1⋅

(
1 − wC,LS,fine

)
− mLS,2⋅(1 − ROC)

ROC⋅mLS,2

= 1 −
mLS,2 − mLS,1⋅

(
1 − wC,LS,fine

)

ROC⋅mLS,2
(12) 

To arrive at Eq. (12), the following assumptions are used:  

i The extent to which the OC sample can be reduced is given by the 
oxygen transport capacity (ROC). For the utilized ilmenite, an oxygen 
transport capacity of 3.7 wt.-% was determined (Condori et al., 
2021b). This value falls slightly below the theoretical oxygen 
transport capacity for the redox couple Fe2TiO5/FeTiO3 (Adanez 
et al., 2012). With the given value of ROC the samples’ reduced mass 
can be calculated by: 

mOC,red = mOC,ox⋅(1 − ROC) = mLS,2⋅(1 − ROC) (13)    

ii Since the fresh loop seal sample contains small fraction of char, 
originating from the carbon slip occurring between AR and FR 
(Huseyin et al., 2014; Markström et al., 2013; Cuadrat et al., 2012), 
the carbon content of the LS samples has to be considered for the 
calculation of the oxidation degree. As the char can be assumed to be 
fully burned-off inside the laboratory oven, the “real” loop seal mass 
(mOC,i), can be calculated by: 

mOC,i = mLS,1 − mc,fine = mLS,1⋅
(
1 − wC,LS,fine

)
(14)    

iii Due to the low content of ash for the raw feedstock (see Table 1), it 
can be assumed that the ash content inside the LS samples is 
negligible. 

Fig. 5. Progression of important process and evaluation parameters over time 
for TP-1. 
From top to bottom: a.) FR and b.) AR temperature, c.) cold gas efficiency 
(ηCGE), d.) H₂/CO-ratio in FR product gas, e.) oxygen concentration at AR 
outlet (xO₂,AR,out), f.) air-to-fuel equivalence ratio (λ), g.) oxygen concentration 
at AR inlet (xO₂,AR,in), h.) AR gas velocity, and i.) AR flue gas recycling ratio 
(RRAR), calculated from O₂ (-) and CO₂ (:) balance. Arrows with diamonds at 
the end signify the sampling time of a given solid sample.   
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3. Results and discussion 

During application of the novel process control concept in the 1 
MWth scale, it was observed that the CLG unit displays a characteristic 
transient system response to changes in the AR recycling ratio, giving 
meaningful insights into the mechanics of the CLG process. This 
behavior is explained on the basis of three different transient periods in 
Chapter 3.1. Subsequently, Chapter 3.2 illustrates how the new process 
control concept affects process efficiency in steady-state. 

3.1. Transient system response to application of novel process control 
concept 

3.1.1. System response of 1 MWth CLG unit during transient periods 
The progression of the most important process parameters for the 

first transient period under consideration (TP-1) is illustrated in Fig. 5. It 
includes three distinct sub-periods on April 10th, 2022. Between 6:00 
and approx. 8:00 h, the pilot plant was operated in steady state without 
AR flue gas recirculation (TP-1a). Thereafter, operators started AR flue 
gas recirculation at approx. 8:00 h, initiating the transient sub-period of 
the process stretching until approx. 12:00 h (TP-1b). During this sub- 
period, minor adaptions with regard to the AR flue gas recycling were 
carried out by the operator to reach the destined operating period. Be-
tween 12:00 h and 14:00 h the process reached steady state and did not 
show any major variations in the operating and evaluation parameters 
(TP-1c). 

When considering Fig. 5, the interventions by the operator are best 
visible in the AR recycling ratio (Fig. 5i). By repositioning the flue gas 
recirculation flap, the recirculation rate of the process was sharply 
increased from 0 to 0.15 at 8:00 h.5 As a consequence, the inlet oxygen 
concentration to the AR decreased from 21 to 16.9 vol.-% (see Fig. 5g). 
Due to the process control concept, described in detail in Section 2.3.2, 
the gas velocity u0,AR was maintained at a constant value of 3.3–3.4 m/s 
(see Fig. 5h), leading to stable hydrodynamics for the CLG process 
throughout the entire transient period under consideration.6 However, 
as the air-input into the system was reduced, while the thermal load of 
the gasifier was kept constant throughout the entire transient period, the 
air-to-fuel equivalence ratio dropped from a value of 0.65 to 0.49 (see 
Fig. 5f). 

The first notable observation which can be made is that due to this 
decrease in λ, the oxygen concentration at the AR outlet immediately 
dropped to a value of 0 vol-% (see Fig. 5e), meaning that all oxygen is 
consumed inside the AR. This means that the inlet oxygen is fully 
required for the re-oxidation of the OC, the combustion of the propane 
input into the AR and the combustion of char coming from the FR, 
denoted as carbon slip (Huseyin et al., 2014; Markström et al., 2013; 
Cuadrat et al., 2012). As the oxygen concentration remains at 0 vol.-% 
after this change in recirculation rate, it can be postulated that the OC is 
not fully oxidized inside the AR, as the oxygen availability is reduced. 
Yet, the oxygen release inside the FR is not altered instantly (see below), 
as the boundary conditions in the FR are not altered directly. Conse-
quently, it can be assumed that the oxidation degree of the OC (Xs), 
given by the Eq. (11), is periodically decreased during each cycle, as 
postulated in a previous study (Dieringer et al., 2020), until new 
steady-state conditions are found. 

To cast further light on this behavior, the theoretical progression of 
the oxidation degree of the oxygen carrier is illustrated in 

Fig. 6. Clearly, not only the oxidation degree at the AR outlet, but 
also the change in oxidation degree between FR and AR (ΔXS, see Eq. 
(15)) has to decrease for the new steady-state conditions (see Fig. 6, 
ΔXS,1> ΔXS,2), as the OC circulation rate between the FR and AR is kept 
constant, yet less oxygen is being transported from the AR to the FR, due 
to the decrease in air input (Samprón et al., 2021): 

ΔXs = Xs,AR − Xs,FR =
mOC,AR − mOC,FR

ROC⋅mOC,ox
(15) 

Depending on the interplay of the kinetics of the different occurring 
reactions and the OC residence time in the FR, determining to which 
extent the OC is reduced in the FR (Liu et al., Oct. 2013), the oxidation 
degree at the outlet of the AR and FR can either decrease slightly (see 
Fig. 6a) or sharply (see Fig. 6b) until steady state conditions are 
attained.7 

The above elucidations on the ensuing shift in the oxidation degree of 
the OC are supported, when considering the progression of the H₂/CO 
ratio (see Fig. 5d), and the cold gas efficiency (see Fig. 5c), over time. 
Clearly, the hydrogen to carbon monoxide ratio in the FR product gas 
increases continuously after the increase in the AR recycling ratio during 
sub-period TP-1b. This can be explained by the fact, that due to its more 
favorable reaction kinetics when compared to CO, hydrogen is prefer-
entially oxidized on the oxygen carrier (Abad et al., 2011). As less ox-
ygen is available from the OC with decreasing Xs,AR, oxidation of syngas 

Fig. 6. Progression OC oxidation degree when increasing the air reactor recycling ratio (RRAR). The reduction extent at the FR outlet is determined by FR reaction 
kinetics and the FR residence time. a) Minor decrease in oxidation degree at FR outlet (Xs,FR,), b) Significant decrease in oxidation degree at FR outlet. Adapted from 
Dieringer et al. (2020). 

5 Minor operator adaptions at later stages lead to an increase of this value to 
0.19 over the considered period. 

6 Apart from u0,AR=const., this requires a constant reactor inventory, a con-
stant gas velocity in the FR (u0,FR) and constant volume flows for both loop seals 
and the J-Valve, which was the case here. 

7 For long residence times and high FR temperatures values close to zero can 
also be obtained for XS,FR (Condori et al., Feb. 2021). 
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species on the oxygen carrier occurs less pronouncedly and as hydrogen 
was previously oxidized to greater extents, the H₂/CO ratio increases 
from 0.94 to 1.47.8 Following the same logic, the cold gas efficiency of 
the process steadily increases from a value of 0.20 to 0.27, as less oxygen 
is released by the OC inside the FR and hence more chemical energy is 
maintained in the FR product gasses. Yet, in contrast to the other vari-
ables previously discussed, the change in H₂/CO-ratio and the cold gas 
efficiency does not occur instantly, but over a duration of approx. four 
hours. Firstly, this system inertia can be explained by the fact that each 
OC particle has to gradually reach new steady-state conditions (e.g. 
getting reduced from Xs,FR,1 to Xs,FR,2). Secondly, it can be explained by 
the fact that in order to reach steady-state conditions, the entire reactor 
inventory, (800–1000 kg), has to be reduced to lower oxidation degrees 
until equilibrium is reached. Thus, this chemical inertia of the system 
has to be considered, when adapting process variables affecting the 
air-to-fuel equivalence ratio of the process. 

When considering the reactor temperatures measured during the 
transient period TP-1 (see Fig. 5a & Fig. 5b), it becomes visible, that all 
reactor temperatures decrease as soon as the AR flue gas recirculation is 
switched on, with average AR temperatures dropping from 991 to 942 
◦C, while FR temperatures decrease from 874 to 835 ◦C over the dura-
tion of the transient period. This can be explained by the fact, that less 
oxidizing reactions occur and hence reaction exothermicity decreases. 
Similar to the H₂/CO ratio and the cold gas efficiency, reactor temper-
atures require approx. four hours to reach stable values. Again, this can 
be explained by the fact that as the oxygen release from the OC inside the 

FR is diminished during sub-period TP-1b, the total reaction exother-
micity decreases. Consequently, the heat release from the CLG unit de-
creases and system temperatures drop along with the decrease in oxygen 
transport from the AR to the FR. Moreover, this finding suggests that the 
transient behavior of the reactor system might in part also be related to 
the refractory lining of the reactor system, slowly reacting to the changes 
occurring inside the reactor and hence cushioning a rapid drop in 
reactor temperatures. As reactor temperatures are also dependent on the 
temperature of the refractory lining, with the temperature gradient be-
tween gas phase and refractory wall determining the heat flux to the 
surroundings, this means that there exists a feedback loop between the 
reactor temperature, determined by the chemical reactions occurring 
inside the reactor system, and the refractory lining temperature. 
Therefore, larger CLG units, for which the surface-to-volume ratio is 
much smaller than for the 1 MWth unit, might show a more rapid system 
response than what has been observed here, depending on which effect 
is the more dominant (i.e. the slow reduction of the OC or the thermal 
inertia of the refractory lining). Another important finding that can be 
derived from the temperature profiles shown in Fig. 5a and Fig. 5b is 
that the temperature difference between both reactors stays constant 
during the entire transient period, starting at a value of 117 K and 
ending at a 107 K. This again shows that throughout the entire period, 
solid circulation was maintained constant, underlining the effectivity of 
the novel process control concept. 

A similar behavior was observed for all parameters and variables 
highlighted above for the other two transient periods under consider-
ation (TP-2 & TP-3), meaning that the observed behavior occurs in a 
comparable fashion, when the AR flue gas recirculation is initiated (see 
Chapter A.2 in the appendix). This means that although slight differ-
ences in terms of the transient switch-over times or the extent to which 
the evaluation parameters change are visible, the governing phenomena 

Fig. 7. Progression of effective air-to-fuel equivalence ratio of FR (b) and AR (c) and their ratio (a) over time for TP-3. The red shaded area in (c) denotes steady state 
conditions with ϕλ=1 ± 0.05. 

Table 2 
Oxidation degree (XS) in% for OC samples collected from LS4.1 and LS4.5 during the transient periods TP-1, TP-2, and TP-3. Sampling times for each sample are 
indicated in Fig. 5 (TP-1), Fig. 17 (TP-2), and Fig. 18 (TP-3) and are listed in Table 3 in the Appendix.  

Period TP-1 TP-2 TP-3 
Loop Seal LS4.1 LS4.5 LS4.1 LS4.5 LS4.1 LS4.5 

Sub-Period TP-1a TP-2b – 
Sample-# S-42 S-43 S-60 S-59 – – 
XS [%] 94.6 ± 0.1 74.7 ± 0.5 81.2 ± 0.3 60.9 ± 0.2 – – 
ΔXS [%] 19.9 ± 0.3 20.4 ± 0.2 – 
Sub-Period – TP-2c TP-3c 
Sample-# – – S-61 S-62 S-66 S-65 
XS [%] – – 81.8 ± 0.1 65.8 ± 0.4 83.7 ± 1.1 64.4 ± 0.6 
ΔXS [%] – 16.0 ± 0.3 19.3 ± 0.8  

8 Another reason for this could be the decrease in FR temperature, going in 
hand with the increase in RRAR, which leads to shift in the WGS equilibrium and 
a decrease in char conversion. 
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for the observed behavior are the same. 

3.1.2. Oxygen balancing during transient periods 
As mentioned before, it is postulated that by reducing the oxygen 

input into the AR through initiating AR flue gas recycling, the extent to 
which the OC is oxidized inside the AR reduces with each cycle (see 
Fig. 6). If this is the case, it should also be visible in the oxygen balance 
of the CLG system, as the oxygen carrier should be depleted of oxygen 
during the transient period (i.e. ϕλ>1, see Eq. (4)). Fig. 7 shows that the 
expected behavior was observed during the transient periods, showing 
the effective air-to-fuel equivalence ratios as well as their quotient for 
the period TP-3. Fig. 7c shows that as soon as the recycling ratio is 
started by the operator at 11:00 on 12th April 2022, initiating the 
transient sub-period TP-3b, the effective air-to-fuel equivalence ratio in 
the AR immediately drops from a value of 0.45 to a value of 0.38. This 
indicates that less oxygen is taken up by the OC inside the AR instantly, 
due to the limitation in oxygen availability. On the other hand, the 
effective air-to-fuel equivalence ratio inside the FR declines slowly over 
the entire duration of TP-3b (see Fig. 7b). For one, this shows that the OC 
releases less and less oxygen inside the FR until a new steady-state is 
obtained, indicating that its oxygen release inside the FR is slowly 
restricted and the control concept yields the desired results. When 
considering the transient response, Fig. 7b suggests that the lowered 
oxygen release inside the FR results from gradual changes taking place 
within the OC throughout the entire transient period. Again, this points 
to the fact that for each cycle the OC gets more reduced and hence its 
oxygen release kinetics decelerate inside the FR (Abad et al., 2011; 
Ohlemüller et al., 2018), leading to lower oxygen release rates. The 
ensuing oxygen depletion of the OC is visually highlighted in blue 
shading in Fig. 7a, showing that ϕλ increases to an elevated level 
throughout the entire transient sub-period TP-3b, indicating that oxygen 
is “consumed” by the occurring chemical reactions within the transient 
period, before it drops to its initial value as soon as steady state condi-
tions are reached in sub-period TP-3c.9 Consequently, it can be 

summarized that the OC inventory of the CLG unit serves as an oxygen 
storage, slowly releasing oxygen until a new steady state is reached, 
thereby playing an important role in the transient system response. 

3.1.3. Behavior of the oxygen carrier inventory during transient periods 
To further cast light onto the system’s behavior during the transient 

periods, analyses of solid samples at the AR and FR outlet can be 
considered, in order to enhance process understanding. One important 
question is which oxidation degree is reached at the FR and AR outlet in 
steady state. Moreover, it remains open whether each particle requires 
multiple cycles to reach this steady state, or if the length of the transient 
period is primarily dominated by the size of the reactor inventory (i.e. 
individual particles reach steady state conditions within < 1–2 cycles, 
yet multiple hours are required for a unit of the considered size until all 
particles have been cycled through the system). To cast light onto this, 
the oxidation degree of samples taken from both loop seals at different 
stages of the transient period TP-1, TP-2, and TP-3 are listed in Table 2. 
As expected, the higher oxidation degrees (XS) are obtained for LS4.1 
prior to the onset of AR flue gas recirculation (e.g. TP-1a: S-42: Xs =94.6 

± 0.1% vs. TP-3c S-66: Xs =83.7 ± 1.1) which can again be explained by 
the fact that while close to full oxidation of the OC is achieved in the AR 
when sufficient amounts of oxygen are supplied (i.e. RRAR=0), only 
partial oxidation of the OC is attained in an oxygen deficient AR atmo-
sphere. Consequently, as illustrated in Fig. 6, AR flue gas recirculation 
leads to a general drop in Xs for the entire CLG system (i.e. for AR & FR). 
While this observation supports the general mechanics of the process 
control concept, it does not directly explain how its application leads to 
a higher CLG process efficiency (i.e. higher CGEs). As stated before, cold 
gas efficiencies correlate with the amount of oxygen released inside the 
FR, leading to more or less complete feedstock conversion. The oxygen 
released in the FR is the one transported to it via the OC from the AR 
given by: 

ṁO,AR→FR = ṁOC⋅ROC⋅ΔXs . (16) 

Hence, for a constant global solid circulation (ṁOC), which can be 
assumed here as the hydrodynamic boundary conditions were not 
altered within each transient period, the change in the oxidation degree 
between AR and FR (ΔXs) should decrease when RRAR is increased. 
Again, this is corroborated by the data listed in Table 2 (e.g. TP-2b: S-59/ 
60:  ΔXs =20.4 ± 0.2%) vs. TP-2c S-61/62: ΔXs =16.0 ± 0.3%). The 
observed decrease in ΔXs thus means due to its incomplete oxidation in 
the AR, the OC is less “keen” to release oxygen inside the FR, leading to a 
lower overall oxygen transport to the FR and hence higher cold gas ef-
ficiencies. This observation is also supported by kinetic studies per-
formed with ilmenite, showing that OC reaction kinetics generally 
decrease with decreasing oxidation degree (Abad et al., 2011; Ohle-
müller et al., 2018). In summary, the mechanics of the suggested process 
control concept can thus also be verified on the basis of solid samples 
collected from both loop seals during operation. Here, it can be observed 
that while the restriction of oxygen supply in the AR leads to a direct 
drop in Xs, this drop then leads to a subsequent decrease in ΔXs and 
hence oxygen transport due to kinetic reasons. Moreover, it can be seen 
that all values obtained for oxidation degrees of the solid samples from 
LS4.5 listed in Table 2 are larger than 50%. Therefore, it can be postu-
lated that the oxygen release inside the FR is restricted kinetically, 
preventing a full reduction (Xs=0%, i.e. bulk of particle in FeTiO3 phase) 
of the OC inside the FR. In a 1.5 kWth unit, exhibiting a dissimilar layout 
to the 1 MWth unit (i.e. FR in bubbling regime), allowing for distinctly 
larger solid residence times inside the FR, oxidation degrees 0%<Xs, 

FR<20% were determined for λ<0.3 at temperatures between 820 and 
940 ◦C (Condori et al., 2021b). This shows that in case of more favorable 
kinetics (higher FR temperatures) (Abad et al., 2011; Ohlemüller et al., 
2018) and longer residence times (Liu et al., Oct. 2013), the OC is 
reduced to lower oxidation degrees inside the FR. Yet, even at these 
conditions, full reduction is not attained due to kinetic reasons. In case 

Fig. 8. Effective air-to-fuel equivalence ratio in the AR as a function of the flue 
gas recycling ratio in the AR for different thermal loads of propane firing for all 
operating periods given in Table 4. 

9 As visible from Eq. (4) oxygen depletion occurs for ϕλ>1. However, in 
Fig. 7c the baseline for oxygen depletion is set at a value of 1.15 for which ϕλ 
stagnates for the steady-state conditions TP-3a and TP-3c. Although mass and 
component (C, H, O) balances could be closed with an accuracy of ±5 % for all 
operating points under consideration, it is believed that this upwards skew in ϕλ 
in Fig. 7c by 15 % in the data can be accredited to measurement inaccuracy (e. 
g. venturi/aperture flow measurements, moisture measurement). 
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this kinetic barrier is overcome (e.g. through higher FR temperatures) 
and the oxygen release inside the FR is restricted due to thermodynamic 
reasons (i.e. Xs,FR=0), the time required to reach steady state conditions 
after changes in RRAR would decrease, as steady state conditions are 
reached inside the FR as soon as Xs,FR=0 is attained. Nonetheless, the 
system would still require a certain stabilization time for the entire OC 
inventory to reach its fully reduced state. 

3.2. Steady-state system response to application of novel process control 
concept 

While the investigation of the transient system response of the CLG 
unit to changes in the air supply provides insights into the underlying 
phenomena, comparisons of steady-state operating periods with 
different boundary conditions allow for a holistic analysis of the merit 
the process control concept to optimize CLG process efficiency. During 
the 60 h of steady-state chemical looping operation investigated within 
this work, the process control concept was successfully applied for a 
total duration of ~35 h. Results of these endeavors are summarized in 
Fig. 8, showing the dependency of the AR recycling ratio and the 
effective air-to-fuel equivalence ratio in the AR. Here, two regions can 
clearly be observed. On the y-axis of Fig. 8, 78 operating sub-periods, for 
which flue gas recirculation in the AR were switched off, are visible. For 
the remaining 99 operating sub-periods, AR recycling ratios larger than 
zero were employed. Before AR flue gas recirculation was initiated 
(RRAR=0), the pilot was operated with propane firing at different ther-
mal loads in the AR for given operating periods. While propane injection 
was used to counter the high relative heat losses of the 1 MWth pilot 
(10–15% of thermal input) for selected operating periods, (gaseous) fuel 
injection is commonly applied in DFBG applications as a mean of tem-
perature control in both reactors (Ripfel-Nitsche et al., 2007; Bolhar--
Nordenkampf et al., 2002; Bolhàr-Nordenkampf et al., 2003), meaning 
that the deeper investigation of this measure on CLG efficiency provides 
further important insights. 

3.2.1. Effect of process control concept on oxygen transport from AR to FR 
Evaluation of all 177 operating sub-periods showed that for the given 

plant layout two options to control the oxygen transport to the FR exist. 
For the sub-periods, located on the y-axis of Fig. 8 (i.e. RRAR=0), a clear 
dependency between λAR,eff and the propane input is visible. This in-
dicates that in the case of significant propane injection in the AR, oxygen 

uptake by the OC is impaired leading to lower values of λAR,eff . Since 
oxygen concentrations larger than 1 vol.-% were measured at the outlet 
of the AR for all operating periods with RRAR=0 (see Fig. 9), the drop in 
the effective air-to-fuel equivalence ratio in the AR cannot be associated 
to thermodynamic constraints (i.e. enough oxygen for full-reoxidation of 
the OC was available inside the AR for all operating periods with 
RRAR=0). This suggests that the injection of propane into the dense bed 
of the AR impairs the oxygen uptake of the OC kinetically (e.g. by 
leading to a reducing atmosphere in the dense bed, where gas-solid 
contacting is high), which is also supported by the fact that for 
RRAR=0, the outlet AR O₂ concentration increases with decreasing 
λAR,eff . Regardless of the mechanism, this means that through propane 
injection, the OC behaves more and more as an “inert” inside the FR, as 
the OC enters the FR in a more reduced state, thus impairing reaction 
kinetics inside the FR. Ultimately, the control concept enforced by 
propane injection can thus be seen as a form of dual-fluidized bed 

Fig. 9. Outlet AR O₂ concentration as a function of the effective air-to-fuel 
equivalence ratio in the AR as a function of the flue gas recycling ratio in the 
AR for different oxygen concentrations at AR outlet for all operating periods 
given in Table 4. Gray arrows denote the progression of xO2,AR,out with 
increasing RRAR (CLG) and Pth,C3H8,AR (DFBG), respectively. 

Fig. 10. Effective air-to-fuel equivalence ratio in FR as a function of air-to-fuel 
equivalence ratio in AR for varying propane loads for all operating periods 
given in Table 4. The red shaded area indicates a deviation of 5% from the 
angle bisector. 

Table 3 
Oxidation degree (Xs) in% for all OC samples collected from LS4.1 and LS4.5 
during operation.  

Sample-# Location XS [%] ΔXS [%] Sampling Time 

CLA1-S-10 LS4.1 104.4 ± 1.2 – 15:38 02.04.2022 
CLA1-S-13 LS4.1 15.2 ± 0.6 – 05:30 03.04.2022 
CLA1-S-42 LS4.1 94.6 ± 0.1 19.9 ± 0.3 03:30 10.04.2022 
CLA1-S-43 LS4.5 74.7 ± 0.5 
CLA1-S-49 LS4.1 86.7 ± 0.0 – 15:30 10.04.2022 
CLA1-S-59 LS4.5 60.9 ± 0.2 20.4 ± 0.2 21:30 11.04.2022 
CLA1-S-60 LS4.1 81.2 ± 0.3 
CLA1-S-61 LS4.1 81.8 ± 0.1 16.0 ± 0.3 03:20 12.04.2022 
CLA1-S-62 LS4.5 65.8 ± 0.4 
CLA1-S-65 LS4.5 64.4 ± 0.6 19.3 ± 0.8 14:30 12.04.2022 
CLA1-S-66 LS4.1 83.7 ± 1.1 
CLA1-S-69 LS4.5 75.4 ± 0.9 14.9 ± 0.8 17:05 13.04.2022 
CLA1-S-70 LS4.1 90.3 ± 0.8 
CLA1-S-73 LS4.5 73.8 ± 0.9 17.3 ± 0.4 20:30 13.04.2022 
CLA1-S-74 LS4.1 91.1 ± 0.0 
CLA1-S-75 LS4.1 93.5 ± 0.1 14.8 ± 0.1 20:30 13.04.2022 
CLA1-S-76 LS4.5 78.7 ± 0.1 
CLA1-S-78 LS4.1 90.5 ± 0.2 13.7 ± 0.4 11:15 14.04.2022 
CLA1-S-79 LS4.5 76.8 ± 0.7 
CLA1-S-84 LS4.5 77.1 ± 0.5 13.1 ± 0.4 11:15 14.04.2022 
CLA1-S-85 LS4.1 90.2 ± 0.4 
CLA1-S-86 LS4.5 76.7 ± 0.1 10.3 ± 0.2 18:10 14.04.2022 
CLA1-S-87 LS4.1 87.0 ± 0.2  
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gasification (DFBG), for which fuel introduction in the AR is used to 
drive up AR temperatures and thus obtain a driving force for the 
chemical reactions in the FR and an inert bed material is used to 
transport the reaction heat between the two reactors (Ripfel-Nitsche 
et al., 2007; Bolhar-Nordenkampf et al., 2002; Bolhàr-Nordenkampf 
et al., 2003). 

On the other hand, the desired effect on λAR,eff is obtained by using 
the suggested process control concept, manipulating the AR recycling 
ratio at low propane input. For the given operating periods this trans-
lates into a drop of λAR,eff . from ~0.5 to ~0.2 as the AR recycling ratio is 
increased from 0 to 0.38. As elucidated in detail in Chapter 3.1, this can 
be explained by the fact that the oxygen uptake by the OC in the AR is 
diminished as the oxygen availability in the AR decreases. This lack in 
oxygen availability in the AR for RRAR>0 is also seen in Fig. 9, as outlet 
O₂ concentrations <2 vol-% (generally <1 vol-%) were measured for the 
AR, when the AR flue gas recirculation was switched-on (RRAR>0.1). 

Efficient CLG operation is only obtained if the decrease in λAR,eff with 
increasing RRAR, also translates into a drop in the effective air-to-fuel 
equivalence ratio inside the FR. This is the case as λFR,eff primarily 
governs the CLG process efficiency, by determining how much oxygen is 
released inside the FR, leading to a given degree of feedstock oxidation. 
To determine the correlation between the two effective air-to-fuel 
equivalence ratios, λFR,eff and λAR,eff are shown in Fig. 10 for all 177 
operating sub-periods under investigation. It becomes clear that in case 
of low amounts of propane firing, all values fall onto or close to the angle 
bisector, signifying ϕλ=1.10 Thus, the CLG unit is in steady state for 
those operating conditions, and oxygen release in the FR is equal to the 
oxygen uptake in the AR, meaning that given sufficient stabilization 
times (see Chapter 3.1), a decrease in λAR,eff . also translates into an 
equivalent decrease in λFR,eff .. However, as soon as propane loads exceed 
150 kW, a clear upwards deviation from the angle bisector is visible, 
signifying that more oxygen is released in the FR than is taken up in the 
AR. This again underlines the previous hypothesis (see above), that in 
case of strong propane firing, oxygen uptake in the AR might be the rate- 
limiting step. This means when operating the CLG unit for long times 
with propane firing, the entire OC inventory slowly becomes more and 
more reduced until a new steady state is reached.11 A finding supporting 
this hypothesis is that a solid sample taken from LS4.1 towards the end 
of BP6 (highlighted in Fig. 10) showed a strong degree of reduction (S- 
13: Xs,AR= 15.2%, see Table 3 in the Appendix), when its oxidation 
degree was determined. Therefore, co-firing of propane or any other 
feedstock in the AR has to be considered undesired for CLG operation as 
it prevents meaningful oxygen transport from the AR to the FR. On the 
other hand, when striving for DFBG operation (i.e. no/limited oxygen 
transport) it yields the option to obtain a strongly reduced OC entering 
the FR, releasing low amounts of oxygen and potentially catalyzing 
certain chemical reactions (e.g. tar or methane reforming) (Zhou et al., 
2022; Min et al., 2011). However, this approach is not considered 
further here, as efficient CLG operation, signified by meaningful oxygen 
transport between AR and FR, is targeted. 

3.2.2. Acting mechanism of novel process control concept 
Further insights into the underlying phenomena of the novel process 

control concept can be obtained when considering the oxidation degree 
of solid samples collected during different operating periods. As elabo-
rated in Chapter 3.1, the pursued measure to obtain a more deeply 
reduced OC entering the FR is the restriction of air supply in the AR. 

Fig. 11, showing the dependency of the oxidation degree of samples 
collected from LS4.1 with the oxygen content at the AR outlet, displays a 
clear correlation between the two parameters. In case of oxygen excess 
(xO2,AR>3 vol-%), full oxidation of the OC is achieved in the AR (for low 
amounts of propane firing). Yet, with decreasing oxygen content at the 
AR outlet, Xs,AR drops to a value of approx. 90% at xO2,AR=0 vol-%, 
indicating that OC oxidation kinetics play a crucial role inside the AR at 
low oxygen concentrations. When further decreasing the oxygen input at 
xO2,AR=0 vol-% through increasing RRAR, the oxidation degree of the OC 
further decreases, as its oxidation is hindered through thermodynamic 
constraints. Consequently, the application of flue gas recirculation for 
the AR is an efficient measure to prevent full OC oxidation in the AR. As 
mentioned before, another approach to achieve this is the injection of 
significant amounts of propane into the AR, as practiced during BP6. 
Fig. 15 shows that as an effect of continuous propane-induced oxygen 
depletion of the OC during BP6 (see also Fig. 10), the OC sample 
collected from LS4.1 towards the end of BP6 exhibited a close to fully 
reduced state. Therefore, the solid sample corroborates the previous 
hypothesis that propane injection hinders oxygen uptake inside the AR. 
Moreover, it can be postulated that the OC was further reduced with 
each redox cycle, as more oxygen was released inside the FR than taken 
up inside the AR during BP6 (see Fig. 10), requiring a given time until 
the entire OC inventory was reduced to Xs,AR< 20%. This would also 
explain why the 21 sub-periods of BP6 fall onto a line rather than an 
individual point in Fig. 10 and Fig. 15 (see Chapter 3.2.3) as the OC was 
continuously reduced further throughout the entire length of BP6 (>7 
h). This finding makes another strong point for using the suggested 
process control strategy, relying on AR flue gas recirculation, to control 
the degree of oxidation of the OC at the AR outlet, as opposed to propane 
injection - while rapid and tailored adjustments of the system are 
attainable for the former, extensive stabilization times are necessary for 
the latter. 

Ultimately, the decrease in Xs,AR obtained for either approach only 
yields the desired result (i.e. an increase in the CGE), if oxygen release in 
the FR is reduced. As explained before, this means that the change in 
oxidation degree between AR and FR and thus the effective air-to-fuel 
equivalence ratio have to be reduced for a given solid circulation rate 
(see Eq. (16)). It is known that as Xs,AR is reduced (e.g. through oxygen 
restriction in the AR), the propensity of the OC to release oxygen inside 
the FR is reduced (Abad et al., 2011; Ohlemüller et al., 2018). The 
ensuing slower reaction kinetics, thus ultimately lead to an increase in 
the CGE, as the feedstock is oxidized to lesser extents inside the FR. This 

Fig. 11. Oxidation degree of samples collected from LS4.1 as a function of the 
oxygen content at the AR outlet (for sampling times for the respective samples 
please refer to Table 3). Gray arrows denote the progression of Xs,AR as RRAR 
is increased. 

10 As explained above (see Chapter 3.1.2), measurement inaccuracy leads to 
minor deviations from ϕλ=1 for some operating points, although mass and 
component (C, H, O) balances could be closed with an accuracy of ±5 % for all 
operating points.  
11 Within the entire duration of BP6 (>7 h), steady-state conditions were not 

reached, meaning that the OC was further reduced throughout the entire 
duration. 
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correlation is illustrated in Fig. 12, showing a distinct impact of Xs,AR on 
ΔXs and λAR,eff. However, it becomes visible, that the oxidation degree at 
the AR outlet is not the only variable affecting the oxygen release inside 
the FR. For BP10, 12, 13, 15, and 16 for which FR temperatures fell into 
the range of 820–890 ◦C, significantly higher values were obtained for 
ΔXs and λAR,eff for a given value of Xs,AR than for BP23, 24, 25, 27, 29, 
and 30, for which FR temperatures were below 800 ◦C. This can be 
related to the fact, that apart from Xs, the FR temperature is another 
crucial parameter affecting OC reaction kinetics (Abad et al., 2011; 
Ohlemüller et al., 2018). Consequently, one has to consider this active 
feedback loop between Xs,AR, ΔXs, and TFR, when attempting to explain 
the behavior of the CLG unit during the transient switch-over periods. 

To further understand this, the entire mechanism of action proposed 
for the CLG process control concept, which is illustrated in Fig. 13, has to 
be considered. As explained above, the oxygen release inside the FR is 
kinetically limited for the 1 MWth unit, and is thus dependent on the 
oxidation degree of the OC entering the FR (Xs,AR), FR temperatures, and 
the solids residence time inside the FR (τs,FR). Subsequent to the increase 
in RRAR, entailing a decrease in the oxygen content in the AR, Xs,AR 
decreases. This parameter being one factor impacting OC kinetics, thus 

leads to a drop in the oxygen release in the FR (i.e. ΔXs, λFR,eff and λAR,eff 
decrease12). Due to this, the enthalpy of reaction (i.e. ΔH) of the entire 
system decreases, as exothermic oxidation reactions occur to lesser ex-
tents inside the FR and AR. As a result of this, reactor temperatures 
decrease (see Fig. 5 in Chapter 3.1.1 and Fig. 14 in Chapter 3.2.3), which 
again leads to slower OC reaction kinetics and thus a decrease in oxygen 
release inside the FR. The time required for this active feedback loop 
between OC reaction kinetics, reactor enthalpies, and reactor tempera-
tures to stabilize, can be named as another factor playing into the 

Fig. 14. AR (top) and FR (bottom) reactor temperatures as a function of the 
effective air-to-fuel equivalence ratio for different thermal loads for all oper-
ating periods given in Table 4. Gray markup to guide the eye: Straight lines 
mark the effect of λeff on reactor temperatures, whereas arrows mark the effect 
of increasing total thermal loads. 

Fig. 15. Cold gas efficiency as a function of the effective air-to-fuel equivalence 
ratio in the FR for varying AR carbon conversions for all operating periods 
given in Table 4. Gray markup to guide the eye: Straight lines mark the effect of 
λFR,eff on the cold gas efficiency, whereas arrows mark the effect of increasing 
XC,FR (=decreasing XC,AR). 

Fig. 12. Change in oxidation degree between AR and FR determined for sam-
ples collected from LS4.1 & LS4.5 and efficient AR air-to-fuel equivalence ratio 
as a function of AR oxidation degree (for sampling times for the respective solid 
samples refer to Table 3). 

Fig. 13. Schematic illustration of the suggested mechanism of action of the 
CLG process control concept - Effect of an increase in the AR recycling ratio 
(RRAR ↑) on important process variables. 

12 Fig. 12 and Fig. 19 (see appendix) show a close correlation between ΔXs and 
λAR,eff, demonstrating that the decrease in oxygen release in the FR and uptake 
in the AR (λFR,eff and λAR,eff), which can be derived from the FR and AR product 
gas composition, is also clearly visible in the solids composition (ΔXs). 
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transient behavior of the CLG unit after changes of RRAR. Clearly, the 
duration required for this feedback loop to stabilize depends on several 
factors, such as the size of the reactor inventory (i.e. total OC mass), the 
interplay of gas-phase and refractory temperatures (TRL) ,13 as well as 
the extent to which the oxygen availability inside the AR is reduced, 
explaining why the duration required to reach steady state varied for TP- 
1, TP-2, and TP-3 (2–4 h). 

On the one hand, the inclusion of data collected from the solid 
samples thus corroborate all fundamental hypotheses derived from on-
line data, such as the fact that changes in the oxidation degree of the OC, 
induced through reduced oxygen availability in the AR, are responsible 
for the increased CGE of the CLG unit. On the other hand, the combined 
analysis of online and offline data collected for different steady state 
CLG operating periods allowed for deeper insights into the mechanisms 
occurring inside the CLG unit, further promoting the understanding of 
the novel gasification technology. 

3.2.3. Effect of novel process control concept on CLG process efficiency 
After presenting the acting mechanism of the novel process control 

concept, the question is how it affects the overall efficiency of the pro-
cess. When evaluating CLG efficiency in the 1 MWth scale, it has to be 
kept in mind that in contrast to other units, a free variation of individual 
parameters is not possible, due to the entanglement of hydrodynamics, 
product and educt compositions, reaction kinetics, temperatures, etc. 
One important example for this is given in Fig. 14. Here, it becomes 
obvious that in chemical looping mode the effective air-to-fuel equiva-
lence ratios primarily determine reactor temperatures.14 This can be 
related to the fact that depending on the oxygen release (FR) and uptake 
(AR), the exothermicity of the chemical reactions vary, leading to 
changes in reactor temperatures, which was already observed in Chapter 
3.1. As it is known that changes in FR temperatures affect the CLG ef-
ficiency (Condori et al., 2021a,b, 2022), this means that altering λFR,eff 
impacts CLG efficiency directly (i.e. through reduced oxygen release) as 
well as indirectly (i.e. via decreasing FR temperatures). Another effect 
visible in Fig. 14 is that higher reactor temperatures are generally 
attainable for given air-to-fuel equivalence ratios by increasing the total 
thermal input. Again this observation can be explained by considering 
the heat balance of the system, as for higher thermal loads, the relative 
impact of heat losses from the reactor walls as well as the cooling effect 
of the cooling lances decreases and hence higher reactor temperatures 
can be sustained. 

These observations ultimately underline an inherent trade-off also 
faced in full-scale units: Although higher reactor temperatures are 
generally preferable (esp. for reaction kinetics), they also mean that 
higher air-to-fuel equivalence ratios are required, lowering key perfor-
mance indicators such as the cold gas efficiency of the process. There-
fore, there exists a “sweet spot” for which reactor temperatures are 
sufficiently high to drive the underlying chemical reactions, yet air-to- 
fuel equivalence ratios are low enough to obtain meaningful CGEs (see 
below). However, when extrapolating these results to a full-scale 
gasifier, the following peculiarities of the 1 MWth pilot have to be 
factored-in:  

i Because of the high surface-to-volume ratio of the pilot plant, heat 
losses amount to approx. 10–15% of the thermal input, reducing the 
amount of energy available for the chemical reactions.  

ii Due to the setup of the reactor system, the cooling lances in the AR 
cannot be fully removed from the pilot plant and hence continuously 
extract heat from the reactor system. For the given operating periods, 
heat extraction via those cooling lances amounts to 7–11% of the 
thermal input, further reducing the energy available for chemical 
reactions.15  

iii Due to i. and ii., reactor temperatures in the 1 MWth unit are lower 
than in an industrial setup for a given set of boundary conditions. 
Hence, reaction kinetics are slower, leading to lower feedstock 
conversions inside the FR and ultimately to lower overall 
efficiencies.  

iv The calculation of the cold gas efficiency (see Eq. (7)) neglects all 
hydrocarbons except for methane (i.e. C ≥ 2). This means the energy 
contained in these species in not represented in the cold gas 
efficiency. 

Therefore, when operating an industry-scale chemical looping 
gasifier autothermally and when considering the full heating value of 
the FR product gas, process simulations show that cold gas efficiencies 
well above 60% can be expected at FR temperatures above 850 ◦C and 
air-to-fuel equivalence ratios around 0.3 (Dieringer et al., 2020; 
Samprón et al., 2021). Due to the peculiarities of the 1 MWth unit, values 
for the CGE obtained here fall short of this value. Nonetheless, the 
analysis of the impact of important process variables on the cold gas 
efficiency in the 1 MWth unit yields unique insights, regardless of the 
absolute value obtained, due to the industry-like setup of the CLG 
system. 

Previous studies found that for externally heated CLG units, the most 
important variable affecting the CGE is the efficient FR air-to-fuel 
equivalence ratio (Condori et al., 2021a; Condori et al., 2022). The de-
pendency for those two parameters obtained for the 1 MWth pilot plant is 
shown in Fig. 15. As expected, the cold gas efficiency increases with 
decreasing λFR,eff . as less oxygen is released in the FR, leading to an in-
crease in the heating value of the FR product gasses, supporting the 
findings made in Chapter 3.1. For the operating periods under investi-
gation, the cold gas efficiency increases from 20% to above 35% when 
decreasing λFR,eff from 0.4 to 0.2 by using AR flue gas recirculation. 

A second trend visible in Fig. 15 is that ηCGE increases with 
decreasing carbon conversion in the AR. This means that as the feed-
stock is converted to a greater degree inside the FR (XC,AR↓ & XC,FR↑, see 
Eq. (10)), more gas or gas with a higher heating value is obtained from 
the FR. Strategies to increase char conversion inside the FR are for 
example increased FR temperatures [(Cetin et al., 2005; Barrio and 
Hustad, 2001; Barrio et al., 2001; Keller et al., 2011; DIRECTIVE (EU) 
1997; Ollero et al., 2003)], an increase in residence times of all solids in 
the FR (e.g. higher reactor inventories or alternative FR layout) (Con-
dori et al., 2022; Pérez-Vega et al., 2016), or an exclusive increase in 
char residence times in the FR, e.g. via intermediate char separation and 
reintroduction in a so-called carbon stripper (Pérez-Vega et al., 2016; 
Abad et al., 2013; Abad et al., 2015). Yet, for a given reactor layout, 
optimizing char conversion inside the FR without jeopardizing the cold 
gas efficiency is not easily done, due to the system’s entanglement. One 
example for this being that higher FR char conversions were generally 
obtained at higher FR temperatures. However, as shown in Fig. 14, these 
are obtained for higher values of λFR,eff , for which lower CGEs are ob-
tained (see Fig. 15), thus signifying an additional trade-off, which needs 
to be optimized to increase process efficiency. Another interesting trend 
visible in Fig. 15, which was observed towards the end of BP-6, where 
large amounts of propane were fired (see Fig. 10), is that the cold gas 
efficiency increases slightly as the effective air-to-fuel equivalence ratio 
increases between BP6–14 and BP6–19. To this point, it is unclear why 

13 As elaborated in Chapter 3.1, the interplay between reactor gas phase 
temperatures and refractory lining temperatures decelerates rapid temperature 
drops/increases, esp. for reactors with a high surface-to-volume ratio.  
14 In an autothermal setup reactor temperatures are dependent on the entire 

set of boundary conditions (see also Fig. 13). Apart from the efficient air-to-fuel 
equivalence ratio and the thermal load highlighted in Fig. 14, this includes solid 
circulation, the amount of gas used for fluidization, and heat losses, amongst 
others (Dieringer et al., Jun. 2020). 

15 This circumstance is accounted for in the calculation of the CGE, yet clearly 
still impacts reactor temperatures. 
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this behavior was observed. Yet, this again indicates that at very low OC 
oxidation degrees,16 the OC could catalyze endothermic gas phase re-
actions (e.g. tar/methane reforming), thereby increasing the energy 
content of the FR product gas. The catalytic effect of reduced ilmenite on 
different reactions has also been observed in literature (Zhou et al., 
2022; Min et al., 2011). Hence, the results presented in Fig. 15 suggest 
that lower air-to-fuel equivalence ratios in the FR could enhance cold gas 
efficiencies of the CLG process not only by lowering the oxygen release 
in the FR, but also by catalyzing endothermic gas-phase reactions, fa-
voring the formation of syngas species, through the presence of a more 
reduced OC inside the FR at lower values of λFR,eff . This hypothesis needs 
to be confirmed by further studies, e.g. measurements of higher 
hydrocarbons. 

4. Conclusions 

One crucial aspect in up-scaling the CLG technology is the demon-
stration of a viable process control concept, allowing for autothermal 
operation. In the course of this work, it has been shown that the sug-
gested process control concept, utilizing AR flue gas recirculation to 
restrict the air supply in the AR, allows for an independent control of 
reactor hydrodynamics and the air-to-fuel equivalence ratio of the CLG 
process, forming the basis for efficient CLG operation. Based on exper-
imental results gathered in 1 MWth scale, the following conclusions can 
be made: 

• The presented CLG concept satisfies all relevant criteria, i.e. facili-
tating the production of a high-calorific raw synthesis gas through 
guaranteeing sufficiently high temperatures in the FR, without 
jeopardizing the chemical energy contained in the feedstock.  

• The selected route of implementation, i.e. flue gas recycling for the 
AR, showed promising results during the 1 MWth test campaigns, as 
the oxygen input was controlled accurately, without disturbing 
reactor hydrodynamics on thus, solid and heat transport between the 
reactors.  

• Other process-wise implementation options, such as diluting the inlet 
air for the AR with an inert (e.g. N₂) or tailoring AR dimensions, 
briefly described in this paper, should show similar results and can be 
employed, depending on their suitability for the given plant layout. 
Hence, the general control concept of reducing the air-to-fuel 
equivalence ratio (λ) is suitable for large-scale (>100 MWth) CLG 
units.  

• Experimental data shows, that changes in λ propagate slowly into the 
system. This considerable inertia of the system is caused by the fact 
that the OC inventory of the gasifier effectively acts as an oxygen 
storage, releasing surplus oxygen during the transient adjustment 
process. Moreover, the interplay of reactor temperatures, OC reac-
tion kinetics and reaction enthalpies is deemed to play a crucial role 
in the system’s transient response. For the 1 MWth unit, switch-over 
times of up to 4 h were observed when reducing λ through initiating 
flue gas recycling inside the AR. Consequently, this system inertia 
has to be considered, when operating CLG units of substantial size. 

• Qualitative and quantitative comparisons between different tran-
sient switch-over periods showed that the observed behavior occurs 
consistently regardless of the exact boundary conditions, indicating 
that the observed transient behavior is a key aspect in operation of 
large-scale CLG units.  

• Through analysis of solid OC samples extracted from both loop seals 
during operation, the postulated progression of the oxidation degree 
of the OC during the transient switch-over periods was verified. With 
the inclusion of this data set, a detailed mechanism of action of the 
CLG process control concept was formulated. 

In summary, the results presented in this paper provide a compre-
hensive understanding of the CLG technology and its governing phe-
nomena and thus can be considered to be a crucial building block in 
advancing it towards market maturity. To further extend process un-
derstanding and to be able to further refine the process control concept, 
it is foreseen to apply it to concept to reach lower λ (0.35–0.45) at 
thermal loads up to 1.5 MWth, to increase the cold gas efficiency in semi- 
industrial scale, further underlining the competitiveness of the CLG 
technology. 
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Annex 1. Additional Information 

A.1. Derivation of calculation for AR recycling ratio (RRAR) 

The calculation of RRAR is achieved by calculating a component balance (C or O) around the primary-air line (system boundaries, see Fig. 16). 
As the only unit operation taking place inside these system boundaries is the mixing of the recycled AR flue gas and fresh air, the total mass and thus 

volume flow stays constant: 

V̇in,AR = V̇Rec.,AR + V̇Air,AR (17)    

i) Oxygen Balance 

The oxygen balance around the primary-air line thus can be formulated as: 

V̇in,AR⋅xO2,AR,in = V̇Rec.,AR⋅xO2,AR,out + V̇Air,AR⋅21 vol.% (18) 

With consideration of Eq. (17), Eq. (18) can be formulated as: 

V̇in,AR⋅xO2,AR,in =
(

V̇in,AR − V̇Air,AR
)
⋅xO2,AR,out + V̇Air,AR⋅21 vol.% (19) 

Reordering of Eq. (19) yields: 

V̇Air,AR = V̇in,AR⋅
xO2,AR,in − xO2,AR,out

21 vol.% − xO2,AR,out
(20) 

Combination of Eq. (5), Eq. (17), and Eq. (18) thus results in: 

RRAR =
V̇Rec.,AR

V̇Rec.,AR + V̇Air,AR
=

V̇in,AR − V̇in,AR⋅ xO2,AR,in − xO2,AR,out
21 vol.%− xO2,AR,out

V̇ in,AR
=

xO2,AR,in − 21 vol.%
xO2,AR,out − 21 vol.%

(21) 

If the desired CLG operation is achieved, the outlet O₂ concentration for the AR drops to 0 vol-%, and Eq. (21), simplifies to: 

RRAR =
xO2,AR,in − 21 vol.%

− 21 vol.%
(22)    

ii) Carbon Balance 

For the carbon balance, it is assumed that the CO₂ content of ambient air can be neglected: 

V̇in,AR⋅xCO2,AR,in = V̇Rec.,AR⋅xCO2,AR,out (23) 

Combination of Eq. (5), and Eq. (23) thus results in: 

RRAR =
xCO2,AR,in

xCO2,AR,out
(24)  

Fig. 16. Illustration of CLG control concept utilized in 1 MWth pilot plant with system boundary (dashed line) and all variables (grey arrows) used for derivation of 
AR recycling. 
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A.2. Progression of Evaluation Parameters during TP-2 & TP-3 

Fig. 17 and Fig. 18 show the progression of the most important evaluation parameters for the transient periods TP-2 and TP-3, respectively. It is 
visible that for all three transient periods similar observations can be made. These are presented in detail in Chapter 3.1. 

A.3. Oxidation degree of OC samples collected during 1 MWth operation 

Table 3 shows a summary of the oxidation degrees (XS) of all loop seal samples collected during CLG operation, with the corresponding sampling 
location and time. The change in oxidation degree between AR and FR (ΔXS) for those solid samples is visualized as a function of the efficient AR air-to- 
fuel equivalence ratio in Fig. 19. 

A.4. Boundary conditions of operating periods under consideration 

The boundary conditions for each steady-state operating point under consideration are listed in Table 4, while boundary conditions for the 
transient periods are given in Table 5. 

Fig. 17. Progression of important process and evaluation parameters over time 
for TP-2. 
From top to bottom: a.) FR and b.) AR temperature, c.) cold gas efficiency (ηCGE), 
d.) H₂/CO-ratio in FR product gas, e.) oxygen concentration at AR outlet (xO₂,AR, 

out), f.) air-to-fuel equivalence ratio (λ), g.) oxygen concentration at AR inlet (xO₂, 

AR,in), h.) AR gas velocity, and i.) AR flue gas recycling ratio (RRAR), calculated 
from O₂ (-) and CO₂ (:) balance. Arrows with diamonds at the end signify the 
sampling time of a given solid sample.   
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Fig. 18. Progression of important process and evaluation parameters over time 
for TP-3. 
From top to bottom: a.) FR and b.) AR temperature, c.) cold gas efficiency 
(ηCGE), d.) H₂/CO-ratio in FR product gas, e.) oxygen concentration at AR outlet 
(xO₂,AR,out), f.) air-to-fuel equivalence ratio (λ), g.) oxygen concentration at AR 
inlet (xO₂,AR,in), h.) AR gas velocity, and i.) AR flue gas recycling ratio (RRAR), 
calculated from O₂ (-) and CO₂ (:) balance. Arrows with diamonds at the end 
signify the sampling time of a given solid sample.   

Fig. 19. Correlation between the measured efficient AR air-to-fuel equivalence ratio and the oxidation degree between AR and FR determined for samples collected 
from LS4.1 & LS4.5. 
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Table 4 
Operating conditions for steady-state operating periods under investigation. BPX (steady-state operating period).  

Variable Description BP1 BP2 BP3 BP4 BP5 BP6 BP7 Unit 

mFeedstock Mass flow of biomass pellets to FR 156.1 167.5 163.4 175.4 190.3 191.5 223.2 kg/h 
mMake-Up Mass flow of OC to LS4.1 34.7 88.4 68.2 56.6 0.0 41.9 0.0 kg/h 
TAR AR max. temperature 898.6 885.2 879.3 884.8 843.6 877.2 958.6 ◦C 
TFR FR max. temperature 812.2 820.9 821.7 821.9 756.7 772.9 858.9 ◦C 
ΔpAR AR pressure drop (inventory) 21.5 32.9 44.4 39.5 29.0 32.8 41.7 mbar 
pAR,Cyclone Pressure downstream of AR cyclone − 3.1 − 3.1 − 3.1 − 3.1 − 3.1 − 3.1 − 1.0 mbar 
ΔpFR FR pressure drop (inventory) 37.5 45.9 49.5 50.3 65.1 65.8 70.6 mbar 
pFR,Cyclone Pressure downstream of FR cyclone 5.5 5.4 5.5 5.6 5.1 5.2 7.4 mbar 
ṁFM,FR Mass flow of FR fluidization (H₂O) 304.8 306.0 301.6 297.2 249.8 253.7 237.7 kg/h 
ṁFM,AR Mass flow of AR fluidization* 953.7 952.3 952.1 953.9 932.5 921.7 1004.8 kg/h 
ṁC3H8,AR Mass flow of propane entering AR 16.6 18.3 19.4 19.4 19.4 19.4 8.6 kg/h 
ṁFM,LS4.1 Vol. flow of LS4.1 fluidization 19.2 (N₂) 19.3 (N₂) 19.2 (N₂) 19.4 (N₂) 20.5 (N₂) 22 (N₂) 16 (N₂) Nm3/h 
ṁFM,LS4.5 Vol. flow of LS4.5 fluidization 26.7 (N₂) 29.2 (N₂) 29.9 (N₂) 30.8 (N₂) 30.4 (N₂) 31 (N₂) 20.6 (CO₂) Nm3/h 
ṁFM,J-Valve Vol. flow of J-Valve fluidization 13.4 (N₂) 15.7 (N₂) 16.8 (N₂) 16.9 (N₂) 18.3 (N₂) 18.1 (CO₂) 18.4 (N₂) Nm3/h 
RRAR AR flue gas recycling ratio 0.00 0.00 0.00 0.00 0.00 0.00 0.00 –  

Variable Description BP8 BP9 BP10 BP11 BP12 BP13 BP14 BP15 Unit 

mFeedstock Mass flow of biomass pellets to FR 222.8 223.6 226.4 220.8 231.8 226.4 235.0 229.1 kg/h 
mMake-Up Mass flow of OC to LS4.1 0.0 33.2 35.3 24.9 46.1 53.8 0.0 50.9 kg/h 
TAR AR max. temperature 957.9 963.1 974.5 992.6 943.3 948.0 919.8 911.6 ◦C 
TFR FR max. temperature 858.7 869.0 892.3 908.7 864.6 881.4 839.5 833.6 ◦C 
ΔpAR AR pressure drop (inventory) 37.8 45.0 52.0 48.7 47.3 39.8 55.4 53.7 mbar 
pAR,Cyclone Pressure downstream of AR cyclone − 1.0 − 1.0 − 1.0 − 1.0 − 1.1 − 1.1 − 0.9 − 0.9 mbar 
ΔpFR FR pressure drop (inventory) 69.6 61.4 68.0 66.4 70.6 69.3 75.9 73.4 mbar 
pFR,Cyclone Pressure downstream of FR cyclone 7.8 7.2 7.6 5.8 6.8 7.2 5.1 5.2 mbar 
ṁFM,FR Mass flow of FR fluidization (H₂O) 239.1 232.1 227.0 229.9 230.9 235.7 216.8 217.9 kg/h 
ṁFM,AR Mass flow of AR fluidization* 1005.7 965.6 965.6 966.2 970.2 1000.6 969.4 971.0 kg/h 
ṁC3H8,AR Mass flow of propane entering AR 8.6 10.1 10.1 10.1 10.1 10.1 6.8 3.6 kg/h 
ṁFM,LS4.1 Vol. flow of LS4.1 fluidization 15.9 (N₂) 15.7 (N₂) 15.1 (N₂) 14.9 (N₂) 15.6 (N₂) 15.2 (N₂) 15.7 (N₂) 15.6 (N₂) Nm3/h 
ṁFM,LS4.5 Vol. flow of LS4.5 fluidization 19.6 (CO₂) 18.8 (CO₂) 19.5 (CO₂) 19.1 (CO₂) 19.3 (CO₂) 16.5 (CO₂) 14.9 (CO₂) 15.3 (CO₂) Nm3/h 
ṁFM,J-Valve Vol. flow of J-Valve fluidization 20.9 (CO₂) 21.8 (CO₂) 22 (CO₂) 22 (CO₂) 22.9 (CO₂) 23.7 (CO₂) 19.5 (CO₂) 18.9 (CO₂) Nm3/h 
RRAR AR flue gas recycling ratio 0.00 0.00 0.00 0.00 0.19 0.00 0.23 0.24 –  

Variable Description BP16 BP17 BP18 BP19 BP20 BP21 BP22 BP23 Unit 

mFeedstock Mass flow of biomass pellets to FR 221.3 223.7 221.5 228.9 228.9 230.2 226.6 232.5 kg/h 
mMake-Up Mass flow of OC to LS4.1 0.0 1.7 0.0 0.0 23.2 91.8 0.0 13.0 kg/h 
TAR AR max. temperature 906.2 904.0 903.3 902.2 893.8 884.4 883.7 882.1 ◦C 
TFR FR max. temperature 821.7 821.3 816.0 814.2 808.8 806.6 800.5 792.9 ◦C 
ΔpAR AR pressure drop (inventory) 44.0 42.3 47.2 45.2 47.6 56.5 64.4 63.8 mbar 
pAR,Cyclone Pressure downstream of AR cyclone − 1.1 − 1.1 − 1.1 − 1.1 − 1.1 − 1.1 − 1.2 − 1.2 mbar 
ΔpFR FR pressure drop (inventory) 90.0 91.0 77.8 74.7 74.2 73.5 65.2 63.5 mbar 
pFR,Cyclone Pressure downstream of FR cyclone 7.4 6.9 7.0 8.1 6.4 7.3 7.2 7.1 mbar 
ṁFM,FR Mass flow of FR fluidization (H₂O) 186.5 183.7 164.7 181.8 183.8 193.8 195.8 197.3 kg/h 
ṁFM,AR Mass flow of AR fluidization* 972.8 968.2 928.2 929.3 928.2 969.3 933.1 927.2 kg/h 
ṁC3H8,AR Mass flow of propane entering AR 5.4 5.4 5.4 5.4 5.4 7.2 5.4 5.4 kg/h 
ṁFM,LS4.1 Vol. flow of LS4.1 fluidization 15 (N₂) 15 (N₂) 15.2 (N₂) 15.3 (N₂) 15.2 (N₂) 16 (N₂) 16 (N₂) 16.1 (N₂) Nm3/h 
ṁFM,LS4.5 Vol. flow of LS4.5 fluidization 14.9 (CO₂) 14.8 (CO₂) 15.7 (CO₂) 15.5 (CO₂) 15.8 (CO₂) 20.3 (N₂) 20.6 (N₂) 20.5 (N₂) Nm3/h 
ṁFM,J-Valve Vol. flow of J-Valve fluidization 11.8 (CO₂) 11.6 (CO₂) 11.6 (CO₂) 11.6 (CO₂) 12.4 (CO₂) 14.7 (CO₂) 13.3 (CO₂) 12.5 (CO₂) Nm3/h 
RRAR AR flue gas recycling ratio 0.25 0.25 0.25 0.25 0.25 0.24 0.24 0.24 –  

Variable Description BP24 BP25 BP26 BP27 BP28 BP29 BP30 Unit 

mFeedstock Mass flow of biomass pellets to FR 229.8 228.9 213.7 209.5 209.6 221.9 238.8 kg/h 
mMake-Up Mass flow of OC to LS4.1 0.0 10.6 20.9 0.0 0.0 0.0 5.5 kg/h 
TAR AR max. temperature 882.5 868.6 844.0 840.7 834.0 833.0 797.3 ◦C 
TFR FR max. temperature 794.4 788.9 757.7 746.0 730.3 725.4 722.8 ◦C 
ΔpAR AR pressure drop (inventory) 64.5 64.0 63.4 56.0 50.8 49.0 74.3 mbar 
pAR,Cyclone Pressure downstream of AR cyclone − 1.1 − 1.0 − 1.0 − 1.0 − 1.0 − 1.0 − 0.8 mbar 
ΔpFR FR pressure drop (inventory) 65.5 76.8 106.7 124.7 134.3 135.6 65.0 mbar 
pFR,Cyclone Pressure downstream of FR cyclone 7.6 7.2 7.4 7.1 7.0 7.1 7.0 mbar 
ṁFM,FR Mass flow of FR fluidization (H₂O) 196.4 200.6 200.9 203.0 203.2 204.3 251.1 kg/h 
ṁFM,AR Mass flow of AR fluidization* 927.2 944.7 952.1 953.5 956.5 957.3 960.4 kg/h 
ṁC3H8,AR Mass flow of propane entering AR 5.4 0.9 0.9 0.9 0.9 0.9 0.9 kg/h 
ṁFM,LS4.1 Vol. flow of LS4.1 fluidization 16.1 (N₂) 16.5 (N₂) 16.7 (N₂) 16.7 (N₂) 16.8 (N₂) 16.9 (N₂) 17.7 (N₂) Nm3/h 
ṁFM,LS4.5 Vol. flow of LS4.5 fluidization 20.1 (N₂) 18.9 (N₂) 16.1 (CO₂) 16.3 (CO₂) 16.1 (CO₂) 16.4 (CO₂) 16.8 (CO₂) Nm3/h 
ṁFM,J-Valve Vol. flow of J-Valve fluidization 12.5 (CO₂) 18.4 (CO₂) 19.4 (CO₂) 19.8 (CO₂) 20.1 (CO₂) 20.9 (CO₂) 21.8 (CO₂) Nm3/h 
RRAR AR flue gas recycling ratio 0.23 0.23 0.32 0.32 0.35 0.34 0.37 –  

* AR fluidization medium: pure air or mixture of air & AR recycled flue gas. 
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Adánez, J., Gayán, P., Celaya, J., d.e Diego, L.F., García-Labiano, F., Abad, A., Aug. 2006. 
Chemical looping combustion in a 10kW th prototype using a CuO/Al 2 O 3 oxygen 
carrier: effect of operating conditions on methane combustion. Ind. Eng. Chem. Res. 
45 (17), 6075–6080. https://doi.org/10.1021/ie060364l. 

Atsonios, K., Nesiadis, A., Detsios, N., Koutita, K., Nikolopoulos, N., Grammelis, P., Jan. 
2020. Review on dynamic process modeling of gasification based biorefineries and 
bio-based heat & power plants. Fuel Process. Technol. 197, 106188 https://doi.org/ 
10.1016/j.fuproc.2019.106188. 

Barrio, M., Gbel, B., Rimes, H., Henriksen, U., H.ustad, J.E., S.rensen, L.H., 2001. Steam 
gasification of wood char and the effect of hydrogen inhibition on the chemical 
kinetics. In: Bridgwater, A.V. (Ed.), Progress in Thermochemical Biomass 
Conversion. Blackwell Science Ltd, Oxford, UK, pp. 32–46. https://doi.org/10.1002/ 
9780470694954.ch2. 

Barrio, M., H.ustad, J.E., 2001. CO2 gasification of birch char and the effect of CO 
inhibition on the calculation of chemical kinetics. In: Bridgwater, A.V. (Ed.), 
Progress in Thermochemical Biomass Conversion. Blackwell Science Ltd, Oxford, 
UK, pp. 47–60. https://doi.org/10.1002/9780470694954.ch3. 

Bolhar-Nordenkampf, M., et al., 2002. Scale-up of a 100kWth pilot FICFB-gasifier to a 8 
MWth FICFB-gasifier demonstration plant in Güssing (Austria). presented at the. In: 
Proc. 1st International Ukrainian Conference on Biomass For Energy. Kyiv, Ukraine. 
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Ohlemüller, P., Busch, J.-P., Reitz, M., Ströhle, J., Epple, B., Jul. 2016. Chemical-looping 
combustion of hard coal: autothermal operation of a 1 MWth pilot plant. J. Energy 
Resour. Technol. 138 (4), 042203 https://doi.org/10.1115/1.4032357. 
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A B S T R A C T

Chemical looping gasification is a novel dual fluidized bed technology for the conversion of solid feedstock to a
nitrogen-free syngas without the need of pure oxygen. While multiple electrically heated lab-scale experiments
have been performed, data on gas quality including tars formed during operation have not been reported
yet for autothermal process operation. In this study we present autothermal operation of a chemical looping
gasifier with a thermal input in the 1MWth range, utilizing two circulating fluidized bed reactors with foresting
residue and industrial wood pellets as feedstock and Norwegian ilmenite as bed material. A cold gas efficiency
of around 50% was achieved in the non optimized pilot plant, indicating that higher values can be reached
in a commercial unit when minimizing heat losses. The carbon conversion was around 90%, and this value is
expected to increase to almost 100% when raising the temperature, residence time, and cyclone efficiency in
a commercial unit. The syngas has a very high quality with methane concentrations in the range of 7 vol. − %
to 10 vol. − % and gravimetric tar content below 1 g∕Nm3 measured via tar protocol.

1. Introduction

In light of the current climate change, new and renewable sources
for hydro-carbons are required. Especially applications where electri-
fication is not an option, such as the maritime transport and aviation
sector, and also the production of base chemicals require a constant
source of carbon. One such source is biomass, preferably biogenic
residues, which can be utilized by gasification. Here oxygen assisted
gasification technologies, which produce a nitrogen free syngas, are
advantageous as they supply oxygen for heat generation towards the
gasifier and no post-gasification separation of N2 is required. However,
for autothermal operation of the gasification process, oxygen needs to
be supplied to be able to convert a fraction of the feedstock for the
purpose of heat generation, as required by the process. Usually this is
done in the form of molecular oxygen provided by an air separation unit
(ASU) (e.g. [1]). However, the ASU adds a costly and energy intensive
step to the gasification process reducing the efficiency.

One technology avoiding an ASU is dual fluidized bed gasification
(DFBG). Endeavours to scale-up the DFBG technology, which supplies
only heat and gasification medium but no oxygen to the gasifier, have
generated operating experience for approx. 20 yr of demo-plant scale

✩ This work has received funding of the European Union’s Horizon 2020-Research and Innovation Framework Programme under grant agreement No. 817841
(Chemical Looping gasification foR sustainAble production of biofuels — CLARA). The content of this work reflects only the author’s view, and the European
Commission is not responsible for any use that may be made of the information it contains.
∗ Corresponding author.
E-mail address: falko.marx@est.tu-darmstadt.de (F. Marx).

operation [2,3], producing syngas from biomass with a high amount
of tars [2]. However, no large scale (> 20MWth), commercial DFBG
plant is known to the authors, indicating that there are still some
technical issues to be resolved. An alternative route is the CLG process
which has lately seen increased research activity with multiple review
papers being published [4–6]. It combines the idea of supplying heat
to the gasifier — like DFBG — with the provision of oxygen by a metal
oxide lattice in the circulating bed material, promising to enhance the
performance of the DFBG technology.

The CLG process is depicted in Fig. 1 and deploys two reactors,
the air reactor (AR) where the metal oxide called OC is oxidized, and
the fuel reactor (FR) where the feedstock is converted and the OC
is reduced. Both reactors are usually fluidized bed reactors, enabling
efficient transport of the solid OC material between the reactors and
providing high heating rates and good gas–solid contact for the hetero-
geneous reactions. Compared to the similar DFBG process, CLG has the
advantage of increased char conversion inside the FR, which shifts the
generated CO2 to the FR output. Therefore, almost all produced CO2
is part of the FR product stream where a CO2 removal step is already
necessary for most use-cases of the produced syngas, allowing for net
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Abbreviations

AR Air reactor
ASU Air separation unit
CFB Circulating fluidized bed
CLC Chemical looping combustion
CLG Chemical looping gasification
d.b. Dry base
DFBG Dual fluidized bed gasification
FI Flow indicator
FR Fuel reactor
GA Gas analysis
GSB Gas sample bag
IWP Industrial wood pellets
KPI Key performance indicator
LS Loop seal
OC Oxygen carrier
OCAC Oxygen carrier aided combustion
PA Proximate analysis
PFR Pine forest residue
PSD Particle size distribution
SP Sample point
TAR Tar measurement
TI Temperature indicator
UA Ultimate analysis

Symbols

𝐿𝐻𝑉 Lower heating value (MJkg−1, MJmol−1)
𝑀 Molar mass, atomic mass (gmol−1)
𝑃𝑡ℎ Thermal load (W)
𝑅𝑂𝐶 Oxygen transport capacity
𝑇 Temperature (K, ◦C)
𝑋𝐶 Carbon conversion
𝑋𝑆𝐺 Syngas content
𝑌𝑆𝐺 Syngas yield (N m3/kg)
𝛥𝐻 Reaction enthalpy (Jmol−1)
�̇� Heat flux (W)
�̇� Mass flow (kg s−1)
�̇� Molar flow (mol s−1)
𝜂𝐶𝐺 Cold gas efficiency
𝜆 Air to fuel equivalence ratio
𝑐𝑝 Specific heat (J kg−1 K−1)
𝑤 Mass fraction in solid phase
𝑥 Mole fraction

Subscripts

𝐴𝑅 Air reactor
𝐹𝑀 Fluidization medium Stock
𝐹𝑅 Fuel reactor
𝐹𝑆 Feed stock
𝑂𝐶 Oxygen carrier
𝑂 Oxygen
𝑒𝑓𝑓 Effective
𝑖𝑛 Stream entering reactor
𝑜𝑢𝑡 Stream leaving reactor
𝑜𝑥 Oxidized
𝑟𝑒𝑑 Reduced

negative process chains. Furthermore, the introduction of an active bed
material, the OC, adds the possibility of reduced tar generation due to
catalytic effects [7–10].

Related research topics range from the experimental investigation
of different feedstocks like biogenic residues [11–13] and coal [14]
over various bed materials consisting of synthetic oxygen carriers [15],
natural minerals [16,17], and waste materials [11]. Moreover, basic
de-fluidization phenomena, which can potentially hinder commercial
application, resulting from interaction of OC and feedstock ash were
studied [18–20], finding no so called ‘‘show stoppers’’. Additionally to
these lab scale investigations, there is activity related to scale-up, with
a recent publication on autothermal pilot plant experiments [21] inves-
tigating process control concepts relevant for commercial application.
Furthermore, simulations are used to optimize process control under
autothermal conditions [22,23] and to predict process performance for
commercial scale units [24].

So far, no detailed report on generated syngas including higher
hydro-carbons from autothermal operation of CLG has been published.
However, for large-scale application accurate knowledge of so called
tars as well as all permanent gases are vital, as they might restrict
use cases or require further processing equipment either for removal or
conversion. Furthermore, in contrast to small scale units with external
electrical heating, the free variation of process parameters like steam
to biomass ratio, air to fuel equivalence ratio, and thermal input to bed
inventory is not possible in autothermal operation and the interdepen-
dence and restrictions limit the operation range. In this paper we report
on syngas compositions, carbon conversion, cold gas efficiencies, and
other operation variables obtained from various biogenic feedstocks
in the 1MWth modular pilot plant located at Technische Universität
Darmstadt in Germany.

2. Experiment

Fig. 2 shows a simplified flow sheet of the 1 MWth pilot plant used
for the experiments. A detailed description is available elsewhere [25].
It depicts the two circulating fluidized bed (CFB) reactors, the cy-
clones for gas–solid separation, the loop seals and the J-valve for
solids transport, as well as the corresponding streams entering and
leaving the reactor system. The AR features a height of 8.66m and an
inner diameter of 0.59m and the FR a height of 11.35m and an inner
diameter of 0.4m. Measurement sites for the major process streams are
indicated, while all other streams entering the reactors are equipped
with controlling and measurement devices. The composition of the FR
output stream is continuously measured via gas analysis equipment (see
Table 1) for the species O2, CO2, CO, CH4, H2, and H2O, while the
AR output stream is analysed for the components O2, CO2, and CO.
Additionally the FR output is equipped for tar sampling according to
tar protocol/CEN TS 15 439 and for the collection of gas sample bags
to obtain data for higher hydro-carbons. The AR fluidization stream is
measured for O2 and CO2 to determine the oxygen input to the reactor
system. Moreover, the AR is equipped with a flue gas recirculation to
enable the control of the air to fuel equivalence ratio 𝜆 of the process
without impacting the hydrodynamics of the AR, as described in [22]
and demonstrated by Dieringer et al. [21]. The AR fluidization medium
can be electrically heated up to 360 ◦C and the steam for FR fluidization
up to 465 ◦C.

All OC material discharged from the FR is transported to the AR
via a loop seal, while the solids transport from the AR to the FR is
controlled via a J-valve. The amount of OC discharged from the AR
exceeding the transport between the reactors is returned towards the
AR via the loop seal. Both loop seals have sampling ports where solid
samples can be obtained and cooled before exposure to the atmosphere
to preserve the process oxidation state. From the oxidation state of the
solid loop seal samples and the oxygen balance of the AR, the solid
circulation is calculated [26]. Both reactors are equipped with an ash
sluicing screw to remove bed material and agglomerates, which was
used only for the collection of sample material as no agglomeration or
meaningful OC deactivation was observed.
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Fig. 1. Schematic of the CLG process showing the cyclic reduction and oxidation of an OC material which is oxidized in the air reactor (AR) and reduced in the fuel reactor (FR).

Fig. 2. Schematic of the chemical looping gasification process indicating relevant measurement sites, and sample position. FI: flow indicator, TI: temperature indicator, GA: gas
analysis, SP: sample point, GSB: gas sample bag, TAR: tar measurement according to CEN TS 15439.

The option to feed propane to the AR exists to artificially increase
system temperature in case of low thermal load 𝑃𝑡ℎ but was only used
for a short time. The produced syngas is cooled and routed to a gas
treatment plant for cleaning and sour gas removal to obtain a cleaned
syngas useable for the synthesis of liquid hydro-carbons.

2.1. Materials

The feedstocks used for CLG pilot testing are industrial wood pellets
(IWP) and pine forest residue (PFR) in pellet form. The industrial wood
pellets (IWP) are commercially available wood pellets adhering to the
norm EN plus A1. The pine forest residue (PFR) was obtained from
foresting operations in Sweden and pelleted by AB Torkapparater. The
PFR includes a high amount of bark and pine needles as can be seen in
Fig. 3. The properties of the feedstocks are listed in Table 2.

As OC material the natural mineral Norwegian ilmenite was used.
Although, thermo-gravimetric analysis show lower reactivity of il-
menite compared to other OC (e.g. nickel based [9,10]) it is still
considered a primary option [27] for chemical looping. This is the case,
as OC reactivity is not the major concern in CLG where oxygen release
by the OC inside the FR has to be actively limited [21–23]. Moreover, it
is non-toxic, inexpensive, and commercially availability in the required
quantity. In addition operation experience exists for chemical looping
combustion (CLC) [28,29]. During experiments, two different Particle
size distributions (PSDs), as depicted in Fig. 4, were used. The fine
particle fraction has approx. 20% of fines (smaller 50 μm) which cannot
be efficiently separated by the existing FR cyclone as shown in previous
experiments [28,29] leading to increased make-up rates cooling down
the reactor system. In contrast, the coarse material exhibits only 20% of
particle smaller 200 μm, leading to lower entrainment from the reactors
and thus lower solid circulation [26]. A perfectly matched PSD is
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Table 1
Listing of gas analysis equipment for all reactors.

Reactor Equipment Measurement principle Component Range Error Unit

FR

Magnos 206 Paramagnetic O2 0 to 25 0.9 vol. − %
Caldos 27 Thermal conductivity H2 0 to 40 1.8 vol. − %
Uras 26 NDIR CO2 0 to 100 3.0 vol. − %
Uras 26 NDIR CO 0 to 40 1.2 vol. − %
Uras 26 NDIR CH4 0 to 20 0.6 vol. − %
Hygrophil H4320 Psychrometric H2O 2 to 100 0.3 vol. − %

AR outlet

Magnos 206 Paramagnetic O2 0 to 25 0.9 vol. − %
Uras 26 NDIR CO2 0 to 30 0.9 vol. − %
Uras 26 NDIR CO 0 to 5 0.15 vol. − %
Hygrophil H4320 Psychrometric H2O 2 to 100 0.3 vol. − %

AR inlet Magnos 206 Paramagnetic O2 0 to 25 0.9 vol. − %
Uras 26 NDIR CO2 0 to 100 3.0 vol. − %

Fig. 3. Raw pine forest residue (PFR) material.

Table 2
Proximate and ultimate analysis of feedstock used during experiments. 𝐿𝐻𝑉 : lower
heating value, PA: proximate analysis, UA: ultimate analysis, d.b.: dry base, IWP:
industrial wood pellets, PFR: pine forest residue.

Component IWP PFR

PA [wt. − %] Moisture 8.3 4.4
Ash (dry base (d.b.)) 0.3 2.3
Volatiles (d.b.) 84.6 80.3
Fixed carbon (d.b.) 15.1 17.4

UA [wt. − %] C (d.b.) 50.7 51.1
H (d.b.) 6.1 6.1
N (d.b.) 0.33 0.44
O (d.b.) 42.5 40.1
S (d.b.) 0.008 0.025
Cl (d.b.) 0.008 0.010

𝐿𝐻𝑉 [MJkg−1] 17.2 18.30

not commercially available and sieving proofed to be economically
infeasibly for the pilot tests. The oxygen carrying capacity for the
ilmenite was determined to be 𝑅𝑂𝐶 = 3.7%.

2.2. Operation and balance points

The data was obtained during two test campaigns consisting of more
than 14 d of 24 h d−1 operation each. The balance points consist of stable
operation without operator intervention for approx. 1 h, before a full set
of samples — consisting of tar sample, gas sample bag, and loop seal
OC material sample — was taken. Gas sample bags are analysed for
permanent gases O2, CO2, CO, CH4, N2, and C2 to C3 species. As these

Fig. 4. Particle size distribution of the ilmenite used as oxygen carrier material during
experiments.

balance points feature a full set of samples, they are selected for further
in-depth analysis.1

A calculated mean reactor temperature 𝑇 is used during analysis
calculated as the mean of all temperature measurements inside the
reactor.

𝑇 =
∑𝑁

𝑖=1 𝑇𝑖
𝑁

(1)

Although the temperature inside the reactor spans a range of over 100K
and 𝑇 is therefore subject to change with temperature measurement
location, it is a useful value for the investigation of the temperature
dependency of various parameters. The temperature inside the reactor
is a result of feed stock input, OC circulation and amount of fluidization
medium supplied to the reactors [22,26]. The main influencing parame-
ter is the solid circulation which can be influenced through adjustments
of the J-valve and the system hydrodynamics [21].

For the calculation of the key performance indicators (KPIs), the
output gas streams are corrected for the amount of CO2 input coming
from fluidization media i.e. recirculated flue gas in case of the AR
and CO2-fluidization in case of the FR. The loop seal fluidization was
switched to N2 and back to CO2 for all coupling elements individually
to assess the individual impact on each reactor. The input streams were
than added during calculation accordingly.

Additional data outside of these balance points is averaged for
20min and reported here in addition to the balance points to give an
indication of further system behaviour. However, transient states —

1 As this was the first time the plant was operated, the focus was on
determining the operation range of the process and plant and not on the
optimization of individual operation points. As such, the data set represents
a range of possible operation points which are not optimized for cold gas
efficiency, carbon conversion, tar generation, or syngas composition.
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which are likely to produce large deviations from stable operation be-
cause of various system inertias, as have been reported before [21,26]
— are included as well.

2.3. Evaluation parameters

The process performance is evaluated using the following parame-
ters:

Cold Gas Efficiency 𝜂𝐶𝐺

𝜂𝐶𝐺 =
�̇�𝐹𝑅,𝑜𝑢𝑡(𝑥CH4

⋅ 𝐿𝐻𝑉CH4
+ 𝑥CO ⋅ 𝐿𝐻𝑉CO + 𝑥H2

⋅ 𝐿𝐻𝑉H2
)

�̇�𝐹𝑆 ⋅ 𝐿𝐻𝑉𝐹𝑆
(2)

with 𝑥𝑖 being the mole fraction of species 𝑖, 𝐿𝐻𝑉 the lower heating
value, and �̇�𝐹𝑅,𝑜𝑢𝑡 and �̇�𝐹𝑆 being the product gas output and the
feedstock input, respectively.

Air to Fuel Equivalence Ratio 𝜆2

𝜆 =
�̇�𝑂,𝐴𝑅

�̇�𝐹𝑆 ⋅ 𝑅𝐹𝑆
(3)

with the mass streams �̇� and the oxygen requirements for full oxidation
𝑅𝐹𝑆 . For CLG a slightly modified term for the efficient air to fuel
equivalence ratio inside the FR is sometimes more appropriate [21]:

𝜆𝐹𝑅,𝑒𝑓𝑓 =
�̇�𝑂,𝐹𝑅,𝑜𝑢𝑡 − �̇�𝑂,𝐹𝑅,𝑖𝑛

�̇�𝐹𝑆 ⋅ 𝑅𝐹𝑆
(4)

The range of 𝜆𝐹𝑅,𝑒𝑓𝑓 in stable operation is between the lower limit of
no oxygen release from the bed material 𝜆𝐹𝑅,𝑒𝑓𝑓 = 0 like in DFBG, to
the upper limit of the oxygen input of the process 𝜆𝐹𝑅,𝑒𝑓𝑓 = 𝜆.

The Carbon Conversion 𝑋𝐶 is the fraction of feedstock carbon
converted into gaseous species:

𝑋𝐶,𝐹𝑅 =
�̇�𝑔𝑎𝑠,𝐹𝑅 ⋅ (𝑥CH4

+ 𝑥CO + 𝑥CO2
) ⋅𝑀𝐶 − �̇�CO2 ,𝑓 𝑙𝑢𝑖𝑑𝑖𝑧𝑎𝑡𝑖𝑜𝑛 ⋅

𝑀𝐶
𝑀CO2

�̇�𝐹𝑆 ⋅𝑤𝐶,𝐹𝑆
(5)

with the AR carbon conversion being calculated from CO2 only:

𝑋𝐶,𝐴𝑅 =
�̇�𝑔𝑎𝑠,𝐴𝑅 ⋅ 𝑥CO2

⋅𝑀𝐶 − �̇�CO2 ,𝑓 𝑙𝑢𝑖𝑑𝑖𝑧𝑎𝑡𝑖𝑜𝑛 ⋅
𝑀𝐶
𝑀CO2

�̇�𝐹𝑆 ⋅𝑤𝐶,𝐹𝑆
(6)

where 𝑀 denotes the molar mass of the species 𝑖 and 𝑤𝐶,𝐹𝑆 the carbon
fraction inside the feedstock. Additionally, the syngas fraction in the
dry product gas is defined as:

𝑋𝑆𝐺 =
𝑥CO + 𝑥H2

𝑥CH4
+ 𝑥CO + 𝑥H2

+ 𝑥CO2
+ 𝑥N2

(7)

and the syngas yield as:

𝑌𝑆𝐺 =
�̇�𝑔𝑎𝑠,𝐹𝑅(𝑥CO + 𝑥H2

)
�̇�𝐹𝑆

(8)

The oxidation degree of the OC material is defined as:

𝑋𝑆 =
𝑚𝑂𝐶 − 𝑚𝑂𝐶,𝑟𝑒𝑑

𝑅𝑂𝐶 ⋅ 𝑚𝑂𝐶,𝑜𝑥
(9)

In this definition, 𝑅𝑂𝐶 is the oxygen transport capacity of the OC
material, 𝑋𝑆 is the oxidation degree of the OC, 𝑚𝑂𝐶,𝑟𝑒𝑑 and 𝑚𝑂𝐶,𝑜𝑥 are
the mass of the fully reduced and oxidized state respectively, while the
mass of the OC leaving the reactor is 𝑚𝑂𝐶 .

The sensible heat transport �̇� between the reactors can be calcu-
lated to:

�̇� = �̇�𝑂𝐶 ⋅ 𝑐𝑝 ⋅ 𝛥𝑇 (10)

with 𝑐𝑝, the heat capacity of the OC and 𝛥𝑇 , the temperature difference
of OC particles at AR and FR output. This neglects heat losses and

2 In the case of propane co-firing in the AR, 𝜆 is corrected by the mass
of propane �̇�𝐶3𝐻8

and the corresponding oxygen demand 𝑅𝐶3𝐻8
(𝑅𝐶3𝐻8

=
3.628 kg kg−1).

can therefore be seen as the lower boundary for the sensible heat
transported between the reactors. The solid flux between the reactors
required for the calculation of the sensible heat transported from AR
to FR with the OC material according to Eq. (10) is determined via
solid samples and an oxygen balance around the AR [26]. It is assumed,
that the heat capacity for ilmenite calculated according to [30] is
valid for both oxidation states. The temperature measurements used for
calculation are located inside the J-valve and at the top of the FR.

3. Results

The main operation variables for the balance points are given in
Table 3. For the first four balance points IWP was used as feedstock,
while for the last four balance points PFR was used. For the last point
no tar measurement is available.

The temperature profiles in the FR, which are influencing pyrolysis
and gasification reactions, are visualized in Fig. 5 with the additional
information on fuel input height and OC input height. It can be seen
that the reactor is at a constant temperature along almost the full height
with only the lower region being much cooler. This is caused by the
fluidization medium, which can only be preheated to 465 ◦C, and the
fuel input. From the height were the hot OC from the AR is introduced
into the FR upwards, the temperature is at an almost constant level.
OC circulation is in the range of 1.8 kg s−1 to 5.7 kg s−1 leading to a feed
stock related circulation of 1.2 kg s−1 MW−1 to 4.3 kg s−1 MW−1.

3.1. Syngas production and composition

The dry composition of FR of gases is plotted over FR temperature
(a), and 𝜆𝐹𝑅,𝑒𝑓𝑓 (b) in Fig. 6. The high CO2 concentration is caused
by some amount of instrument purge gas inside the FR off gas, loop
seal (LS) fluidization medium and by the high energy requirement for
the heating of the process streams to reactor temperature. This energy
is supplied by Reactions R10 and R9 (details on important reactions
are given in Appendix), converting syngas species into CO2 and H2O,
visible by the increase of the CO2 content with increasing temperature.
The amount of CO2 coming from purge gases and LS fluidization can
be estimated by the difference in CO2 content of the marked region in
Fig. 6 a, where all CO2 entering the pilot plant was switched to N2. The
difference is 5 vol. − % to 15 vol. − % in the pilot plant and is expected
to be much smaller in large-scale commercial application. This clear
trend of increasing CO2 can also be seen with 𝜆𝐹𝑅,𝑒𝑓𝑓 , where higher
𝜆𝐹𝑅,𝑒𝑓𝑓 means higher conversion of syngas species, leading to higher
heat release and thus higher system temperatures [21].

For the syngas species CO and H2, the opposite trend is visible, low
temperatures and 𝜆𝐹𝑅,𝑒𝑓𝑓 correspond with higher volume fraction. In
contrast, the methane content shows no change with either temperature
or 𝜆𝐹𝑅,𝑒𝑓𝑓 , being stable at about 7 vol. − % to 11 vol. − %. This is the
same behaviour and range as measured by Condori et al. for a thermal
input of 1.5 kW where no dependence of CH4 to either temperature
or 𝜆 was observed [17]. Moreover, the range is typical for biomass
gasification technologies with steam as gasification agent [2,3,31,32].

The syngas yield per biomass feedstock in Fig. 7 shows the same
trends, as the individual species of CO and H2, as it is calculated from
these species. With increasing temperature and 𝜆𝐹𝑅,𝑒𝑓𝑓 decreases the
production of syngas species. The range is with 0.15 N m3/kg to 0.45 N
m3/kg lower as for externally heated units
(0.34 N m3/kg to 0.89 N m3/kg) [13,17].

The content of syngas species reported here are lower when com-
pared to data reported in literature with corresponding higher amounts
of CO2. This is not only caused by the reasons stated above (syngas con-
version because of autothermal operation, syngas conversion to reach
higher temperature, high amount of purges and fluidization for cou-
pling elements) but also by the fact that the values for syngas species
reported in literature are normally on a N2-free basis (e.g. [11,13,17,
33–35]) while coupling elements are usually fluidized with nitrogen.
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Fig. 5. Temperature profiles in the fuel reactor during balance points. Feedstocks: •— IWP/fine ilmenite, ▶— PFR/coarse ilmenite, ★— PFR/fine ilmenite.

Table 3
Variables of the operating periods used for the investigation in this work.

Description Variable Unit Balancepoint

BP_T1 BP_T2 BP_T3 BP_T4 BP_T5 BP_T6 BP_T7 BP_T8

Feedstock – IWP IWP IWP IWP PFR PFR PFR PFR
Bed material PSD – Fine Fine Fine Fine Coarse Fine Fine Fine
Thermal input 𝑃𝑡ℎ MW 1.10 1.10 1.10 1.10 1.51 1.56 1.78 1.82
Mass flow of biomass pellets to FR �̇�𝐹𝑆 kg h−1 230.80 230.80 230.80 230.80 297.30 307.80 350.10 357.20
Mass flow of FR fluidization (H2O) �̇�𝐹𝑀,𝐹𝑅 kg h−1 264.83 213.98 233.02 261.89 299.44 329.68 253.72 230.50
Mass flow of AR fluidization �̇�𝐹𝑀,𝐴𝑅 kg h−1 969.73 972.42 953.47 959.08 1045.20 1100.25 1115.15 1117.41
Mass flow of propane entering AR �̇�C3H8 ,𝐴𝑅 kg h−1 10.04 5.38 0 0 0 0 0 0
Mass flow for LS4.1 fluidization (N2) �̇�𝐹𝑀,4.1,N2

kg h−1 15.62 15.00 16.77 17.40 14.66 16.00 14.18 13.86
CO2 flow for LS4.5 fluidization �̇�𝐹𝑀,4.5,CO2

kg h−1 19.63 14.66 16.66 16.95 0 13.45 13.13 9.11
N2 flow for LS4.5 fluidization �̇�𝐹𝑀,4.5,N2

kg h−1 0 0 0 0 15.09 0 0 0
Flow for J-Valve fluidization (CO2) �̇�𝐹𝑀,𝐽−𝑉 𝑎𝑙𝑣𝑒 kg h−1 22.98 11.65 20.21 21.83 18.11 17.86 8.71 8.58
FR pressure drop 𝛥𝑝,𝐹𝑅 mbar 70.68 92.11 125.72 78.79 89.32 61.77 95.25 86.16

Air to fuel equivalence ratio 𝜆 0.50 0.52 0.49 0.46 0.39 0.38 0.39 0.40
FR efficient air to fuel equivalence ratio 𝜆𝐹𝑅,𝑒𝑓𝑓 0.35 0.35 0.14 0.13 0.08 0.18 0.15 0.17
Cold gas efficiency 𝜂𝐶𝐺 0.28 0.31 0.27 0.30 0.34 0.38 0.33 0.40

Carbon conversion 𝑋𝐶,𝐹𝑅 0.75 0.77 0.59 0.57 0.55 0.66 0.65 0.69
𝑋𝐶,𝐴𝑅 0.11 0.14 0.23 0.28 0.30 0.25 0.18 0.21

Syngas fraction 𝑋𝑆𝐺 0.18 0.22 0.27 0.31 0.40 0.37 0.33 0.39
Syngas yield 𝑌𝑆𝐺 Nm3 kg−1 0.17 0.20 0.21 0.25 0.32 0.34 0.27 0.35
Steam to biomass ratio S/B kg kg−1 1.15 0.93 1.01 1.13 1.01 1.07 0.72 0.65

Mean reactor temperature 𝑇𝐴𝑅 °C 933.4 897.6 832.2 808.9 928.2 865.9 915.6 946.3
𝑇𝐹𝑅 °C 840.1 804.1 730.3 716.9 744.2 778.1 827.8 833.7

Oxidation degree 𝑋𝑆,𝐴𝑅 % 89.1 82.7 90.7 87.2 99.4 73.6 83.8 75.9
𝑋𝑆,𝐹𝑅 % 61.4 65.0 77.5 76.9 76.9 65.0 68.5 55.6

OC transport between reactors �̇�𝑂𝐶 kg s−1 2.7 4.2 4.2 4.7 1.8 5.7 5.6 3.8
Heat transport between reactors �̇� kW 147.3 270.1 308.8 300.3 263.7 414.9 400.9 363.4

FR syngas flow �̇�𝐹𝑅,𝑆𝐺 Nm3 h−1 616.6 529.4 506.5 551.2 618.1 696.3 584.1 599.3

Gas composition

𝑥H2O vol. − % 63.7 59.3 61.4 64.3 61.5 59.7 52.2 47.4
𝑥CO vol. − % dry 6.7 7.1 9.7 12.6 15.9 13.2 13.1 15.9
𝑥CO2

vol. − % dry 69.7 65.4 62.3 58.0 51.1 55.1 59.6 50.4
𝑥O2

vol. − % dry 0.2 0 0.2 0.3 0.0 0.1 0.2 0.1
𝑥H2

vol. − % dry 10.4 13.8 15.5 16.9 23.6 24.3 20.8 23.7
𝑥CH4

vol. − % dry 8.3 9.2 7.2 7.2 9.1 9.0 10.1 10.7

Gravimetric tar 𝑚𝑡𝑎𝑟,𝑔𝑟𝑎𝑣 gN−1 m−3 dry 0.505 0.124 0.876 2.397 5.156 1.127 1.092

AR inlet 𝑥CO2 ,𝐴𝑅,𝑖𝑛 vol. − % dry 2.0 2.6 4.2 5.3 4.0 4.7 2.6 2.8
𝑥O2 ,𝐴𝑅,𝑖𝑛 vol. − % dry 16.9 15.8 14.5 13.8 14.5 14.0 16.0 16.0

AR outlet

𝑥H2O,𝐴𝑅,𝑜𝑢𝑡 vol. − % 2.7 1.6 0.0 0.0 0.0 0.0 0.0 0.0
𝑥CO,AR,out ppm dry 2985 1857 262 1370 0 1033 1789 394
𝑥CO2 ,𝐴𝑅,𝑜𝑢𝑡 vol. − % dry 9.7 9.8 12.6 15.0 12.7 14.1 10.6 11.6
𝑥O2 ,𝐴𝑅,𝑜𝑢𝑡 vol. − % dry 0.0 0.0 0.0 0.0 0.2 0.0 0.0 0.0
�̇�𝐴𝑅,𝑜𝑢𝑡 kg h−1 976 949 994 1017 1138 1188 1161 1159

150



Applications in Energy and Combustion Science 16 (2023) 100217

7

F. Marx et al.

Fig. 6. Dry gas composition. Feedstocks: •— IWP/fine ilmenite, ▶— PFR/coarse ilmenite, ★— PFR/fine ilmenite.

Fig. 7. Syngas yield per feedstock mass. •— IWP/fine ilmenite, ▶— PFR/coarse ilmenite, ★— PFR/fine ilmenite.

Thus, the amount of syngas species is artificiality boosted compared
to the ones reported here, where actual process data is reported.3
Therefore, the syngas yield is a more appropriate indicator, as it is
independent of the gas species used for fluidization and purging and
directly influenced by the feed and performance. The reported values
are a bit lower than for externally heated units for the reasons already
stated: autothermal operation with comparatively high relative heat
losses which are counteracted via higher conversion of the feedstock.

3 N2 can be considered as an inert and therefore it is reasonable to report
N2-free syngas compositions. However, the situation is different for CO2. As the
CO2 content has an influence on reaction kinetics correcting for the amount
of purge gas and fluidization medium would severely reduce the value of
the reported data. The main reason to use CO2 as purge gas and fluidization
medium for the coupling elements is to not dilute the syngas with an inert,
as it is later cleaned in a gas cleaning pilot plant and subsequently used for
liquid fuel synthesis experiments.

3.2. Cold gas efficiency and carbon conversion

The cold gas efficiency 𝜂𝐶𝐺 and the total (AR and FR combined)
carbon conversion 𝑋𝐶 of the CLG pilot tests are depicted in Fig. 8 a
and b.

The cold gas efficiency is only calculated from online gas analy-
sis as they are the species of interest for further valorization of the
product gas stream. As such, higher hydrocarbons (see Section 3.3),
which contain an appreciable amount of energy are not included in
the calculation. Moreover, the scale of the experiment and the au-
tothermal operation require a significant amount of energy which has
to be generated by the conversion of syngas species, resulting in the
visible low cold gas efficiencies. In Fig. 8 b two trends C to D and
E to F ( ) for 𝜂𝐶𝐺 for all operation periods can be observed. They
both show the same behaviour at slightly different levels of 𝜂𝐶𝐺: with
increasing 𝜆𝐹𝑅,𝑒𝑓𝑓 𝜂𝐶𝐺 increases, levels off at approx. 𝜆𝐹𝑅,𝑒𝑓𝑓 = 0.3, and
decreasing again. The initial increase of 𝜂𝐶𝐺 with 𝜆𝐹𝑅,𝑒𝑓𝑓 is a result of
the temperature increase, which in turn leads to higher fraction of fixed
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carbon being converted inside the FR. By further increasing 𝜆𝐹𝑅,𝑒𝑓𝑓 the
higher conversion of syngas species becomes more important ant 𝜂𝐶𝐺
decreases again. The difference in 𝜂𝐶𝐺 is caused by the much higher
feedstock input for PFR on line C to D compared to IWP on line E to
F (see also Table 3). As heat losses are mainly defined by the constant
reactor surface an increase in thermal load decreases the relative heat
losses and therefore 𝜂𝐶𝐺 is increased for PFR.

In comparison to literature data on experimentally obtained cold gas
efficiency, the values are well below the reported values for very small
units (e.g. 1.5 kW [11,17]) and at the lower end of the range reported
for small units (20 kW to 50 kW [13]). The range including all operating
points (grey markers) indicate that the cold gas efficiency is in the range
of other similar sized autothermal gasification plants [32]. Therefore it
can be supposed, that 𝜂𝐶𝐺 will be higher for a large-scale commercial
unit than for the pilot plant. In fact, 80% are reported for simulation
of a 200 kW unit [24].

It is visible that the carbon conversion exceeds unity for some
operating periods which is theoretically impossible for stable operation.
However, this is not a problem as long as the average carbon conversion
is below unity as during transient operation a carbon inventory can
be build up inside the FR or be reduced and converted into gaseous
species. In fact, the initial build up of carbon inventory can be seen in
Fig. 8 following the path from A to B ( ). At point A the system was
transferred from oxygen carrier aided combustion (OCAC) to chemical
looping by switching the FR fluidization from air to steam. The initial
drop of carbon conversion can be explained by the slower conversion
of the feedstock carbon into detectable gases by steam when compared
to air. Therefore, the carbon conversion drops and increases again until
a stable carbon inventory inside the FR is reached.

For the balance points where stable operation was targeted, the
carbon conversion is always below unity indicating that some amount
of unconverted carbon is lost. This loss can happen either through the
bottom ash removal or more likely as fines through the FR cyclone.
Here the dust passing the cyclone contains about 8wt. − % to 40wt. − %
of carbon depending on operation condition. The split of the carbon
conversion between the reactors is depicted in Fig. 9 a and b and shows
a clear trend with FR temperature. The higher the FR temperature,
the higher the carbon conversion inside the FR and the lower the
carbon conversion inside the AR. Extrapolating the trends observed,
the carbon conversion inside the AR — a result of unwanted carbon
slip — is expected to reach negligible levels at around 950 ◦C. For the
stable balance points, there is a clear distinction between the utilized
feedstocks in the observed carbon slip. The IWP show a higher amount
of carbon being converted inside the FR and a lower amount inside the
AR when compared to the PFR. This behaviour can be explained by
the feedstocks composition (Table 2), where PFR has a higher amount
of fixed carbon which needs to be converted either in the FR by
gasification through reactions R2 and R1 (see Appendix), or the AR by
reaction R14(see Appendix). As the gasification is kinetically limited,
the amount of char inside the feedstock influences the observed carbon
slip. For bigger units, i.e. demonstration and commercial scale, an even
lower carbon slip is expected, due to a larger reactor size [36]. The
higher residence time in larger units allows for more conversion of
fixed carbon resulting in lower carbon slip for the same FR temper-
atures. Therefore, lower CO2-emissions from the AR are expected in
demonstration and commercial plants.

The observed range of 𝜆𝐹𝑅,𝑒𝑓𝑓 is from nearly zero (DFBG-like con-
ditions) to approx. 0.55 and is always below 𝜆. This can be explained
by the observed conversion of carbon inside the AR. As some oxygen is
used for reaction R14 (see Appendix) not all O2 is available for the re-
oxidation of the OC material through R13(see Appendix). Consequently
the oxygen release inside the FR 𝜆𝐹𝑅,𝑒𝑓𝑓 must be lower than 𝜆 if carbon
slip is present in a system. Moreover, this explains the observed linear
dependency between 𝜆𝐹𝑅,𝑒𝑓𝑓 and 𝑋𝐶,𝐴𝑅 in Fig. 9 and additionally the
fact that higher 𝜆𝐹𝑅,𝑒𝑓𝑓 can correlate with higher 𝜂𝐶𝐺 in some regions.

When more carbon is converted inside the FR and less in the AR, more
syngas can be produced, thus enhancing the cold gas efficiency.

3.3. Production of higher hydrocarbons

The gas analysis equipment in the pilot plant (Table 1) cannot detect
species with more than one carbon atom. However, it is known, that a
significant amount of feedstock energy is converted into the fraction
of hydrocarbons C2H4, C2H6, C3H6, and C3H8 during biomass gasifica-
tion [3,11,17,31]. The production of higher hydrocarbons is analysed
for the balance points via gas sample bags and gas chromatography.
The production of C2-species is by far the most dominant not captured
by the online gas analysis with a total production of approx. 3 vol. − %
and is strongly correlating with the production of CH4 as depicted in
Fig. 10. Moreover, the quantitative value is also in the same range as is
reported in literature for C2-species generated by CLG [13,17,34] and
at the lower end of the range reported for DFBG [2]. It can therefore be
concluded, that CLG produces syngas with a C2 and C3 content slightly
lower than DFBG due to the switch to an active bed material.

The production of gravimetric tar as sampled by tar protocol/CEN
TS 15439 is visualized in Fig. 11 with additional literature data for
steam/O2 and DFBG as reference. The gravimetric tars give an indi-
cation of the generation of species which may cause problems during
down-stream utilization of the produced syngas. It is visible, that
the amount of gravimetric tars reduces with increasing temperature.
There is also a clear difference in the level generated by the different
feedstocks, with the PFR pellets producing a higher amount of gravi-
metric tars than the IWP. However, it is clear from the trend-lines
that the gravimetric tars reduce to very low levels for higher operating
temperatures. Moreover, the amount of gravimetric tar is below the
range reported for steam/oxygen gasification [32] by a factor of 7 to
10 for the same gasification reactor temperature. But even higher tar
loads are observed for steam oxygen gasification [31].4 DFBG exhibits
gravimetric tars in the same range at slightly higher temperatures [37],
but values in the same range as measured in the CLG pilot plant are
reported for DFBG demonstration plants [38].

The difference between the feedstocks is likely caused by the addi-
tion of bark and pine needle in the PFR which is reported to generate
a higher amount of tars when compared to wood pellets [3]. The
feedstock moisture [38] and the amount of steam available during
initial pyrolysis is also reported to have an influence on the generation
of gravimetric tars [11,38,39] where lower steam supply or feedstock
moisture lead to increased tar formation. This is consistent with the
data in Fig. 11, where PFR has lower moisture and produces more
gravimetric tars. Considering the higher feedstock moisture and higher
gasification temperature reported for DFBG [38] when compared to the
data reported here, and the gravimetric tar being in the same region for
temperatures from 770 ◦C upwards, it can be expected that gravimetric
tar production is lower for CLG than for DFBG, once again showing the
benefit of the active bed material.

The tar species measured via gas chromatography are visualized
in Fig. 12 for the balance points. More species were measured but
are either not detected or in very low quantities and are therefore
not depicted here. There is an appreciable amount of Benzene and
Toluene in the produced syngas with some Styrene, Phenol, Benzofu-
ran, and Dibenzofuran. The amount of gas chromatography measured
tars is higher than in smaller units with ilmenite [17] by a factor of
about 2 to 3. Explanations for this difference include the electrical
heating of the smaller units, resulting in a more uniform temperature
distribution inside the FR exceeding the temperatures reported here.
The autothermal pilot plant has overall lower temperature and a less

4 it is not perfectly clear what species are included in ‘‘Heavy Tar’’. As such
the gravimetric tar is probably lower and some gas chromatography tars with
high dew points are included as well.
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Fig. 8. Cold gas efficiency and carbon conversion. Feedstocks: •— IWP/fine ilmenite, ▶— PFR/coarse ilmenite, ★— PFR/fine ilmenite.

Fig. 9. Carbon Conversion. Feedstocks: •— IWP/fine ilmenite, ▶— PFR/coarse ilmenite, ★— PFR/fine ilmenite.

uniform temperature profile with much lower temperature at the point
of fuel feeding, leading to lower temperatures for initial pyrolysis
and char gasification. High temperature is known to be beneficial for
low tar production leading to the observed difference. Additionally,
the steam content might play a role in tar production [11] but the
steam to biomass ratio cannot be freely varied during operation of the
autothermal pilot plant due to hydrodynamic constraints [25,40] and
are higher 0.65 kg kg−1 to 1.15 kg kg−1 than reported for smaller units
0.05 kg kg−1 to 0.9 kg kg−1 (1.5 kW) [17].

Furthermore, the distribution of tars is different than the one re-
ported by Condori et al. [17] for experiments with wood and ilmenite
in a 1.5 kW unit, which features high relative amount of Naphthalene
and low Benzene. It is more similar to the distribution for ilmenite
and wheat straw in a 20 kW unit [13], with high relative amount of
Benzene and Toluene. The difference is most likely caused by the lower
reactor temperature, especially at the feedstock entry point as lower
temperatures favour the production of benzenes over naphthalenes in
biomass gasification [41, p. 4f]. However, there might be additional

effects of scale influencing tar generation as the smallest of the units
compared here generates a different profile of tars.

Compared to similar sized gasification plants using steam/oxygen
gasification [32], higher amounts of Benzene are observed for CLG
but lower amounts of Toluene, Phenol, and Indene. However, the total
amount of gas chromatography tars is roughly the same. For DFBG
plants, the reported gas chromatograph tars reach much higher levels
even though gasifier temperatures are higher [2], showing another
improvement with the active bed material.

Possibilities in further reducing the amount of tars are the increase
of the temperature, the selection of an OC material which results in
lower tar production e.g. steel converter slag (LD-slag) [12], or the
increase of FR inventory and thus bed pressure drop [38]. The first
option is the obvious one, but has the trade-off of lower 𝜂𝐶𝐺. The second
would require the replacement of the bed material and can therefore
not be assessed with the available data, while for the third the data set
is to small to show clear trends. Moreover, it is unclear whether effects
of bed inventory on tar generation observed by [38] are an effect of
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Fig. 10. C2-production. Feedstocks: •— IWP/fine ilmenite, ▶— PFR/coarse ilmenite,
★— PFR/fine ilmenite.

the bed or of feeding location in relation to the bed, which is known to
make a difference [37,42]. Nonetheless, the presence of bed material
above the feedstock entry point seems to play an important role in tar
reduction. When the feedstock is introduced in the lower bed region,
the tars generated from initial pyrolysis have a higher residence time
in the dense zone of the bed and therefore a higher likelihood of being
converted by the bed material.

4. Discussion

Combining the results obtained from the pilot tests of the 1MWth
pilot plant allows to establish various optimization routes and strategies
for further development. However, as with all gasification technologies,
there exists a trade-off between high carbon conversion and syngas
quality (i.e. low tar content) one side and high cold gas efficiency
on the other. The carbon conversion and syngas quality require high
temperature, as was shown in Sections 3.2 and 3.3, while the cold gas
efficiency is necessarily reduced when operating at higher temperature,
as the heat has to be generated from feedstock conversion. However, it
was observed that higher temperatures can lead to an increase of the
cold gas efficiency, in cases where the benefit from the reduction of the
carbon slip from FR towards FR was higher than the required feedstock
conversion for the temperature increase.

Effects of the scale of the experiment, where relative heat losses of
the reactor system are in the range of 12% to 19% [29,43] for the
Balance points, are clearly the low cold gas efficiency and the com-
paratively low temperature. While optimum FR temperature regarding
carbon conversion and gas yield is in the range of 850 ◦C to 900 ◦C for
the CLG process with Fe based OC [6,34,35,44], this temperature could
not be reached during the experiments. However, attaining higher
FR temperatures will not pose an issue in commercial CLG units, as
relative heat losses are significantly reduced due to the better surface-
to-volume ratio. Furthermore, the modular pilot plant has fluidization
medium preheating up to 360 ◦C at the AR and 465 ◦C at the FR, and
the final heating to process temperature occurs inside the reactors.
The required energy for the heat up of all process streams to reactor
temperature is 18% to 28%. However, higher preheating temperatures
are realistically obtainable, especially for the AR, reducing the cooling
effect of the fluidization on the reactor temperature and increasing cold
gas efficiency [23]. Increasing the fluidization medium temperature
at the FR will also increase the temperature of the initial pyrolysis,
therefore reducing the tar production. Moreover, char conversion inside
the FR will be enhanced with the increase of the bed temperature,
resulting in lower carbon slip towards the AR and thus increased syngas

production inside the FR. It can be supposed that the extrapolated FR
temperature for very low carbon slip, as indicated in Fig. 9, is actually
lower. This will also reduce the difference between 𝜆 and 𝜆𝐹𝑅,𝑒𝑓𝑓 as
less oxygen is consumed for the conversion of carbon inside the AR.
Considering these effects, the heat losses, and the energy requirement
for fluidization medium heating, which is combined about 30% to 50%,
the 80% cold gas efficiency obtained from simulation for a 200MW
unit [24] seems plausible.

Further optimization regarding the syngas quality are obtainable for
green field plants by optimizing the feedstock input location in regards
to the bed height and the FR fluidization medium temperature. The
longer the residence time of the pyrolysis gases inside the bed, the
higher the likelihood of conversion with the OC material. However,
placing the feedstock input right at the bottom results in temperatures
during initial pyrolysis close to the fluidization medium temperature.
The increase of the reactor inventory as much as possible without
negatively impacting reactor hydrodynamic is therefore the first option,
and can also be varied during operation. The complete replacement of
bed inventory with a different OC material to enhance tar conversion
is also possible during operation as long as a suitable PSD can be
obtained. Here, changes are possible during operation, but require more
time than the variation of the reactor inventory. Moreover, selection of
bed material should be done to balance multiple requirements [25,45]
and not just one parameter.

The presented data exhibits lower temperatures (700 ◦C to 850 ◦C)
than would be ideal for the process (850 ◦C to 900 ◦C) which results
in estimations and extrapolations to process temperature, which are
not ideal. Moreover, some extrapolations are inevitable, as the modular
pilot plant, the size of the experiment, and the autothermal operation
lead to comparatively low efficiencies. However, the data gives valu-
able insight in the operation range and interdependence of process
parameters, important trends identified and discussed are still valid.
Although quantitative values differ from optimal process range, the
results from autothermal pilot testing indicate the technical feasibility
and the range of expectable KPIs of industrial scale CLG.

5. Conclusion

Based on the presented results from experimental autothermal op-
eration of CLG in the 1MWth scale where more than 100 t of biomass
have been converted in over 400 h of CLG operation, the following
conclusions can be made:

• The possibility of syngas production using autothermal CLG was
demonstrated. Although temperatures were about 100 ◦C below
the range for optimal process performance, caused by the scale
and autothermal operation.

• The analysis of the syngas generated from biogenic feedstocks
showed that CLG produces a high calorific syngas which can be
further processed. The amount of CH4 generated is with 7 vol. − %
to 10 vol. − % in the same range as with other biomass gasification
technologies.

• The obtained cold gas efficiencies of up to 50% is in the same
range as reported for similar sized pilot plants for other gasifi-
cation technologies. It is expected that the cold gas efficiency
reaches up to 80% for commercial CLG units, due to lower relative
heat losses and heat integration.

• The observed carbon slip is dependent on the amount of fixed
carbon of the feedstock and the FR temperature.

• The amount of higher hydrocarbons is lower than for other gasi-
fication technologies. Gravimetric tar productions below 1 g/N
m3 make CLG a prime candidate for the syngas production where
low tar loads are required. Optimization of reactor temperature
and inventory will reduce the amount of tars even further.
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Fig. 11. Gravimetric tar on a dry gas basis. Feedstocks: •— IWP/fine ilmenite, ▶— PFR/coarse ilmenite, ★— PFR/fine ilmenite, Barsiano et al. [32], Broer et al. (‘‘Heavy
Tars’’) [31], Kern et al. [37], Kuba et al. [38].

Fig. 12. Tars as measured by gas chromatography for the Balance points.

• The utilization of the active OC as bed material is advantageous
compared to inert bed material with higher conversion of C2 and
C3 species as well as pyrolysis tars.

• Although no optimization of operation was performed, the results
are comparable or even better than for other gasification tech-
nologies. It is expected, that optimization for either of the KPI
will lead to a superior process performance of CLG.

Therefore, CLG can be considered as an option for the sourcing of
carbon from biomass for either chemical production or synthetic fuels.
Nonetheless, more research is required for optimization of individual
KPI. The effects of reactor inventory and feedstock entry location on
carbon conversion and tar production need to be quantified to be able
to optimize reactor design. Experiments with different OC material
could show improvements for individual KPI, especially a lower tar
production.
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Appendix. Important reactions for the chemical looping gasifica-
tion process

In order to adequately understand the phenomena described in this
study, some underlying fundamental reactions have to be considered.
The feedstock conversion process, from solid to syngas, starts with an
initial pyrolysis and afterwards the following heterogeneous gas–solid
reactions occur during CLG, converting the fixed carbon to the gas
phase:

C + CO2 ←←←←←←←←←←→ 2CO 𝛥𝐻−−172.4 kJmol−1 Boudouard reaction
[R1]

C + H2O ←←←←←←←←←←→ CO + H2 𝛥𝐻−−131.3 kJmol−1 char reforming
[R2]
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C + 2H2 ←←←←←←←←←←→ CH4 𝛥𝐻−−−74.8 kJmol−1 methanation
[R3]

The homogeneous gas phase reactions between pyrolysis gases,
converted fixed carbon, and the gasification agent steam are:

CO + H2O ←←←←←←←←←←→ CO2 + H2 𝛥𝐻−−−41.1 kJmol−1 water gas shif t
[R4]

CH4 + H2O ←←←←←←←←←←→ CO + 3H2 𝛥𝐻−−206.1 kJmol−1 steammethane reforming
[R5]

CH4 + 2H2O ←←←←←←←←←←→ CO2 + 4H2 𝛥𝐻−−165 kJmol−1 steammethane reforming
[R6]

with reaction R6 being the combination of the two reactions R5 and R4.
As only R3 and R4 are exothermic it becomes clear that the gasification
process inside the FR is endothermic. Moreover, the reaction enthalpies
of R5 and R6 show that CH4 decreases with increasing temperature.
The heat required for the FR reactions to occur is provided as sensible
heat by the OC material to the gasification process and the following
heterogeneous gas–OC reactions occurring inside the FR:

Me𝑥 O𝑦 + CH4 ←←←←←←←←←←←←←←←←←→ Me𝑥O𝑦−1 + 2H2 + CO [R7]
4Me𝑥 O𝑦 + CH4 ←←←←←←←←←←←←←←←←←→ 4Me𝑥O𝑦−1 + 2H2O + CO2 [R8]

Me𝑥 O𝑦 + CO ←←←←←←←←←←←←←←←←←→ Me𝑥O𝑦−1 + CO2 [R9]
Me𝑥 O𝑦 + H2 ←←←←←←←←←←←←←←←←←→ Me𝑥O𝑦−1 + H2O [R10]

𝑚Me𝑥 O𝑦 + C𝑚 H𝑛 ←←←←←←←←←←←←←←←←←→ 𝑚Me𝑥 O𝑦−1 + mCO + n∕2 H2O [R11]
2Me𝑥 O𝑦 + C ←←←←←←←←←←←←←←←←←→ 2Me𝑥 O𝑦−1 + CO2 [R12]

The solid–solid reaction R12 between char and OC is less relevant than
the gas–OC reactions R7 to R10 as it is slower [46,47] except for very
high reaction temperatures [48].

The sensible heat provided to the FR by the solid OC material is
generated by the following exothermic reactions inside the AR:

2Me𝑥 O𝑦−1 + O2 ←←←←←←←←←←←←←←←←←→ 2Me𝑥O𝑦 OC (re)oxidation
[R13]

C + O2 ←←←←←←←←←←←←←←←←←→ CO2 𝛥𝐻−−−393.5 kJmol−1 carbon oxidation
[R14]

The reaction enthalpy of the heterogeneous gas–solid oxidation re-
action is dependent on the used OC. For ilmenite it is actually a
combination of the reactions O2 + Fe2TiO5 ←←←←←←←←←←←←←←←←←→ FeTiO3 and O2 +
Fe2O3 ←←←←←←←←←←←←←←←←←→ Fe3O4, with reaction enthalpies being 𝛥𝐻= −454.4 kJmol−1

and 𝛥𝐻= −472 kJmol−1 respectively [27]. Thus, the OC transports
sensible heat and oxygen from the AR to the FR and chemical energy
from the FR to the AR. R14 is caused by the undesired carbon slip from
FR to AR and is favoured above reaction R13. However, in practical
operation of CLG, some amount of the carbon slip is not converted
inside the AR and transported back towards the FR [26].
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