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Abstract: In this study two mathematical models, rate-based and equilibrium-stage models in Aspen
Plus process simulator, were used to simulate the tar absorption processes using soybean oil as a
solvent in a research lab-scale experiment. The matching between simulation results and experimental
data shows a good agreement. The simulation results predicted by the rate-based model show a higher
level of agreement than the equilibrium model compared with the experimental data. Analysis study
of tar absorption process was carried out which revealed the effect of temperature and flow rate on
the soybean oil, and height-packed bed on tar removal efficiency. The methodology of selecting the
optimum (most economical) operation conditions has also been performed in this study.

Keywords: gasification; tar absorption; process simulation; validation study; sensitivity analyses

1. Introduction

Gasification technology makes the biomass a vital source of energy. It converts the biomass
into raw syngas that is a fuel gas mixture consisting primarily of hydrogen, carbon monoxide, tar,
and other gases which are considered contaminants such as hydrogen chloride, carbon dioxide,
hydrogen sulfide. The tar in gasifier may create fouling and soot accumulation in downstream
processes, moreover, tar solubility in the water may generate wastewater difficulties [1]. In literature,
many definitions for tar have been reported. All the definitions seek to present a view about the nature
of the tar. Besides, these definitions are influenced by the gas quality specifications required for a
particular end-use application and how the tar is assembled and analyzed [2]. One of the definitions
of the tar was described by Milne et al. [3] as follows: It is the organics components that are created
under thermal or partial-oxidation process (gasification) and are supposed to be mostly aromatic.
Devi et al. [4] defined the tar as a complex blend of condensable hydrocarbons, which comprises single
to multiple ring aromatic compounds along with other oxygen-containing hydrocarbons and complex
polycyclic aromatic hydrocarbons. The Energy Research Centre of the Netherlands (ECN) considers
that the tar consists of organic molecules, which have a higher molecular weight than benzene (benzene
is not considered to be tar) [5]. According to Unger et al. [6], tar is a mix of the hydrocarbons that can
form liquid or highly viscous to solid accumulation by dropping the temperature of the gaseous phase
down to ambient temperature; it consists of carbon, hydrogen, and other organic linked elements
such as oxygen (O), nitrogen (N), or sulfur (S). The tar can be classified based on different criteria.
Li et al. [7] listed tar into five classes: GC-undetectable, heterocyclic aromatics, light aromatic (one
ring), light PAH compounds (two to three rings), and heavy PAH compounds (four to seven rings).

Several studies [3,8–10] published that the tar can also be classified into primary, secondary,
and tertiary tar. Wolfesberger et al. [10] described how the tar components are created and what is
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the effect of temperature on the nature of the formed tar components. The primary tar components
begin to appear during the pyrolysis process, the complex polymers that make the main parts of
biomass (cellulose, hemicellulose and lignin) are broken down from cellulose and hemicellulose,
tar components like alcohols, ketones, aldehydes, or carbon acids are formed, whereas bi-and
trifunctional monoaromatics mostly substituted phenols are derived from lignin [10]. By growing
temperature and attendance of an oxidant, a portion of the cellulose-contributed primary tars convert
to small gaseous molecules, the remaining primary tar creates secondary tar, examples for secondary
tar components are like alkylated mono- and diaromatics including heteroaromatics such as pyridine,
furan, dioxin, and thiophene [10]. At a temperature above 800 ◦C, components such as benzene,
naphthalene, phenanthrene, pyrene, and benzopyrene (polynuclear aromatic hydrocarbons (PAH)) are
created; these components form the tertiary tars components [10].

1.1. Tar Treatments

The methods of tar removal can be categorized into primary and secondary measures based on the
place where tar is removed [11]. With the primary methods, the tar is removed by applying processes
such as thermal or catalytic cracking in the gasifier itself, while the secondary methods, the tar is
separated outside the gasifier [2]. Although the primary methods have some disadvantages such as the
complex construction of the gasifier and the limited flexibility of feedstock, it promises high tar removal
efficiency by promoting this technology with time [2]. However, Figure 1 shows that a combination of
both methods can only achieve high tar removal efficiency. Currently, secondary methods are fitting
for tar separation from the produced syngas because of their low cost and simple measures [12].
Wet scrubbing process is one of the secondary methods, which applied an absorber to exclude the tar.
The absorber can be a plate or packed column. It is recommended to use the packed absorber because
of its high capacity [13].
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Furthermore, the packed absorber can operate with lower overall pressure drops than the tray
columns [14]. The packed absorber materials are categorized into random or structured packing.
The modern random packings had a different wide range of geometries and shapes and are made from
ceramic, metal, or plastics. The structured packings are ideal for lower pressures (i.e., less than 2 bar)
and lower liquid rates (i.e., less than 50 m3/m2

·h) [14].
A suitable solvent must be appropriately selected for the absorption process since the solvent

type has a significant influence on equipment sizing and operating costs [15]. Phuphuakrat et al. [16]
summarized that the absorption process should concentrate on separating the components of the
tar that cause the fouling problem. These components as per tar classification of Bergman et al. [17]
are heterocyclic compounds, light polycyclic aromatic hydrocarbons such as naphthalene, and the
heavier hydrocarbons that condensate easily. According to Phuphuakrat et al. [16], light aromatic
hydrocarbon tares (one ring aromatic hydrocarbon) are not the reason for blocking and fouling
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problems, they studied some scrubbing liquids such as diesel fuel, vegetable oil, engine oil, and water
as a solvent to remove the tar. The removal efficiencies by using these solvents are shown in Table 1.

Table 1. Absorption efficiencies of tar components by different solvents (%) [16].

Absorbent Water Diesel Fuel Biodiesel Fuel Vegetable Oil Engine Oil

Benzene 24.1 77.0 86.1 77.6 61.7

Toluene 22.5 63.2 94.7 91.1 82.3

Xylene 22.1 −730.1 97.8 96.4 90.7

Styrene 23.5 57.7 98.1 97.1 91.1

Phenol 92.8 −111.1 99.9 99.7 97.7

Indene 28.2 97.9 97.2 97.6 88.7

Naphthalene 38.9 97.4 90.3 93.5 76.2

From Table 1, it can be observed that diesel fuel is the most effective solvent used to remove
naphthalene. However, diesel is considered an uneconomic solvent because of its simple evaporation,
which raises the losses of the solvent [16]. The vegetable oil has proven to be efficient to separate
naphthalene [12]. The water has comparatively high removal efficiency for phenol because the phenol is
a hydrophilic component and it can lose H+ (ion) from a hydroxyl group, whereas the other components
are nonpolar substances [12]. Applying water as a solvent to remove the tar achieves removal efficiency
of about 31.8%, however water is not as effective solvent since the tar has a low solubility in water and
the separation of the tar from the water is difficult and expensive [12]. Phuphuakrat et al. [16] placed
the efficiency of the solvent as: vegetable oil > engine oil > water > diesel fuel. Paethanom et al. [18]
published the tar removal efficiency of vegetable oil as 89.8% and cooking oil as 81.4%. Bhoi [19]
investigated the effect of two kinds of vegetable oils, namely soybean and canola oil to separate the tar.
The author summarized that there is no significant difference between the soybean and canola oils for
all the conditions of absorbent like temperatures and volumetric flow rates. Ozturk et al. [20] analyzed
the relationship between the operating time and removal efficiency of some oily solvents like benzene
and toluene. They concluded that the removal efficiency declines with time because of increasing the
tar concentration in the absorbent.

1.2. Modelling Approaches for the Packed Column Used for Absorption Processes

Mathematical models contribute to a better understanding of the process and play an essential role
in enhancing plant efficiency. A recent literature review tells that there are several studies concerning
modelling the absorption process. These studies are based on two standard models: the equilibrium
model and the rate-based model. The equilibrium-stage model is developed by Mofarahi et al. [21],
whereas the rate-based model depends on the early work published by Pandya [22], who presented a
model for rate-based CO2 absorption. Recently the rate-based model and equilibrium model of CO2

capture with Amin solvent in a packed column have been investigated by several authors. Many
studies [23–25] applied the rate-based model for studying CO2 absorption. Afkhamipour et al. [26]
compared the rate-based and equilibrium models for CO2 capturing with AMP solution in a packed
column. Bhoi [19] employed equilibrium model to explain the experimental data for absorption tar by
vegetable oil. The author tested two vegetable oils as absolvents namely soybean oil and canola oil.

To the best of our knowledge, few studies have been published regarding the modelling of
tar absorption with vegetable oil in a packed column. Most of these studies have concentrated on
modelling absorption process for CO2 capture, while the modelling of the tar absorption process is
rarely presented. The objectives of this study are as follows:

Assembling a property package for tar-soybean oil and build a rate-based model as well as
equilibrium model by applied Aspen Plus software for simulation of tar absorption using soybean oil
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as a solvent. Aspen Plus software is used because of its extensive property databanks and rigorous
equation solvers.

Validation of both the mathematical models (rate-based and equilibrium stage) against
experimental data is carried out at different operation points. The experimental data reported
by Bhoi [19] is used for validation of the models.

The accuracy of the results predicted by the two mathematical models (rate-based and equilibrium
stage) is compared with the experimental data.

Analysis of tar absorption process is essential to study the process parameters on tar removal
efficiencies such as the solvent temperature, flow rate of solvent, and height packed bed.

This study presents a methodology for selecting the optimum (most economical)
operating conditions.

This work is a contribution to the knowledge available for modelling studies for tar absorption
using vegetable oil as a solvent in the wet packed column.

2. Description of the Experiment

The experimental research accomplished by Bhoi [19] was used as a tar removal unit, illustrated in
Figure 2. From Figure 2 the pilot plant comprises two major sections, namely the gas mixing section
and an absorption column, the gas mixing section consists of a sequence of instruments, which have
different functions. The gas mixing section prepares a simulated gas from air and tar with a specific
temperature, pressure, and volumetric flow rate [19]. The air as tar holder is heated to 350 ◦C to
make sure that when the tar injected into the heated air, the liquid tar components are evaporated
immediately and carried by the air stream [19]. The wet packed bed scrubbing system consists of
a stainless steel column, water bath heater to heat the solvent soybean oil or canola to a specific
temperature, and a peristaltic pump to recycle the solvent to the absorption column [19]. The designed
internal diameter of the column is 50 mm, and the height of the column is 150 cm [19]. The selected
packing materials were from kind metal Raschig rings with size 6-mm, a metal material to provide
better strength and wettability compared to ceramic and plastic packings [19]. Raschig rings used
in the experiment are of size (diameter × length × thickness) 6 × 6 × 0.3 mm respectively, density is
900 kg/m3, the specific surface area is 900 m2/m3, packing factor is 2297 1/m, and the void fraction is
89% [19].
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2.1. Mathematical Models of the Packed Column Used for Tar Absorption Processes

Modelling packed column aims to predict the overall performance of the packed column. The gas
with a temperature TV,in, flow rate

.
NV and mole fraction yi,in for the component i enters the bottom of

the packed column, and it exit with temperature TV,out, mass flow rate
.

NV , and mole fraction yi, out for
the component i. The liquid with temperature TL,in, flow rate

.
NL mole fraction xi,in for the component i

enters the top of the packed column, (countercurrent flow), and it exit with temperature TL,out, flow rate
.

NL, and mole fraction xi, out for the component i. Basically, two common models are used for calculating
the absorption process parameters: the equilibrium model and the rate-based model [26].

2.2. Equilibrium Model

The equilibrium model based on the assumption of each plate in the absorption column is
considered as a theoretical plate (equilibrium plate) which means that the vapor and the liquid leave
any plate at thermodynamic equilibrium [19]. According to Seader et al. [28], the main assumptions of
equilibrium model are as follows:

• Phase equilibrium is presented at each stage;
• There are no chemical reactions between the components of vapor and liquid;
• Entrainment of liquid drops in vapor and occlusion of vapor bubbles in the liquid is negligible.

In practice, this equilibrium takes place only at the interfaces between the vapor and liquid phases,
so the efficiencies such as point and Murphree efficiencies are used in equilibrium model to account
deviations from real equilibrium state [26]. For modelling the whole packed column, the packed bed
is divided into stags (equilibrium stage). Figure 3 illustrates the typical entry and exit parameters
of equilibrium plate stage. The equilibrium model of absorption process consists of well-known
and accepted correlations called MESH equations that include the equations of component material
balance, the equations of phase equilibrium, summation equations, and energy balance for each stage
as following [21,28,29]:
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Overall mass balance for stage j:

L j−1 − L j −V j + V j+1 = 0 (1)

Component mass balance for stage j:

L j−1xi, j−1 − L jxi, j −V jyi, j + V j+1yi, j+1 = 0 (2)
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Energy balance equations for stage j:

L j−1HL
j−1 − L jHL

j −V jHV
j + V j+1HV

j+1 = 0 (3)

Phase equilibrium
yi −Kixi = 0 (4)

Summation equations ∑
yi = 1 (5)∑
xi = 1 (6)

where L, V are the molar flow rate of liquid and vapor respectively, K is equilibrium ratio, H is enthalpy,
xi, yi are the mole fractions of component i in liquid and vapor phases respectively.

2.3. Rate-Based Model Description

The rate-based model consists of a set of well-accepted equations, which are modelled to calculate
the mass and energy transfer across the interface using rate equation and mass transfer coefficients [26].
For the calculation of the mass transfer coefficient and interfacial area, the correlation by Billet and
Schultes [30] can be applied.

2.4. Assumptions and Mathematical Model for Rate-Based Model

Assumptions for the rate-based approach according to Afkhamipour et al. [26] are summarized
below:

• The reaction is quick and occurs in the liquid film;
• The absorption column is supposed to be adiabatic;
• The interfacial surface area is identical for both heat and mass transfer;
• The liquid-side heat transfer resistance is small compared to the gas phase, and the interface

temperature is, therefore, identical as the bulk temperature;
• The type of flow is plug flow, and concentration and temperature change in the radial direction

is negligible;
• Both liquid and gas phases are formally discussed as ideal mixtures

2.5. Material and Energy Balances

For easy and accurate calculations, the packed-bed column with a height of Z is divided into some
stages. Figure 4 shows a stage j of the column, which represents a differential height of the column
(j refers to the stage number, where i refers to the compounds). The material and energy balances
around stage j are performed by using the MERSHQ equations (Equations of Material, Energy balances,
Rate of mass and heat transfer, Summation of composition, the hydraulic equation of pressure drop,
and equilibrium relation) presented by Taylor et al. [31] as the following:
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Material balance for bulk liquid:

FL
j xF

i, j + L j−1xi, j−1 + NL
i, j + rL

i, j − L jxi j = 0 (7)

Material balance for bulk vapor:

FV
j yF

i, j + V j+1yi, j+1 + NV
i, j + rV

i, j −V jyi, j = 0 (8)

Material balance for liquid film:

NI
i, j + r f L

i, j −NL
i, j = 0 (9)

Material balance for vapor film:

NV
i, j + r f V

i, j −NI
i, j = 0 (10)

Energy balance for bulk liquid:

FL
j HFL

j + L j−1HL
j−1 + QL

j + qL
j − L jHL

j = 0 (11)

Energy balance for bulk vapor:

FV
j HFV

j + V j+1HV
j+1 + QV

j − qV
j −V jHV

j = 0 (12)

Energy balance for the liquid film
qI

j − qL
j = 0 (13)
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Energy balance for vapor film:
qV

j − qI
j = 0 (14)

Phase equilibrium at the interface:

yI
i, j −Ki, jxI

i,J = 0 (15)

Summations:
n∑

i=1

xi, j − 1 = 0 (16)

n∑
i=1

yi, j − 1 = 0 (17)

n∑
i=1

xI
i, j − 1 = 0 (18)

n∑
i=1

yI
i, j − 1 = 0 (19)

where F is the molar flow rate of feed. L, V are the molar flow rates of liquid and vapor respectively,
N molar transfer rate, K is equilibrium ratio, r is reaction rate, H is enthalpy, Q is heat input to a stage,
q is heat transfer rate, xi , yi are the mole fraction of component i in liquid and vapor phases respectively.

2.6. Mass Transfer through the Interfacial Area

The rate-based model is based on the two-film theory that describes the mass transfer between
gas and liquid [26]. The film theory is based on the assumption that when two fluid phases are
coming in contact with each other, a thin layer of stagnant fluid exists on each side of the interface [32].
From Figure 5, the partial pressure of component i drops from Pi at gas bulk to PI

i at the interface [32,33].

This pressure difference creates a driving force
(
Pi − PI

i

)
for component i to transfer it from the gas

bulk to gas film and then from the gas film to liquid film [33]. The accumulation of the component
i at the liquid film creates a concentration difference between the liquid film and the liquid bulk.
Similarly, this concentration difference creates a driving force

(
CI

i −Ci
)

for component i to transfer from
the liquid film to the liquid bulk [32,33]. The molar flux N of component A from the bulk of one phase
to the interface is written as below [33]:

N = k∆c (20)

where N is the molar flux of the component (moles per unit area per unit time) and ∆c is the driving
force for mass transfer between the bulk and the interface. Consequently, Equation (11) can be written
for phase and liquid phase [33] as:

NA,G = KG
(
Pi − PI

i

)
(21)

NA,L = KL
(
CI

i −Ci
)

(22)
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At steady state, the flux of i from bulk gas to the interface must be equal to the flux of i from the
interface to the bulk liquid [33]:

N = NL,i = NG,i (23)

N = KG
(
Pi − PI

i

)
= KL

(
CI

i −Ci
)

(24)

KG and KL are two different overall mass transfer coefficients (with different units). If equilibrium
conditions exist at the interface, the overall mass transfer coefficient can be calculated as follows [35]:

1
KG

=
1

kG
+

H
EkL

(25)

where H is Henry’s law constant, E is the enhancement factor. kG and kL are the mass transfer coefficients
without reaction in the gas and liquid phase. The mass transfer coefficients and the wetted interfacial
area for mass and heat transfer were calculated according to the correlations proposed by several
studies [30,35,36] as following:

kL,iae f f = CL

( g
vL

)1/6
(

DL,i

dh

)1/2

a2/3U1/3
L

(ae f f

a

)
(26)

kG,iae f f = CG(ε− hL)
−1/2

(
a3

dh

)1/2

DG,i

(
UG
aνG

)3/4( vG
DG,i

)1/3(ae f f

a

)
(27)

ae f f

a
= 1.5 (adh)

−0.5
(

ULdh
vL

)−0.2U2
LρLdh

σ

0.75 U2
L

gdh

−0.45

(28)

dh = 4
ε
a

(29)

where kL.i and kG,i and are the mass transfer coefficients of component i in the liquid and gas phase
respectively, ae f f is the effective interfacial area per unit packed volume, a is the total surface area per
unit packed volume, CG and CL are the gas and liquid and transfer coefficient parameter respectively;
characteristic of the shape and structure of the packing, g is gravitational constant, vL and νG are
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kinematic viscosity of the liquid and gas phase respectively, DL,i and DG,i are diffusivity of component i
in the liquid and gas phase respectively, dh is hydraulic diameter of the dumped packing, ρL is density
of liquid, UL and UG are velocity of liquid and gas phase respectively with reference to free column
cross section, ε is void fraction of the packing, hLa is column liquid holdup, σ is liquid surface tension.

Theoretical liquid holdup correlation of Billet and Schultes [30] is given below:

hL =

(
12
g

vLULa2
)1/3

(30)

2.7. Heat Transfer through the Interfacial Area

In order to determine the heat transfer through the interfacial area, the Chilton-Colburn-Analogy
is used [35]. The expressions for the analogy are taken from many studies [35,37]. These expressions
lead to a heat transfer coefficient h as [35]:

h = kG

ρG
(
cp/Mw,L

)
λ2

D2


1/3

(31)

where kG is mass transfer coefficient, ρG is the density of the gas, cp is specific molar heat capacity,
Mw,L is molecular weight of the liquid phase, λ is Thermal conductivity, D is the diffusion coefficient.

2.8. Thermodynamics Approaches for Prediction of Phase Behavior

The accuracy of equilibrium and rate-based models depend on the accurate prediction of the
phase behavior properties of chemical species and their mixtures [19]. There are two conventional
approaches for the prediction of phase behavior: approach (ϕ,ϕ) and approach (ϕ/γ) [38]. By approach
(ϕ,ϕ), the fugacity coefficient ϕ. is applied for predicting the non-ideal behavior of both vapor and
liquid phases [19]. The fugacity coefficient is calculated at the equilibrium condition according to
Gebreyohannes et al. [38] as below:

f V
i = f L

i (32)

f V
i = ϕV

i yiP (33)

f L
i = ϕL

i xiP (34)

lnϕa
i = −

1
RT

∫ Va

∞

( ∂p
∂ni

)
T,V,ni, j

−
RT
V

dV − lnZa
m (35)

where f L
i and f V

i are Fugacity of component i in the liquid and gas phase respectively, ϕL
i and ϕV

i are
Fugacity coefficient of the component i in liquid and gas phase respectively, P is pressure, xi and yi
mole fraction of the f component i in liquid and gas phase respectively, ϕa

i is Fugacity coefficient of the
component i where a refer to liquid or gas phase, V is total volume, R is Gas constant it has the value
0.08314

[
L bar K−1

]
, T is temperature, ni is mole number of component i, Za

m Compression factor.
The approach (ϕ/γ) uses the fugacity coefficients (ϕ) and the activity coefficients (γ) to account

the non-ideal behavior of vapor and liquid phase. The equations related to (ϕ/γ) approach are listed as
below [38]:

f V
i = f L

i (36)

f V
i = ϕV

i yiP (37)

f L
i = xiγi f ∗,Ii (38)
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where f ∗, I
i is liquid fugacity of pure component i at mixture temperature, γi is the liquid activity

coefficient of component i. While ϕV
i is calculated according to Equation (26), the activity coefficients

can be calculated from non-random two liquid model (NRTL) as below [39]:

lnγi =

∑n
j=1 x jτ jiG ji∑n

k=1 xkGki
+

n∑
j=1

x jGi j∑n
k=1 xkGkj

τi j −

∑n
m=1 xmτmjGmj∑n

k=1 xkGkj

 (39)

Gi j = exp
(
−ai jτi j

)
(40)

τi j = ai j +
bi j

T
+ ei jlnT + fi jT (41)

ai j = ci j + di j(T − 273.315K) (42)

Here, ai j is NRTL non-randomness constant for binary interaction, ai j, bi j, ci j, di j, ei j, and fi j are
binary parameters. The ASPEN PLUS physical property system has extensive property databanks for
binary parameters for the model.

2.9. Model Specification

For simulating the packed bed absorber, the RateFrac model is adopted. The model flowsheet
generated in ASPEN PLUS is shown in Figure 6. In the RateFrac model, the NRTL method is used.
The flow model is countercurrent. The packed column height is divided into ten stages. The mass
transfer coefficients and the wetted interfacial area for mass and heat transfer were calculated according
to the empirical correlation of Billet and Schultes [30] with the constants CL = 2.4 and CV = 0.8 [36].
The heat transfer coefficient is estimated by Chilton–Colburn method [40]. Other relevant parameters
are obtained by the default correlations of RateFrac [41] (see Tables 2–4). The soybean oil used as
a solvent is a blend of acids (see Table 5). The tar was considered as a mixer of benzene, toluene,
and ethylbenzene. The air participates in the process as tar holder—the water is used as the cooling
liquid to adjust the temperature of the gas inlet to fit in the experimental data.
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Table 2. Binary diffusion coefficients (cm2/s) used in Aspen PLUS at conditions of an experiment of 30 ◦C, flow rates 53 mL/min, and at a bed height of 0.5 m.

Component N-HEXADECANOIC
-ACID

STEARIC
-ACID OLEIC-ACID LINOLEIC

-ACID
LINOLENIC

-ACID BENZENE TOLUENE ETHYLBENZENE AIR

N-HEXADECANOIC
-ACID 0 4.31171 × 107 4.68659 × 107 4.64699 × 107 4.49859 × 107 1.06954 × 106 9.4904 × 107 8.58892 × 107 2.02164 × 106

STEARIC-ACID 4.31171 × 107 0 4.38352 × 107 4.38287 × 107 4.40934 × 107 1.10896 × 106 9.96534 × 107 9.036 × 107 2.07824 × 106

OLEIC-ACID 4.68659 × 107 4.38352 × 107 0 4.55134 × 107 4.54058 × 107 1.12982 × 106 9.97283 × 107 9.01854 × 107 2.14434 × 106

LINOLEIC-ACID 4.64699 × 107 4.38287 × 107 4.55134 × 107 0 4.53858 × 107 1.12457 × 106 9.93516 × 107 8.98562 × 107 2.13301 × 106

LINOLENIC-ACID 4.49859 × 107 4.40934 × 107 4.54058 × 107 4.53858 × 107 0 1.11272 × 106 9.88611 × 107 8.94878 × 107 2.10185 × 106

BENZENE 1.06954 × 106 1.10896 × 106 1.12982 × 106 1.12457 × 106 1.11272 × 106 0 5.44604 × 107 4.90094 × 107 6.55351 × 107

TOLUENE 9.4904 × 107 9.96534 × 107 9.97283 × 107 9.93516 × 107 9.88611 × 107 5.44604 × 107 0 5.42316 × 107 4.14606 × 107

ETHYLBENZENE 8.58892 × 107 9.036 × 107 9.01854 × 107 8.98562 × 107 8.94878 × 107 4.90094 × 107 5.42316 × 107 0 3.32784 × 107

AIR 2.02164 × 106 2.07824 × 106 2.14434 × 106 2.13301 × 106 2.10185 × 106 6.55351 × 107 4.14606 × 107 3.32784 × 107 0

Table 3. Overall binary mass transfer coefficients (kmol/s) used in Aspen PLUS at conditions of an experiment of 30 ◦C, flow rates 53 mL/min, and at a bed height of
0.5 m.

Component N-HEXADECANOIC
-ACID

STEARIC
-ACID OLEIC-ACID LINOLEIC

-ACID
LINOLENIC

-ACID BENZENE TOLUENE ETHYLBENZENE AIR

N-HEXADECANOIC
-ACID 0 4.9358 × 107 5.1459 × 107 5.12412 × 107 5.04163 × 107 7.77376 × 107 7.32277 × 107 6.9663 × 107 1.06877 × 106

STEARIC-ACID 4.9358 × 107 0 4.97674 × 107 4.97636 × 107 4.99137 × 107 7.91572 × 107 7.50376 × 107 7.14531 × 107 1.08363 × 106

OLEIC-ACID 5.1459 × 107 4.97674 × 107 0 5.0711 × 107 5.06511 × 107 7.98982 × 107 7.50658 × 107 7.13841 × 107 1.10073 × 106

LINOLEIC-ACID 5.12412 × 107 4.97636 × 107 5.0711 × 107 0 5.06399 × 107 7.97126 × 107 7.49239 × 107 7.12536 × 107 1.09782 × 106

LINOLENIC-ACID 5.04163 × 107 4.99137 × 107 5.06511 × 107 5.06399 × 107 0 7.92915 × 107 7.47387 × 107 7.11074 × 107 1.08977 × 106

BENZENE 7.77376 × 107 7.91572 × 107 7.98982 × 107 7.97126 × 107 7.92915 × 107 0 5.54719 × 107 5.26227 × 107 6.08513 × 107

TOLUENE 7.32277 × 107 7.50376 × 107 7.50658 × 107 7.49239 × 107 7.47387 × 107 5.54719 × 107 0 5.53553 × 107 4.84006 × 107

ETHYLBENZENE 6.9663 × 107 7.14531 × 107 7.13841 × 107 7.12536 × 107 7.11074 × 107 5.26227 × 107 5.53553 × 107 0 4.33625 × 107

AIR 1.06877 × 106 1.08363 × 106 1.10073 × 106 1.09782 × 106 1.08977 × 106 6.08513 × 107 4.84006 × 107 4.33625 × 107 0
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Table 4. Heat transfer coefficients (Watt/m2 K) used in Aspen PLUS at conditions of an experiment of
30 ◦C, flow rates 53 mL/min, and at a bed height of 0.5 m.

Heat Transfer Coefficients for Liquid (Watt/m2 K) Heat Transfer Coefficients for Vapor (Watt/m2 K)

4512.399 48.685

Table 5. The composition of soybean oil [27].

Acids Soybean Oil

Palmitic acid (16:0) 9%

Steric acid (18:0) 4.4%

Oleic acid (18:1) 26.4%

Linoleic acid (18:2) 51.6%

Linolenic acid (18:3) 6.8%

3. Results and Discussion

3.1. Model Validation

In this phase of simulation, the experimental data of the first minute reported by Bhoi [19] is used.
The tar model used in this study was a mixture of compounds benzene, toluene, and ethylbenzene
with mass fractions: 50% benzene, 30% toluene, and 20% ethylbenzene. The mass fraction values of
these materials were selected because they are almost the mass fraction values of the tar compounds
collected and measured from a fluidized bed gasifier [42]. The studied solvent temperatures for this
experiment are 30, 40, and 50 ◦C. The studied solvent flow rates are 53, 63 and 73 mL/min. The studied
heights of the packed bed are 0.5, 0.8, and 1.1 m. The pressure of both solvent and gas stream is 20 psig.
The simulation results are presented in terms of removal efficiencies of tar compounds and reported as
a function of operating parameters, i.e., the solvent temperature, the solvent mass flow rate, and the
packed bed height.

Tar removal efficiency (η) was calculated using the following equation [19]:

η =
Cin −Cout

Cin
(43)

where Cin is cona centration of tar compounds (benzene, toluene, and ethylbenzene) at the inlet of the
column [ppmv], Cout is concentration of the tar compounds (benzene, toluene and ethylbenzene) at the
outlet of the column [ppmv].

From the simulation, Figures 7–9 show a comparison between the experimental data and the
results predicted by both rate-based and equilibrium-stage models. Profiles in these figures show
how the removal efficiencies of tar components change by changing the critical target parameters:
solvent temperature, the flow rate of solvent (soybean oil), and the packing bed height. As shown in
the figures, the prediction results of the removal efficiencies of tar components for both rate-based
model and the equilibrium model are high compared to the experimental data, but the results obtained
from the rate-based model have a better prediction for experimental data in comparison with the
equilibrium-stage model. For assessing the accuracy of the models, MAPE (the mean absolute
percentage error) is calculated between the values calculated using the models and those obtained
from empirical measurements. The values of MAPE are shown in the Tables 6–8.
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Table 6. MAPE between the values calculated using the models (rate-based (RB) and equilibrium-stage
(EQ)) and those obtained from empirical measurement at a bed height of 0.5 m.

MAPE at Flow Rates of 53 mL/min, and Bed Height of 0.5 m

Benzene Toluene Ethylbenzene

Temperatures ◦C RB EQ RB EQ RB EQ

30 ◦C 1.0% 6.7% 0.1% 4.2% 1.9% 1.9%

40 ◦C 2.4% 8.7% 0.1% 5.5% 1.6% 3.0%

50 ◦C 6.2% 4.3% 1.0% 6.3% 1.6% 3.8%

MAPE at flow rates of 63 mL/min, and bed height of 0.5 m

Temperatures ◦C RB EQ RB EQ RB EQ

30 ◦C 0.7% 4.7% 0.2% 3.0% 1.6% 1.3%

40 ◦C 1.3% 7.1% 0.1% 4.1% 1.5% 2.0%

50 ◦C 2.9% 14.6% 2.5% 8.3% 0.2% 4.6%

MAPE at flow rates of 73 mL/min, and bed height of 0.5m

Temperatures ◦C RB EQ RB EQ RB EQ

30 ◦C 0.1% 4.2% 0.9% 3.4% 1.0% 1.3%

40 ◦C 2.0% 8.4% 1.0% 4.3% 1.1% 1.8%

50 ◦C 1.4% 11.1% 1.5 5 6.0% 0.0% 3.5%

Table 7. MAPE between the values calculated using the models (RB and EQ) and those obtained from
empirical measurement at a bed height of 0.8 m.

MAPE at Flow Rates of 53 mL/min, and Bed Height of 0.8 m

Benzene Toluene Ethylbenzene

Temperatures ◦C RB EQ RB EQ RB EQ

30 ◦C 0.9% 1.8% 2.9% 3.8% 1.2% 2.0%

40 ◦C 1.5% 3.9% 3.5% 5.0% 2.0% 3.1%

50 ◦C 6.3% 0.8% 3.5% 6.2% 2.8% 4.3%

MAPE at flow rates of 63 mL/min, and bed height of 0.8 m

Temperatures ◦C RB EQ RB EQ RB EQ

30 ◦C 0.4% 1.1% 2.4% 3.0% 0.8% 1.3%

40 ◦C 1.0% 4.5% 3.1% 4.1% 2.1% 2.9%

50 ◦C 1.4% 4.4% 6.6% 8.3% 2.8% 3.8%

MAPE at flow rates of 73 mL/min, and bed height of 0.8 m

Temperatures ◦C RB EQ RB EQ RB EQ

30 ◦C 0.9% 1.8% 3.4% 3.8% 1.7% 2.0%

40 ◦C 3.5% 5.8% 4.9% 5.6% 2.6% 3.1%

50 ◦C 1.3% 5.9% 4.5% 5.6% 3.1% 3.8%
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Table 8. MAPE between the values calculated using the models (RB and EQ) and those obtained from
empirical measurement at a bed height of 1.1 m.

MAPE at Flow Rates of 53 mL/min, and a 0.5 Bed Height of 1.1 m

Benzene Toluene Ethylbenzene

Temperatures ◦C RB EQ RB EQ RB EQ

30 ◦C 0.0% 1.0% 3.0% 3.2% 1.3% 1.4%

40 ◦C 1.4% 1.3% 3.3% 3.7% 1.5% 1.7%

50 ◦C 5.5% 2.6% 5.1% 6.0% 4.2% 4.6%

MAPE at flow rates of 63 mL/min, and bed height of 1.1 m

Temperatures ◦C RB EQ RB EQ RB EQ

30 ◦C 0.7% 1.1% 3.4% 3.5% 2.1% 2.1%

40 ◦C 1.8% 3.2% 4.7% 4.9% 2.7% 2.9%

50 ◦C 0.9% 2.2% 5.9% 6.4% 4.6% 4.8%

MAPE at flow rates of 73 mL/min, and bed height of 1.1 m

Temperatures ◦C RB EQ RB EQ RB EQ

30 ◦C 1.4% 1.6% 4.0% 4.1% 2.1% 2.1%

40 ◦C 2.3% 3.1% 4.9% 5.0% 3.2% 3.3%

50 ◦C 0.5% 1.7% 3.8% 4.1% 2.2% 2.4%
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The deviation of results between the equilibrium model and the experimental data is because
the equilibrium model assumes that the vapor and liquid left on the plates are in thermodynamic
equilibrium [19]. In actual operation, the equilibrium between the gas and liquid phases is rare [29].
Although the rate-based model shows a good agreement with experimental data, there is a deviation.
It may be explained because of the rate-based model based on the empirical correlations used for
calculating the mass and heat transfer parameters [26]. It is clear that the deviation of results between
the rate-based model and the experimental data increased by increasing the bed height. The explanation
for this trend is that by increasing the packing bed height, the conditions will be close to the equilibrium
state; this explains why the excellent agreement between the rate-based model and the equilibrium
model increased by increasing the bed height. As a whole, the simulation results predicted by
rate-based model are in the range of the experimental results.

3.2. Analysis of Tar Absorption Process

3.2.1. Effect of Solvent Temperature

Figures 7–9, show the effect of the temperature of soybean oil solvent on the removal efficiency
of tar components at bed heights 0.5, 0.8, and 1.1 m, and solvent flow rate of 53 mL/min (above),
63 mL/min (middle), 73 mL/min (below). It is clear from the figures that the increase in solvent
temperature has a significant effect on the removal efficiencies. The removal efficiency decreases with
increasing the temperature from 30 to 50 ◦C. The principal reason for this effect is that by increasing
the solvent temperature, the solubility of tar compounds decreased, hence increasing the equilibrium
ratio (K-value) [19].

On the other hand, increasing the solvent temperature leads to increasing the wettability of the
solvent due to the decreased viscosity, as a result, the mass transfer and removal efficiency increase [19].
The effect of decreasing the solubility is more significant than increasing the wettability on decreasing
the removal efficiency, so the removal efficiency is reduced by increasing the solvent temperature.
The trend of this effect is similar for all the tar components, but the change rates (decreasing rates) of
removal efficiency are different from component to component. The change rate for benzene is higher
than toluene and ethylbenzene, for example at operating conditions of the volumetric flow rate of
53mL/min and a bed height of 0.5 m. Here, the removal efficiency decreased for benzene by about 8%
by increasing the temperature from 30 to 50 ◦C, i.e., the change rate of removal efficiency for benzene is
0.4%/◦C. Whereas the change rate value is 0.14%/◦C for toluene and 0.08%/◦C for ethylbenzene. It is
also observed that the effect of increasing the soybean oil solvent temperature on the change rates
of removal efficiency is influenced by the increase of the solvent volumetric flow rate. Increasing
the volumetric flow rate of the soybean oil leads to a change rate decrease of the removal efficiency.
For benzene at bed height of 0.5 as an example, the change rate of the removal efficiency at volumetric
flow rate of 53 mL/min is 0.4%/◦C and decreases to value 0.33%/◦C at volumetric flow rate of 63 mL/min
and it continues decreasing to a value of 0.27%/◦C at 73 mL/min.

Furthermore, increasing the bed height influences the change rate of the removal efficiency.
By increasing the temperature, the change rate of the removal efficiency decreases by increasing the
bed height. This trend is shown in toluene and ethylbenzene for example at a volumetric flow rate of
53 mL/min. Here, the change rate of removal efficiency for toluene at a bed height of 0.5 m is 0.14%/◦C,
and it decreases to value 0.077%/◦C at a bed height of 0.8 m, and it continues decreasing to a value
0.034%/◦C at a bed height of 1.1 m.

3.2.2. Effect of Bed Height and Solvent Volumetric Flow Rate

Figure 10 shows the effect of solvent volumetric flow on the removal tar efficiency. It is evident
that an increase in the solvent volumetric flow rate has a significant effect on the removal efficiency.
The removal efficiency is dramatically enhanced when the solvent volumetric flow rate is increased.
The reason is that by increasing the solvent volumetric flow rate, the mass transfer rates of tar
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compounds increase, resulting in higher tar removal efficiencies [19]. The trend of this effect is similar
for all the tar components, but the change rates (increasing rates) of removal efficiencies by increasing
the solvent volumetric flow rate are different from component to component. The change rates for
benzene are higher than toluene and ethylbenzene.
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Furthermore, increasing the bed height enhances the removal efficiency because of the mass
transfer increasing between gas and liquid [19]. This trend of effect is similar for all tar components,
but the change rates (increasing rates) of removal efficiency are different from components to another.
Here, the change rate for benzene is higher than toluene and ethylbenzene.

3.2.3. Optimum Operation Conditions

Selecting the optimum (most economical) operation conditions should consider the requirements
of the process as well as the operation cost and annualized charges on equipment. The requirement
for tar concertation depends on the intended end use of the produced gas (gas application) [3].
Several researchers reported that the tar concentration should be up to 50–100 mg/Nm3 for ICE and
less than 5 mg/Nm3 for gas turbines [2]. According to Hlina et al. [43], the tar concentration should be
less than 0.1 mg/Nm3 for Fischer-Tropsch synthesis.

As previously mentioned, the removal efficiency is affected by three parameters: the temperature,
the solvent volumetric flow rate, and the height of the bed. It is clear that increasing the bed height
enhances the removal efficiency of tar components, but on the other hand, this leads to an increase
in the amount of packing material needed to fill in a packed column which means more cost will be
added to the total cost of the plant. Therefore, the bed height depends mainly on the requirement for
tar concentration. It should meet these requirements considering the solvent volumetric flow rate to
be set at a minimum value. Increasing the volumetric flow rate of the soybean oil solvent enhances
the removal efficiency of tar components, but on the other hand, this leads to an increase in the
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operations cost. This operation cost results from the electrical energy consumed by the recycling pump.
The optimum volumetric flow rate is linked to annualized charges on equipment. The total annualized
cost should be calculated, which is equal to the sum of operation cost and annualized charges on
equipment. The optimum flow rate of the solvent meets the minimum of the total annualized costs.

The temperature of the solvent has to be selected carefully. It has been observed that a decrease
in the solvent temperature will increase the removal efficiency. However, the heat duty that should
be added to the process to cool the solvent to the setup temperature (the inlet solvent temperature to
absorber) should be considered. Therefore it is necessary to estimate the heat duty used to cool down
the solvent temperature. The heat duty was calculated by ASPEN PLUS software. The results are
illustrated in Figure 11; it clears that the heat duty to cool-down the solvent decreases by increasing the
temperature of the solvent. From this curve, one can conclude that the solvent with high temperature is
preferred for the deliberate process, but in a condition that this temperature achieves the requirement
of tar concentration.
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4. Conclusions

A rate-based model and equilibrium model have been built by applied Aspen Plus software for
simulation of tar absorption using soybean oil as a solvent. Both models has been validated against
experimental data at different operation points. The experimental data published by Bhoi [19] was
used for validation of the models. Comparison between the results predicted by two mathematical
models (rate-based and equilibrium stage) and the experimental data shows that the rate-based model
has a higher accuracy than the equilibrium model. The deviation of results between the rate-based
model and the experimental data increases by increasing the bed height where the conditions will be
close to the equilibrium state. An analytical study of tar absorption process by using soybean oil has
been presented which reveals the following points:

The removal efficiencies are different between the tar compounds (benzene, toluene,
and ethylbenzene). The ethylbenzene has the highest removal efficiency. The removal efficiencies η of
these components can be ranked as follows: η-value of ethylbenzene > η-value of toluene > η-value of
benzene. The difference of removal efficiencies can be explained because of the different K values for
these components: the lower th K value, the higher the removal efficiency, i.e., K-value of ethylbenzene
< K-value of toluene < K-value of benzene at specific pressure and temperature [19].

The slope curves of removal efficiency for benzene, toluene, and ethylbenzene between 30 and
50 ◦C were approximately 0.4, 0.14, and 0.08, respectively which means that decreasing the temperature
by 1 ◦C will enhance the removal efficiency for benzene, toluene, and ethylbenzene approximately by
0.4%, 0.14%, and 0.08%, respectively.
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Increasing the solvent volumetric flow rate enhances the removal efficiency. The slopes curve of
removal efficiency for benzene, toluene, and ethylbenzene between 53 and 73 mL/min are approximately
0.17, 0.084, and 0.071, respectively. It is essential to consider the energy consumed by increasing the
volumetric flow rate of the solvent.

Increasing the height of the packed bed has a significant effect in enhancing the removal efficiency.
A methodology for selecting the optimum (most economical) operation conditions has been

presented which it is vital in case scaling lab-scale experiment for the pilot plant.
Finally, it should be mentioned that the built and validated model is an essential tool for studying

tar absorption process because of its ability to predict the process performance with changing parameters
and hence saving the cost and time.
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Nomenclatures

L the molar flow rate of liquid [kmol/s]
V the molar flow rate of vapor [kmol/s]
F the molar flow rate of feed [kmol/s]
N molar transfer rate [kmol/s]
.
ni molar transfer rate per unit of square area

[
kmol
s.m2

]
c Molar concentration

[
kmol
m3

]
K Equilibrium ratio [−]

P Gas pressure [atm]

r Reaction rate [kmol/s]
H Enthalpy [J/kmol]
Q Heat input to a stage [J/s]
q Heat transfer rate [J/s]
T Temperature K
x Liquid mole fraction [−]

y Vapor mole fraction [−]

kL Binary mass transfer coefficient for the liquid [m/s]
kG Binary mass transfer coefficient for the gas [m/s]

CL
Liquid mass transfer coefficient parameter, characteristic of the shape and structure of the
packing [−]

CV
Vapor mass transfer coefficient parameter, characteristic of the shape and structure of the
packing [−]

g Gravitational constant
[
m/s2

]
ρL, ρG The density of the liquid, vapor

[
kg/m3

]
νL, νG The viscosity of liquid, vapor

[
m2/s

]
DL, DG Diffusivity of the liquid, vapor

[
m2/s

]
dh Hydraulic diameter m
UL, UG velocity for the liquid, vapor [m/s]
ε Void fraction of the packing [−]

a Specific surface area
[
m2/m3

]
ae f f Effective surface area per unit volume of the column

[
m2/m3

]
deq Equivalent diameter [m]

σ Liquid surface tension [N/m]

hL Heat transfer coefficient for liquid
[
W/m2K

]
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hV Heat transfer coefficient for vapor
[
W/m2K

]
nc The number of components [−]
Cp Specific molar heat capacity [J/kmol K]

λ Thermal conductivity [W/m K]

hL Volumetric liquid holdup
[
m3

]
f V
i Fugacity of component i in the vapor phase [bar]

f L
i Fugacity of component i in the liquid phase [bar]

V Total volume [L]
ϕa

i Fugacity coefficient of component i [−]
P Pressure [bar]
R Gas constant =0.08314

[
L bar K−1

]
T Temperature [K]

ni Mole number of component i [−]
Za

m Compression factor [−]
Subscripts
F Feed
f Film
I Interface
L Liquid
V Vapor
a Liquid or Vapor
G Gas
i Component
n Number of components
j Stage number
Abbreviations
ASPEN PLUS Simulation software program
GC Gas chromatography
NRTL Non-random two-liquid model
ICE Internal combustion engine

MESH
Equations of material, energy balances, summation of composition, and equilibrium
relation

MERSHQ
Equations of material, energy balances, rate of mass and heat
transfer, summation of composition, hydraulic equation of pressure
drop, and equilibrium

RB Rate-based model
EQ Equilibrium-stage model
MAPE The mean absolute percentage error
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